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Abstract 

 

The rate limiting steps of biopharmaceutical process development are clone evaluation and 

process optimisation.  To improve the efficiency of this step, miniature bioreactors are 

increasingly being used as a tool for high throughput experimentation.  At industrial scale, 

microbial cultivations are usually performed in fed-batch mode to allow for high cell density 

cost-effective processes; however, many commercially available miniature bioreactors do not 

have an inbuilt feeding capacity.  There are several challenges that need to be addressed to 

establish high cell density fed-batch cultivation at microscale: attaining high oxygen mass 

transfer rates, achieving good mixing for the duration of the culture and implementation of an 

industrially relevant feeding strategy requiring low volume additions. 

The overall aim of this project was to develop a scale-down fermentation platform suitable for 

the study and optimisation of high cell density cultures.  The first objective of this work was to 

evaluate options for fed-batch cultures in a commercially available 24-well shaken 

microbioreactor.  To achieve this, two feeding strategies were evaluated using an E. coli strain 

expressing a domain antibody: in situ feeding by the enzymatic release of glucose from 

polymeric starch, and direct feeding using a bespoke feed delivery system.  In situ feeding was 

investigated as it is a simple option that does not require a physical method of feed delivery; 

cellular productivity was enhanced in comparison to batch cultures, however the glucose release 

was insufficient to sustain high cell density cultures representative of laboratory and pilot scale 

processes.  To enable direct and continuous feed delivery to the microbioreactor a bespoke 3D-

printed feeding system was developed that can operate at flow rates of 20µL h
-1

 and above, and 

enables up to twelve fed-batch cultures to be run in parallel.  E. coli fermentations were 

performed on complex medium containing glycerol with direct feeding of a 23% w/v glycerol 

solution initiated at around 18 hours.  

The second objective of this project was to establish an industrially relevant feeding strategy in 

the microbioreactor, comparable to a laboratory scale fed-batch process.  To this end, the direct 

feeding strategy was refined in terms of cell growth and product expression; the feed rate and 

concentration were modified, the DO set point was increased, and a pre-feeding hold period was 

implemented to allow for consumption of the inhibitory by-products generated in the batch 

phase.  It was found that direct feeding enhanced biomass production by ~70% and product 

expression by ~2.4 fold in comparison to non-fed cultures. 

The third objective of this work was to demonstrate the applicability of the new feeding system 

as a tool for process optimisation experiments.  The effect of IPTG concentration and post-
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induction temperature on product expression was performed using the both the microbioreactor 

feeding system and the 1L laboratory scale process.  The data trends were consistent between 

scales; product expression was enhanced at a higher post-induction temperature, and IPTG 

concentration did not affect product expression over the concentration range tested. This 

demonstrates that the microbioreactor, is predicative of the 1L laboratory scale process terms of 

sensitivity to change in process conditions 

The fourth objective of this work was to characterise the microbioreactor in terms of oxygen 

transfer capability and fluid mixing.  To achieve this aim, the volumetric oxygen mass transfer 

coefficient (kLa) and liquid phase mixing time (tm) of the microbioreactor were determined.  The 

impact of shaking frequency, total gas flow rate and fill volume on oxygen transfer and fluid 

mixing were investigated and the optimum operating conditions were determined.  Within the 

operating ranges of the miniature bioreactor system, it was found that oxygen transfer was 

dependant on both shaking frequency and gas flow rate, but was independent of fill volume.  

The oxygen mass transfer coefficient, kLa increased with both increasing shaking frequency 

(500-800rpm) and gas flow rate (0.1-20 mL min
-1

) over the range 3-101h
-1

; this is at the lower 

end of the range for conventional stirred tank reactors.  It was demonstrated that the miniature 

bioreactor system is well mixed under the range of operating conditions evaluated.  The liquid 

phase mixing time, tm under non-aerated conditions increased with shaking frequency and 

decreased with fill volume over the range 0.5-15s. 

The final objective this project was to demonstrate suitability of  the microbioreactor as a scale-

down model of an industrial fermentation process.  50L pilot scale, 1L laboratory scale, and 

4mL microbioreactor fed-batch fermentations were performed under optimum conditions.  The 

4mL microbioreactor fed-batch process was shown to better predict the 50L pilot-scale process 

than the 1L laboratory-scale process based on cell growth, product expression and product 

quality.  This could be explained by mixing and oxygen mass transfer phenomena.  At 1L scale, 

oxygen mass transfer and fluid mixing are most efficient, meaning cell growth and productivity 

were the highest of the three processes.  It appears that the limitations in oxygen mass transfer 

in the microbioreactor and fluid mixing in the 50L scale vessel, results in a comparable cellular 

environment, and therefore cell growth, productivity and product quality. 

In summary, this work has demonstrated the ability to conduct high cell density, fed-batch 

microbial cultures in parallel, using a shaken miniature bioreactor system. A bespoke, 3D-

printed feed delivery system was developed allowing for twelve industrially-relevant microbial 

fed-batch cultures to be run in parallel.  The microbioreactor fed-batch cultures were shown to 

be predictive of, a 50L pilot scale process in terms of cell growth, productivity and product 

quality. 
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EngD Impact Statement 

 

The use of parallel miniature bioreactors in early stage biopharmaceutical process development 

can reduce development time and cost, due to increased throughput of strain screening and 

process optimisation experiments. Improving the efficiency of biopharmaceutical process 

development allows for a greater number of medicines to reach patients sooner.  In this work a 

bespoke feeding system was developed for a commercial 24-well microbioreactor system. It 

was shown that this has the potential to enable strain screening and process optimisation 

experiments to be performed under industrially relevant fed-batch conditions, reducing the 

frequency of scale-up failures and therefore development time and cost.  Other potential 

applications of this feeding system in the biopharmaceutical industry are high throughput media 

evaluation, and small scale protein production for characterisation studies. 

In addition to the biopharmaceutical industry, the feeding system developed in this work could 

also be a useful tool for research activities in other industries such as the renewable energy and 

food industries, for example for the development of biorefinery processes.  The feeding system 

would also be suitable for use in academia; the system is 3D-printed and therefore fabrication is 

inexpensive.  It could therefore be useful for academic research that requires the scale-up or 

scale-down of fed-batch processes, and could also be used for small scale protein production for 

characterisation or activity studies.  The system would be an asset to establishments that are 

already using microwell bioreactors in batch mode, and are would like the flexibility to run fed-

batch cultures to enhance their research programme, to generate results more representative of 

industrial fermentation process conditions. 
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Nomenclature 

 

Abbreviation  Description 

4-AAP   4-Aminoantipyrine 

ADH   Alcohol dehydrogenase 

ADP   Adenosine diphosphate      

AGU   Amyloglucosidase units 

AK   Acetate kinase 

ATP   Adenosine triphosphate 

CS   Citrate synthase 

BFL   Micro-24 cassette with direct sparging and a single baffle 

BLI   Bio-Layer Interferometry 

BPR   Biopharmaceutical Process Research 

CA   Cellulose acetate 

CAD   Computer assisted design 

CER   Carbon dioxide evolution rate (kg m
3
 h

-1
 or mmol L

-1
 h

-1
) 

CFD   Computational fluid dynamics 

CFU   Colony forming units 

CHO   Chinese hamster ovary 

CPP   Critical process parameter 

CQA   Critical quality attribute 

CV   Coefficient of variance 

dAb   Domain antibody 

DCW Dry cell weight (g L
-1

) 

DNA Deoxyribonucleic acid 

DO   Dissolved oxygen 

DoE   Design of experiment 

E. coli   Escherichia coli 

EGFR   Epidermal growth factor receptor 

EOB   End of batch 

ETFE   Ethylene tetrafluoroethylene 

Fab   Fragment antigen binding domain 

Fc   Fragment crystalline domain 

Fv   Variable domain 

FcCCD   Face-centred central composite design 

GFP   Green fluorescent protein 
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GK   Glycerol kinase  

G6P-DH  Glucose 6-phosphate dehydrogenase  

GPO   Glycerol 6-phosphate oxidase 

HCDC   High cell density culture 

HCP   Host cell proteins 

HK   Hexokinase 

HOS   High order structure 

HPLC High performance liquid chromatography 

Ig   Immunoglobulin 

IgG   Y-Immunoglobulin 

IPTG   Isopropyl β-D-1-thiogalactopyranoside 

ISFET   Ion sensitive field effect transistor 

mAb   Monoclonal antibody 

MBR   Micro or miniature bioreactor 

MDH   L-malate dehydrogenase 

Micro-24  Miniature 24-well shaken bioreactor 

MSBR   Miniature stirred bioreactor 

MTP   Microtitre plate 

NAD
+   

Nicotinamide adenine dinucleotide 

NADP
+
   Nicotinamide adenine dinucleotide phosphate 

OTR   Oxygen transfer rate (mmol L
-1

 h
-1

 or kg m
-3

 h
-1

) 

OUR   Oxygen uptake rate (mmol L
-1

 h
-1

 or kg m
-3

 h
-1

) 

OURmax   Maximum oxygen uptake rate (mmol L
-1

 h
-1

 or kg m
-3

 h
-1

) 

PBS   Phosphate buffered saline 

PEI   Polyethylenimine 

PES   Polyethersulfone 

POD   Peroxidase 

PRC   Micro-24 cassette with headspace sparging 

PTA   Phosphotransacetylase 

PTFE   Polytetrafluoroethylene 

PTS   Platform Technology and Science 

QbD   Quality by design 

REG   Micro-24 cassette with direct sparging 

RPM   Revolutions per minute (min
-1

) 

SDS-PAGE  Sodium dodecyl sulphate–polyacrylamide gel electrophoresis 

SEC Size exclusion chromatography  
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SPR  Specific productivity (mg g
-1

 L
-1

) 

SRW   Standard round well (microtitre plate) 

STR   Stirred tank reactor  

TCA   Tricarboxylic acid  

VBNC   Viable but not culturable 

VVM   Gas volume flow per liquid volume unit per minute 

WCW   Wet cell weight (g L
-1

) 

 

Symbol   Description 

 a   Gas-liquid interfacial area per unit volume of fluid (m
2
 m

-3
) 

Ca   Glucose per unit volume of matrix in Equation 1.14 (mg mm
-3

) 

Cs Glucose solubility per unit volume of matrix in Equation 1.14 (mg mm
-

3
) 

CL   Liquid phase oxygen concentration (mmoL L
-1

) 

C*L Liquid phase oxygen concentration in equilibrium with the gas phase 

(mmoL L
-1

) 

D Diffusion coefficient in Equation 1.14 (mm
2
 s

-1
) 

Df or df Maximum flask diameter (m) 

Di or di Impeller diameter (m) 

DT Tank diameter (m) 

g Gravitational acceleration (m s
-2

) 

HT Tank height (m) 

kL   Liquid phase mass transfer coefficient (m s
-1

) 

kLa   Volumetric oxygen mass transfer coefficient (s
-1

 or h
-1

) 

m   Microbial maintenance requirement of oxygen (mmol O2 g-
1
 h

-1
)  

Ms   Carbon source mass flow rate (g h
-1

) 

Mglc   Mass of glucose released in Equations 1.14 and 1.15 (mg) 

N   Stir speed (rpm) 

Ncd The rotational speed at which the complete dispersion of the gas phase 

occurs 

OD600   Optical density at 600nm 

qO2 or Qo2  Specific oxygen consumption rate (h
-1

) 

Q   Volumetric flow rate (m
3
 s

-1
) 

Qair   Volumetric air flow rate (m
3
 s

-1
) 

Po (P/ρN
3
di

5
)  Ungassed impeller power number (dimensionless) 

Pog (Pg/ρN
3
di

5
)  Gassed impeller power number (dimensionless) 
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Ph   Phase number as described in Equation 1.9 (dimensionless) 

Pg   Gassed power (W or KW) 

Pug    Ungassed power (W or KW) 

Ref (ρNdf
2
)/µ)  Flask Reynolds number 

Rei (ρNdi
2
/µ)  Impeller Reynolds number (dimensionless) 

s   Sample Standard deviation 

SF   Substrate concentration (g L
-1

) 

t90   Mixing time for 90% homogeneity (s) 

t   Time (s) 

to   Feed start time (h) 

t90   Mixing time at 90% homogeneity  

tm   Mixing time (s) 

U   Amyloglucosidase units 

Utip (πNDi)  Impeller tip speed (m s
-1

) 

v   Volume (m
3
) 

VH   IgG heavy chain 

VL   IgG light chain 

νs   Superficial gas velocity (m s
-1

)  

w   Weight (kg) 

X   Biomass concentration (g L
-1

) 

     Sample mean 

Xfinal   Final biomass concentration (g L
-1

) 

Yx/o2   Yield of biomass on oxygen 

Yx/s   Yield of biomass on substrate 

z   Number of discs in Equation 1.15 

Z   Term in Equation 5.1 

 

Greek symbol  Description 

εT   Local energy dissipation rate (W Kg
-1

) 

      Average energy dissipation rate (W kg
-1

)  

(εT)T   Energy dissipation rate close to the tank wall (W kg
-1

)   

μ   Viscosity (N s m
-2

) 

μ   Specific growth rate (h
-1

) 

μmax   Maximum specific growth rate (h
-1

) 

ρ   Density (Kg m
-3

) 

σ   Liquid surface tension (N m
-1

) 
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τp   Probe response time (s) 
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Chapter 1. Introduction 

 

1.1. Biopharmaceutical industry overview 

Biopharmaceutical market sales were estimated to be $281 billion per year in 2016 (Moorkens 

et al., 2017).  Monoclonal antibodies are the largest class of these ‘biologic’ medicines and 

account for 66% of annual sales (Figure 1.1).  Sales of monoclonal antibodies reached 

approximately $106.9 billion in 2016; a 205% increase from 2008, when sales were $35 billion 

(Kesik-Brodacka, 2018).  By 2017 more than 58 antibodies had been approved (Chung, 2017). 

The total cost to develop a biopharmaceutical product is estimated to exceed $1.2 billion and the 

average development time from discovery through to registration is 12 years.  The high 

development cost is largely due to the majority of molecules in development failing to make in 

through to registration (Steinmeyer and McCormick, 2008).   

 

 

 

 

 

 

 

 

 

 

 

 

Figure 1.1. Top selling biopharmaceuticals in 2016 (figure reproduced from Kesik-Brodacka, 

2018) 
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1.2. Expression systems used for production of biopharmaceuticals 

The majority of approved biopharmaceuticals are produced in one of three host systems:  

Escherichia coli, yeasts and mammalian cells, primarily Chinese hamster ovary (CHO) cells.  

The expression system used for protein production is dependent on the properties of the protein 

of interest including the molecular weight and any required post-translational modifications 

(PTMs); PTMs are changes in the primary structure of a protein such as glycosylation, 

deamidation and oxidation, that can modify the high-order structure (HOS) and therefore 

biological function (Orphanou and Gervais, 2018).  The metabolic machinery required for 

PTMs is only present in eukaryotic cells (Butler, 2005; Zhu, 2012).  In 2011, of the 211 

approved biopharmaceuticals 31% were produced in E. coli, 15% in yeast and 43% in 

mammalian cells (Berlec and Strukelj, 2013).  Table 1.1 summarises advantages and limitations 

of the various expression systems.    

 

1.2.1. The E coli expression system 

E. coli is the preferred expression system for non-glycosylated proteins due to its well 

characterised genetics, rapid growth and high yield production (Huang, Lin and Yang, 2012).  

E. coli recombinant protein expression is either cytoplasmic, periplasmic, or in a few cases 

secreted into the growth medium (Berlec and Strukelj, 2013).  Cytoplasmic protein expression is 

the simplest and most commonly used expression strategy, however downstream processing is 

more challenging.  The main disadvantages of cytoplasmic expression are the high level of host 

cell proteins (HCPs) released during primary recovery, the inability to form correct disulphide 

bonds, the presence of intracellular proteases and inclusion body formation (Berlec and Strukelj, 

2013).  In some cases, inclusion body formation is considered to be an advantage, as they 

contain few contaminating proteins and have a high density (1.3 mg mL
-1

), allowing for 

separation from other cellular components by centrifugation; high yields can be achieved and 

downstream processing is considered efficient (Berlec and Strukelj, 2013).  Another advantage 

to inclusion body formation is the versatility to express a range of proteins (Huang, Lin and 

Yang, 2012).   The limitation of inclusion body formation is that a refolding step is required; 

refolding steps can be slow and are not always effective and result in dilution of the product 

stream (Berlec and Strukelj, 2013). 

Periplasmic expression is a favourable option since the E. coli periplasm contains only 4% of 

the total host cell proteins; this means that fewer processing steps are required further 

downstream.  The main limitation of expression in the periplasm is that the recombinant protein 
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requires an appropriate leader peptide which then has to be removed during downstream 

processing (Berlec and Strukelj, 2013).  Generally, E. coli is unable to secrete proteins 

(Nandakumar, Cheung and Marten, 2006), however four mechanisms to induce the secretion of 

proteins have been reported.  The first method is the use of engineered strains with secretion 

mechanisms from pathogenic Gram-negative bacterial strains. The second strategy involves 

carrier proteins that are secreted by an unknown mechanism.  The third involves the use of 

mutants with defects in the outer membrane, although this may influence cell growth, and the 

fourth strategy is the co-expression of lysis promoting proteins (Ni and Chen, 2009; Berlec and 

Strukelj, 2013).  Literature suggests that in the case of functional antibody fragments, 

expression in the periplasmic space, where conditions are suitable for correct disulphide bond 

formation, is currently the most commonly used method in industry (Bothmann and Pluckthun, 

2000; Sonoda et al., 2011; Wang et al., 2013; Lee and Jeong, 2015) 

 

1.3. Domain antibodies (dAbs) 

Antibodies are glycoproteins secreted by B cells in response to a foreign organism or antigen, 

that bind to the foreign target triggering an immune response  Antibodies belong to the 

immunoglobulin (Ig) superfamily (Buss et al., 2012).   Figure 1.2 shows the structure of a γ-

immunoglobulin (IgG); most therapeutic monoclonal antibodies (mAbs) are of this isotype.  The 

fragment antigen binding domain (Fab) is formed by the combination of the hypervariable 

regions of the heavy and light chains.  The fragment crystallisable domain (Fc) is composed of 

two constant domains of the heavy chain and is responsible for effector function (Buss et al., 

2012).    

Whole monoclonal antibodies are mainly produced in CHO cells which allow for human-like N-

glycosylation.   Mammalian cells, however, have limitations relating to bioprocessing and scale-

up (Table 1.1); this results in high production costs and comparatively low productivity (Spadiut 

et al., 2014).  However, antibody fragments can be effectively produced in microbial strains 

(Holt et al., 2003).  The absence of glycosylation on the Fv and Fab regions means that 

engineering and cultivation of microbial host organisms is possible (Spadiut et al., 2014).  

Domain antibodies (dAbs) are either composed of a mouse or human single, unpaired VH or VL 

domain, or the unpaired variable domain (VHH) from antibodies naturally expressed in shark and 

camelid species (Boder and Jiang, 2011).  dAbs have many advantages over mAbs including 

small size, stability, solubility, tumour uptake and blood clearance (Zarschler et al., 2013).  The 

biophysical properties of dAbs mean they are promising in cancer and other therapeutic areas; 
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dAbs are able to refold after thermal denaturation and reacquire antigen-binding activity (Boder 

and Jiang, 2011) 

The three main microbial expression systems for antibody domain production are S. cerevisiae, 

P. pastoris and E. coli (Spadiut et al., 2014).  Zarschler et al (2013) demonstrated the 

production of up to 200 mg L
-1

 of functional soluble epidermal growth factor receptor (EGFR)-

specific dAbs using a genetically engineered E. coli strain and high cell density cultivation 

media (Zarschler et al., 2013). 

 

 

 

 

 

 

 

 

 

Figure 1.2.  Structure of a Υ-immunoglobulin, IgG (figure reproduced from Buss et al., 2012).  

VH is the heavy chain variable domain, CH1, CH2 and CH3 are the three constant domains of the 

heavy chain.  VL is the light chain variable domain and CL1 is the light chain constant domain.  

The Fab domain is the fragment antigen binding domain and Fc is the crystallisable domain.  

The CDRs are complementarity-determining regions, which bind to the antigen directly. 
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Table 1.1. Advantages and disadvantages of bacterial, yeast and mammalian expression systems  (information from Rai and Padh, (2001); Berlec and Strukelj, 

(2013); Fischer, Handrick and Otte, (2015), unless otherwise indicated) 

Expression system Advantages Limitations 

Bacterial  High growth rates resulting in high volumetric 

productivity 

 High cell densities can be achieved 

 Simple and inexpensive media 

 Well characterised genetics 

 

 No post-translational modifications or glycosylation in either N- or O-

linked conformation 

 Inclusion body formation 

 Incorrect folding of proteins 

 Release of endotoxins and HCPs during recovery of cytoplasmic 

proteins 

 E coli has toxic cell wall pyrogens 

Yeast  Relatively high growth rate 

 Simple, inexpensive media 

 High cell densities can be achieved 

 Advanced genetics so can readily be manipulated 

 Complete genome sequence available 

 High copy plasmids 

 Able to secrete proteins 

 Able to glycosylate target proteins 

 Hypermannosylation hindering proper folding 

 Inappropriate non-human glycosylation  of human glycoproteins 

(Frenzel, Hust and Schirrmann, 2013) 

 

Mammalian (CHO 

cells) 

 Mammalian post-translational modifications possible 

 Robust growth in serum-free and chemically defined 

media 

 Relatively good safety profile in terms on human 

pathogenic virus replication. 

 Stable expression of the gene of interest (GOI) with the 

desired productivity and product quality. 

CHO genome available (Xu et al., 2011) 

 Differences in glycosylation between rodent and human cell lines and 

human tissues  

 Time consuming due to the slow growth rates 

 Limited scalability compared to E. coli 

 Complex and expensive nutrient media required 

 Low product concentration 
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1.4. Engineering characterisation of bioreactors for microbial cultivation 

1.4.1. Oxygen demand in microbial systems 

Oxygen is used by aerobic microorganisms for growth (Garcia-Ochoa and Gomez, 2009).  In 

many microbial processes, oxygen transfer is the rate-determining step as oxygen is only 

sparingly soluble in water (Zhong, 2010).  The concentration of oxygen in the fermentation 

broth depends on the oxygen transfer rate (OTR) of oxygen from gas bubbles to the liquid phase 

and the rate that oxygen is consumed by the microorganism in the culture broth, the oxygen 

uptake rate (OUR).  The OUR is calculated using Equation 1.1 and has units of mmol O2 L
-1

 h
-1

, 

where, qO2 is the oxygen consumption rate (h
-1

), µ is the specific growth rate (s
-1

), YX/02 is the 

yield of biomass on oxygen, X is the biomass concentration (g L
-1

) and m is the maintenance 

requirement of oxygen (mmol O2 g-
1
 h

-1
).    

Each microorganism has a different specific qo2.  Çalik, Yilgör and Demir, (2006) reported a qO2 

of an E. coli  K12 strain to be 0.031-0.641 kg(O2) kg
-1

(biomass) h
-1

 during an 11-hour batch 

fermentation, using defined media containing glucose in the pH range 5.0-7.8.   The qo2 is 

assumed to be constant during all phases of microbial growth although there is experimental 

data that contradicts this assumption (Çalik, Yilgör and Demir, (2006); Garcia-Ochoa and 

Gomez, 2000).  The maximum oxygen uptake rate (OURmax) occurs at the end of the 

exponential phase when the most cells are growing at the highest rate. 

 

              
 

      
          (1.1)

       

1.4.2. Oxygen mass transfer and fluid mixing requirements for microbial cultivation 

A cylindrical stirred tank reactor (STR) is the most common reactor configuration used in 

bioprocessing.   The main challenge in reactor design for aerobic microbial applications is to 

achieve adequate mixing and aeration to provide sufficient oxygen for cell growth (Doran, 

2013).  The rate of oxygen transfer per unit volume of fluid (OTR) is  proportional to the 

concentration gradient; the proportionality constant is the volumetric oxygen mass transfer 

coefficient, kLa (Equation 1.2) (Garcia-Ochoa and Gomez, 2009).  kL (m s
-1

) is the liquid phase 

mass transfer coefficient and a is the gas-liquid interfacial area per unit volume of fluid (m
2
 m

-

3
).  CL is the oxygen concentration (mmol L

-1
) in the broth and C*L is the oxygen concentration 

in the broth at equilibrium with the gas phase (mmol L
-1

).  The difference between C*L and CL 

represents the concentration difference driving force for mass transfer.  The maximum mass 

transfer rate can therefore be approximated by kLa.C*L (Garcia-Ochoa and Gomez, 2009). 
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There are many empirical correlations to determine kLa (Table 5.7), and methods for theoretical 

predictions of kLa, such as computational fluid dynamics (CFD) have also been developed 

(Kelly, 2008; Sharma, Malhotra and Rathore, 2011).  The OTR is affected by physical 

properties of the culture broth, operating conditions, bioreactor geometry and the presence of 

biomass.  The OTR can be enhanced though increasing stirrer speed, total gas flow rate or 

oxygen concentration in the gas phase (Garcia-Ochoa and Gomez, 2009) 

 

 

           
 
              (1.2) 

 

Efficient mixing of the culture broth is required to maintain a homogeneous environment for 

cell culture.  Mixing promotes an optimal environment by blending soluble media components, 

dispersing gasses in the form of small bubbles, maintaining solid particles in suspension, 

promoting heat transfer, and where necessary dispersing immiscible liquids throughout the 

whole volume of liquid.  Vessel geometry, liquid height and the presence of baffles and sparger 

design all influence mixing in STRs (Doran, 2013).   

The power input into a bioreactor is the energy required to move the fluid by either mechanical 

or pneumatic agitation.  Efficient mixing with minimum energy requirements is an important 

consideration in reducing operating costs (Bates, Fondy and Corpstein, 1963).  The power 

required to mix non-aerated fluids depends on the vessel and impeller geometries, and the 

physical properties of the fermentation broth (Bates, Fondy and Corpstein, 1963; Doran, 2013).  

The relationship between these variables can be quantified using dimensionless analysis. The 

most important dimensionless group for mixing characterisation is the Reynolds Number.  The 

impeller Reynolds number (Rei) for a stirred tank reactor is shown in Equation 1.3 where ρ is 

the liquid density, N is the impeller rotational speed, Di is the impeller diameter and µ is the 

liquid viscosity.  The Rei represents the ratio of the inertial forces acting on the liquid to the 

intrinsic viscous forces of the liquid (Doran, 2013). 

The ungassed power (Pug) required to achieve fluid mixing is described by the Power number 

(Po) (Equation 1.4). In the turbulent regime (Rei > 10
4
), Po is independent of power number and 

in the laminar regime (Rei < 10).  Po is directly proportional to the fluid viscosity (Doran, 2013).  

The presence of a dispersed gas phase reduces the density of the fluid and causes gas-filled 

cavities to form behind the impeller blades.  This reduces impeller resistance to rotation causing 

a significant drop in the power requirement.  In the case of a six-flat-blade disc turbine (Rushton 

turbine), most commonly used for microbial fermentations due to the effective gas distribution, 
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the gassed power requirement is typically 30-40% of the ungassed power requirement 

(Oosterhuis and Kossen, 1981; Doran, 2013). 

 

     
    

 

 
          (1.3) 

    
   

     
           (1.4) 

 

The liquid phase mixing time, tm, is the time taken to achieve a specific degree of homogeneity, 

typically 95%.  The mixing time is measured by monitoring the concentration of an inert tracer 

at one or multiple points in the vessel (van’t Riet and van der Lans, 2011).  Nienow (1997) 

proposed a mixing time correlation for vessels with an aspect ratio (HT:DT) and equipped with a 

single impeller (Equation 1.5), where   T is the mean energy dissipation rate (Equation 1.6) .  

This correlation assumes that the Di/Dt and (εT)T/  T, where (εT)T is the local energy dissipation 

rate (εT) closest to the wall at its lowest value, are the same for all impeller geometries.   

Equation 1.5 shows that mixing time can be reduced by increasing both Di:Dt and   T (Nienow, 

1998).  Cooke (1993) described a correlation for ‘90% mixing time’ (t90), for 20-60 litre STRs 

with HT:DT of 1-3 equipped with three Rushton Turbines (Equation 1.7) (Cooke, 1993).  

Gogate, Beenackers and Pandit, (2000) reported mixing times for an STR with multiple impeller 

geometries at agitation speeds up to 1200 rpm of less than 40s and less than 10s for a single 

Rushton turbine.  Saito et al., (1992) reported mixing times in a similar range of 5-20s for 6-

blade Scaba Radial Flow Gas-Dispersing Turbine (SRGT) and Rushton turbine impellers at 

agitation speeds of 100 to 450 rpm and gas flow rates of 0.5-1 VVM. The energy dissipation 

rate is reduced at larger scales; at 1000m
3
 scale mixing times are in the order of 100s seconds 

due to the lower   T, which is significantly higher than the time for oxygen mass transfer of 

approximately 10s.  To reduce the mixing time to the order of 10s from 100s a 1000-fold 

increase in the power input is required (Equation 1.5) (van’t Riet and van der Lans, 2011) 

 

       
 

      
 
 

  
  

  
 
 
 

 
        (1.5) 

    
 

  
           (1.6) 
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        (1.7) 

 

1.5. Microbial cultivation at microscale  

The introduction of microbioreactors (MBRs) has enabled the development of scale down 

models of industrially relevant upstream processes.  At microscale high throughput bioprocess 

screening and optimisation studies are performed at the microlitre or  millilitre scales; volumes 

as low as 20μL have been employed for fermentation process development activities  

(Micheletti and Lye, 2006).  Upstream process development is traditionally carried out at 

laboratory scales with typically 6-8 reactors with a volume of 1-30L being used per project.  

The use of MBRs allows for 24-48 reactors to be operated by a single researcher at any one 

time, thus reducing labour costs (Bareither and Pollard, 2011).  Operating at the microscale has 

many other advantages such as reduced space requirements, reduced sterilisation and cleaning 

requirements, reduced set-up and shut-down times and the capability for automation (Schapper 

et al., 2009; Bareither and Pollard, 2011).  The high-throughput experimentation possible with 

MBRs enables the implementation of quality by design (QbD) approaches (Bareither and 

Pollard, 2011).  A QbD approach involves designing quality into a product by the establishment 

of design space.  A design space is defined by key and critical process parameters (KPPS and 

CPPs) and their acceptable ranges, indentified by process optimisation experiments (Rathore 

and Winkle, 2009).  To indentify the parameters that have an impact on one or more critical 

quality attributes (CQAs), and the interactions between these parameters, a design of experiment 

(DoE) approach is commonly used (Islam et al., 2007; Rathore and Winkle, 2009).  MBRs have 

a range of applications including medium selection, strain optimisation by metabolic 

engineering or directed evolution, and bioprocessing of natural products as well as for process 

development (Betts and Baganz, 2006).   

The main limitations of MBRs compared to laboratory or pilot scale reactors are the lack of 

instrumentation for process monitoring and control available, the reduced capacity for off-line 

sampling.  This means at present generally there is a trade-off between data quality and quantity 

and experimental throughput (Betts and Baganz, 2006) (Figure 1.3.).  Table 1.2 summarises the 

literature on the technical and performance specification for a range of miniature bioreactor 

systems currently available.  Table 1.3 summarises the final cell densities (Xfinal) and maximum 

specific growth rate (µmax) reported in the literature for microbial cultivations using microtitre 

plates or miniature STRs. 
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Figure 1.3. The trade-off between the volume of process information and experimental 

throughput with scale.  Figure reproduced from Doig et al. (2006) . 

 

1.5.1. Shaken miniature bioreactor systems 

There are two main types of shaken miniature bioreactor systems: shake flasks and microtitre 

plates (MTPs).  Shake flasks have a working volume range 10-500mL and varieties of different 

forms are available.  Shake flasks are either made of glass or plastic and can be baffled or 

unbaffled.  Shaking can be orbital or linear and culture temperature is maintained using a 

temperature-controlled cabinet.  Factors that affect cultivation and the cell density achieved are 

fill volume, vessel size and geometry, the presence of baffles and their geometry, agitation 

speed and plug type used to seal the vessel (Betts and Baganz, 2006).  The advantages of shake 

flasks are that they are inexpensive and easy to operate, however the lack of on-line monitoring 

of parameters such as pH and dissolved oxygen (DO) is a limitation.  Instrumented shake flasks 

are now available and are designed to monitor and possibly control fermentation parameters 

online (Betts and Baganz, 2006). 

Shake flasks rely on surface aeration and kLa values are in the range 150 h
-1

 to 277 h
-1

 , which 

are sufficient to support microbial growth, have been reported (Kato and Tanaka, 1998; 

Wittmann et al., 2003).  The presence of baffles can enhance the kLa, but at higher shaking 

speeds splashing can occur blocking the gas-permeable plug (Betts and Baganz, 2006).   

Microtitre plates (MTPs) are available in a range of formats from 6-1,536 wells; 24, 48 and 96 

are most commonly used for bioprocessing applications.  The vessel geometry can either be 

square-shaped or cylindrical: square geometries can provide a high OTR however turbulence 

can cause splashing of cultures, whereas cylindrical geometries prevent splashing as well as 
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maintaining an adequate OTR.  Online monitoring is achieved through non-invasive fluorescent 

technologies for monitoring DO and pH.  This often lowers the cost of MTPs and micro-

bioreactors  as it allows for use of sensors as disposables and therefore the sensors do not 

contribute to the cost of the device itself (Chen et al., 2009). 

Mixing in MTPs is achieved via orbital shaking, and cultures are aerated by surface aeration, 

sparging or electrochemical gas production (Table 1.2.). A modified flask Reynolds number 

(Ref) was defined by Büchs et al. (2000) (Equation 1.8), where df is the maximum inside flask 

diameter.   Buchs et al. 2001 described a phenomenon unique to fluid flow in shaken 

bioreactors, and identified two flow regimes: ‘in-phase’ and ‘out-of-phase’.  The’ in-phase’ flow 

regime occurs when the majority of the liquid circulates around the vessel wall in 

synchronisation with the motion of the shaking platform.  Fluid flow is ‘out-of-phase’ when 

only a small fraction of liquid moves along the vessel wall and the majority of the liquid 

remaining stationary on the base of the flask reducing mixing efficiency.  A dimensionless 

number, the phase number (Ph) describes this phenomenon (Equation 1.9).  The phase number 

can be calculated from Equation 1.9 where do is the shaker diameter, df is the inner diameter of 

the shaken vessel, V is the liquid volume and N is the shaking frequency.  According to Buchs et 

al (2001) for operating conditions where Ph<1.26 fluid flow will be ‘in-phase’ and for Ph<1.26 

fluid flow will be ‘out-of phase.    

There are several challenges of working in microtitre format: minimising evaporation rate while 

maintaining aeration and gaseous exchange rates, achieving parallel process control at small 

scale, and the implementation of feed strategies for fed-batch control. 
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1.5.2 Miniature stirred bioreactors  

Miniature stirred bioreactors (MSBRs) are modelled on conventional lab-scale STRs.  The 

working volume of a MSBR is typically between MTPs and shake flasks ranging from 8-250ml 

(Table 1.2.).  MSBRs usually have one to three impellers; the use of turbine impellers, dual 

paddle impellers and a novel one-sided paddle have all been reported (Table 1.2.) (Puskeiler et 

al., 2005; Betts, Doig and Baganz, 2006; Hortsch, Stratmann and Weuster-Botz, 2010).  

Agitation can also be achieved using a magnetic stirrer bar or gas-inducing impeller (Puskeiler, 

Kaufmann and Weuster-Botz, 2005; Klein, Schneider and Heinzle, 2013)   MSBRs can achieve 

relatively high kLa values which are comparable to laboratory scale bioreactors; a kLa of 1600h
-

1
- was reported by Puskeiler et al. (2005), however this was for a novel MSBR with a gas-

inducing impeller.  Aeration is achieved by direct sparging or surface aeration (Table1.2).  The 

high oxygen transfer capabilities of MSBRs mean that the growth of organisms with high 

growth rate such as E. coli can be supported.  Mixing times are relatively short in comparison to 

conventional STRs due to the high power input per unit volume (Pg/V).  MSBRs have the 

potential for multiplexing of up to 48 MSBRs, and are compatible with automation platforms  

(Puskeiler and Weuster-Botz, 2005; Betts and Baganz, 2006; Bournazou et al., 2017).  Fed-

batch operation and online-monitoring are also possible with MSBRs (Tables 1.2. and 1.3.). 
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Table 1.2. Summary of MBRs reported in the literature and their the technical and performance specification (table modified from Betts and Baganz (2006)) 

Device Format Volume 

(ml) 

Agitation Aeration pH, DO and OD 

instrumentation 

kLa (hr
-1

) kLa 

measurement 

method 

Multiplexing Manufactured by / 

Reference 

Fedbatch-Pro Based upon 

shake flask 

50-500 Orbital 

shaker 

Surface pH (sterilisable 

probe) 

NR N/A 16 Dasgip  

www.eppendorf.com 

Micro-24 MTP  4-6 Orbital 

shaker 

Gas 

sparging 

pH and DO 

(optical probes) 

32-57 

(non-

sparged)  

Dynamic 

gassing out 

24 Micro-24 MicroReactor 

(www.pall.com)  

(Isett et al., 2007; Chen 

et al., 2009) 

 

SimCell Microfluidi

c chip 

0.3-0.7 Rotation 

of MBR 

chips 

Surface via 

membrane 

pH, DO and OD 

(at-line via cell-

reading station) 

Up to 500 CFD 

estimation 

1500 Seahorse Bioprocessors 

(www.seahorsebio.com) 

MBR array 

with 

parametric 

control 

MTP  0.25 Orbital 

shaker 

Electroche

mical O2 

generation 

pH (ISFET);OD 

(optically)  

NR N/A 8 (Maharbiz et al., 2004) 

SensorDish
®
 

reader 

MTP  1 Orbital 

shaker 

Surface pH and DO 

(optical probes) 

NR NA 6-24 PreSens 

(www.presens.de) 

(Kocincova et al., 2008) 

BioLector
® 

Basic 

MTP  <1 Orbital 

shaker 

Surface 

(headspace 

sparging) 

pH, DO and OD 

(optical probes) 

NR NA 48 m2p Labs (www.m2p-

labs.com) 

(R Huber et al., 2009; 

Kensy et al., 2009) 

http://www.pall.com/
http://www.presens.de/
http://www.m2p-labs.com/
http://www.m2p-labs.com/
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Device Format Volume 

(ml) 

Agitation Aeration pH, DO and OD 

instrumentation 

kLa (hr
-1

) kLa 

measurement 

method 

Multiplexing Manufactured by / 

Reference 

BioLector
®
 

Pro 

MTP with 

microfluidi

c chip 

<1 Orbital 

shaker 

Surface 

(headspace 

sparging) 

pH, DO and OD 

(optical probes) 

NR NA 32 m2p Labs (www.m2p-

labs.com)  

(Buchenauer et al., 2009; 

Funke et al., 2010) 

Micro-Matrix MTP  1-5 Orbital 

shaking 

Surface 

(headspace 

sparging) 

pH and DO 

(optical probes) 

3.2-204.9 Static gassing 

out 

24 Applikon 

(www.applikon-bio.com) 

(Applikon, 2020)  

Polymer 

MBR 

STR 0.15 Magnetic 

stirrer bar 

Surface via 

membrane 

pH, DO and 

OD600 (optical 

probes) 

20-75 Dynamic 

gassing out 

8 (Szita et al., 2005; Zhang 

et al., 2006) 

Cuvette with 

magnetic 

stirrer  

STR 2 Magnetic 

stirrer bar 

Sparger pH, DO and 

OD600 (optical 

probes) 

9.8-44.4 NR NA (Kostov et al., 2001) 

Stirrer-Pro 

Flask 

STR 200-275 Magnetic 

stirrer bar 

Sparger pH and DO 

(sterilisable 

probe) 

NR NA 8 Dasgip 

(www.dasgip.com) 

Xplorer STR Up to 

100 

Single 

turbine 

impeller 

Sparger pH, DO and OD 

probes 

400 Dynamic 

gassing out 

16 BioXplore 

(www.bioxplore.net) 

(Gill et al., 2008a, 

2008b) 

Cellstation STR Up to 35 Dual 

paddle 

impeller 

Sparger pH, DO and 

OD600 (optical 

probes) 

NR N/A 12 Fluorometrix 

(www.fluorometrix.com 

) 

http://www.m2p-labs.com/
http://www.m2p-labs.com/
http://www.applikon-bio.com/
http://www.bioxplore.net/
http://www.fluorometrix.com/
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Device Format Volume 

(ml) 

Agitation Aeration pH, DO and OD 

instrumentation 

kLa (hr
-1

) kLa 

measurement 

method 

Multiplexing Manufactured by / 

Reference 

MSBR STR 18 Triple 

Turbine 

Impeller 

Sparger pH, DO and 

OD600 (optical 

probes) 

Up to 480 Dynamic 

gassing-out 

NR (Betts and Baganz, 2006; 

Betts, Doig and Baganz, 

2006) 

Bioreactor 

Block 

STR 8-12 Gas-

inducing 

single 

impeller 

Gas-

inducing 

single 

Impeller 

DO (optically); 

pH and OD600 

(plate reader) 

700-1600 Dynamic 

gassing-out 

48 (Puskeiler, Kaufmann 

and Weuster-Botz, 2005)  

MTP with 

agitator 

MTP  1 Single 

agitator 

Sparger DO, pH and 

OD600 (optically) 

2-26 Sulphite 

oxidation 

method 

24 (Harms et al., 2006) 

Single 

microwell 

with agitator 

STR 1 Single 

agitator 

Sparger DO, pH and 

OD600 (optically) 

68-300 Sulphite 

oxidation 

method 

24 (Harms et al., 2006) 

MSBR STR 8-12 Single 

one-sided 

paddle 

impeller 

Surface 

aeration 

pH and DO 

(optical probes) 

Up to 540 Sulphite 

oxidation 

method 

48 (Hortsch, Stratmann and 

Weuster-Botz, 2010) 

MiniBio STR 50-800 Triple 

turbine or 

marine 

impellers 

Sparger pH and DO 

probes 

NR NA 32 Applikon 

(www.applikon-bio.com)  

ambr250
 TM

 STR 100-250 Double 

Rushton 

turbine 

Sparger pH and DO 

probes 

10-500 NA 24 TAP Biosystems 

(www.tapbiosystems.co

m)  (Bareither et al., 

2013) 

http://www.tapbiosystems.com/
http://www.tapbiosystems.com/
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Device Format Volume 

(ml) 

Agitation Aeration pH, DO and OD 

instrumentation 

kLa (hr
-1

) kLa 

measurement 

method 

Multiplexing Manufactured by / 

Reference 

MSBR STR 10 Magnetic 

stirrer bar 

Sparger DO (optically) 26.8-48.5 Determined 

during yeast 

cell cultivation 

8 (Klein et al., 2013) 

ambr
®
 15 

fermentation 

STR 10-15 

(8-12 

with gas 

bubbles) 

Single 

Rushton-

type 

impeller 

Sparger pH and DO 150-210 NR 48 (Velez-Suberbie et al., 

2018) 

NA = not applicable, NR = not reported 

 

Table 1.3. Summary of Xfinal and µmax achieved in miniature bioreactors reported in the literature 

Device Format Working 

volume 

(mL) 

Strain  Qair (vvm) Agitation/shakin

g speed (rpm) 

Xfinal (g L
-1

) µmax (h
-1

) Reference 

MTP with agitator MTP  1 E. coli NR NR NR  NR  (Harms et al., 

2006) 

BioLector
®
 Basic 

(www.m2p-labs.com) 

 

MTP  0.8-1.0 E. coli NA (surface 

aeration) 

1400 (orbital 

shaking) 

11-13 (in situ 

feeding) 

NR (R Huber et al., 

2009; Kensy et al., 

2009; Toeroek et 

al., 2015) 

BioLector
®
 Pro 

(www.m2p-labs.com) 

MTP with 

microfluidic 

chip 

0.5 E. coli NA (surface 

aeration) 

800 (orbital 

shaking) 

NR NR (Buchenauer et al., 

2009; Funke et al., 

2010) 

http://www.m2p-labs.com/
http://www.m2p-labs.com/
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Device Format Working 

volume 

(mL) 

Strain  Qair (vvm) Agitation/shakin

g speed (rpm) 

Xfinal (g L
-1

) µmax (h
-1

) Reference 

MBR array with 

parametric control 

MTP  0.25 E. coli NA 

(electrochemical 

oxygen 

generation up to 

10 µmol/h 

reported) 

175 (orbital 

shaking) 

NR, 

0.23* (without 

oxygen input) 

0.39* (with oxygen 

input)  

NR (Maharbiz et al., 

2004) 

MTP integrated with 

an automated liquid 

handling system 

MTP 0.96 E. coli NA (surface 

aeration) 

1000 ~7 NR (Tan et al., 2018) 

Air-Well mini 

fermenter 

MTP with an 

air sparging 

device 

1 E. coli 200ms pulse 

width 5s pulse 

period 

NA  ~ 3 NR (Deantonio et al., 

2014) 

Micro-Matrix MTP  2 E. coli NR (headspace 

sparging) 

NR ~ 34*. NR (Becker et al., 

2017) 

MicroReactor 

(Micro-24 prototype) 

MTP  6 S. 

oneidens

is 

NR 500 (orbital 

shaking) 

NR,  

OD600 = 1.31 

0.20 

(calculated 

from td)  

(Tang et al., 2006) 

Micro-24 

(www.Pall.com)  

MTP  4-6 E. coli  NR 800 (orbital 

shaking) 

~ 6.9*  0.82 (Isett et al., 2007) 

P. 

pastoris 

NR 800 (orbital 

shaking) 

~20 NR 

Cuvette with 

magnetic stirrer  

STR 2 E. coli 2 300 ~2.7* NR (Kostov et al., 

2001) 

http://www.pall.com/
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Device Format Working 

volume 

(mL) 

Strain  Qair (vvm) Agitation/shakin

g speed (rpm) 

Xfinal (g L
-1

) µmax (h
-1

) Reference 

MSBR STR 10 S. tendae NA (surface 

aeration) 

1200 ~20 ~0.20 (Hortsch et al., 

2010) 

Xplorer 

BioXplore 

(www.bioxplore.net) 

 

STR 100 E. coli 

 

1 1000 3.8±0.05  

(8.8 with improved 

aeration rates and 

oxygen enrichment) 

0.68±0.01 (Gill et al., 2008a) 

Xplorer 

BioXplore 

(www.bioxplore.net) 

STR 100 B.subtilis 1 1500 9.0±0.05 

 

0.45±0.01 

MSBR STR 10 E. coli 

 

1 3000 3.5-4.0 0.44±0.03 (Betts et al., 2006) 

Bioreactor Block STR 10 E. coli 1 2080 7.6  

20.5 (fed-batch) 

0.52 (Puskeiler et al., 

2005) 

MSBR STR 1 E. coli NR NR NR  NR  (Harms et al., 

2006) 

MSBR STR 10 S. pombe Magnetic stirrer 

disk 

2000 ~1.5 (chemostat) NR (Klein et al., 2013) 

MSBR STR 58 Biolumin

escent E. 

coli 

Magnetic stirrer NR 0.85*(chemostat) D = 0.28 (Gu et al., 1996) 

http://www.bioxplore.net/
http://www.bioxplore.net/
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Device Format Working 

volume 

(mL) 

Strain  Qair (vvm) Agitation/shakin

g speed (rpm) 

Xfinal (g L
-1

) µmax (h
-1

) Reference 

MSBR STR 80 B. 

anthracis 

1 700 OD600 =  2.98 (non-

aerated), 

4.01 (aerated 

between 16h and 

17h 

NR (Mukhopadhyay et 

al., 2010) 

ambr
®
15 single-use 

fermenter 

STR 10 E. coli 1 710-2585 (DO 

control cascade) 

37.3 ± 2.93 

 

Run 1: 0.25 

± 0.004 h
-1

 

Run 2: 0.23 

± 0.004 h
-1

 

(Velez-Suberbie et 

al., 2018) 

(www.tapbiosyste

ms.com) 

NA = not applicable, NR = not reported, D = dilution rate 

*Calculated from the OD600s reported assuming one OD600 unit corresponds to 0.3 g L
-1

 DCW (Soini, Ukkonen and Neubauer, 2008). 

  

http://www.tapbiosystems.com/
http://www.tapbiosystems.com/
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1.6. Scale-up of microbial cultures in STRs 

The objective of scale-up of a laboratory or microscale fermentation process is to maintain the 

optimal environmental conditions, such as pH temperature and dissolved oxygen, to minimise 

the risk of batch failure at pilot or manufacturing scales (Diaz and Acevedo, 1999).  ‘Rules of 

thumb’ are typically used as the basis for scale translation.  Geometric similarity is required for 

scale-up by ‘rules of thumbs’; an acceptable range of  equivalency of a Di:DT  of 0.3-0.45, a 

HT:DT of less of equal to 2, and either two or three impellers was defined, as exact geometric 

similarity is rarely achieved  (Junker, 2004).  Matched Pg/V, matched kLa or OTR, matched 

impeller tip speed Utip (Equation 1.10) and matched Rei and tm are all used as bases for scale 

translation depending on the particular application (Junker, 2004).  The situations where each 

‘rule of thumb’ is typically applied and the possible impacts of scale-up are described in Table 

1.4. 
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Table 1.4. Examples of ‘Rules of thumb’ scale-up criteria (information from Junker, 2004 and 

Schmidt, 2005 unless otherwise stated). 

Scale up criteria Application of scale-up 

criteria 

Possible impacts of scale-up 

using specified criteria 

Matched impeller tip speed, 

Utip 

Used when the relationship 

between shear and 

morphology for mycelial 

cultures is not well 

characterised. 

Reduction of Pg/V, which can 

negatively affect aeration 

efficiency, however the Pg/V 

can be improved by multiple 

impellers 

Matched Pg/V Used for scale-up of 

fermentation processes that 

require high energy inputs 

such as E. coli cultures. 

tm and  Utip  increase, this can 

result in overestimating the 

motor size requirements. 

Matched OTR or kLa Frequently used for microbial 

fermentations.  The low 

solubility of oxygen means 

maintaining oxygen transfer is 

of high importance.  However, 

the kLa changes during a 

fermentation process, making 

it difficult to quantify.  

Pg/V changes in proportion to 

kLa at equal νs, therefore there 

can be an effect on tm and Utip 

(Najafpour, 2007) 

Matched Rei Aeration is not included in the 

Rei, so scale-up based on 

matched kLa is not successful 

for many fermentations 

Increase in tm and reduction in 

turbulence (Smith, Tavlarides 

and Placek, 1990) 

Matched tm Used for fed-batch E.coli or 

yeast fermentations, to 

prevent the formation of 

nutrient and metabolite 

concentration gradients 

Increase in shear forces (Utip); 

this effect is greater at higher 

viscosities. 
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1.7. Fed-batch E. coli cultivation 

1.7.1. High cell density E. coli cultivation 

Cost-effective, high productivity E. coli fermentation processes can be achieved by performing 

high cell density culture (HCDC) processes.  HCDC reduces the required culture volume, , 

reduces waste water and lowers production costs and capital investment (Lee, 1996; Shiloach 

and Fass, 2005).  The absolute upper limit of attainable dry cell weight (DCW) is approximately 

200 g L
-1

 for E. coli (Salehmin et al., 2013), and above a dry cell weight of 220 g L
-1

 culture 

fluidity is lost (Mori et al., 1979; Lee, 1996).  However, the practical upper limit of bioreactor 

operation is approximately 190 g L
-1

 as above this dry cell weight the cells form a paste; the 

high viscosity negatively impacts mixing and transport processes such as oxygen transfer, heat 

transfer and carbon dioxide transfer.  Exponential growth becomes difficult to maintain once 

biomass concentration is above about 50 g L
-1

, after which biomass concentration increases 

slowly due to oxygen mass transfer limitations (Salehmin, Annuar and Chisti, 2013). 

Acetate is a product of E. coli metabolism, when carbon flux is greater than the biosynthetic 

demands and capacity for energy generation; this is phenomenon is known as overflow 

metabolism.  It is generated when growth rate is above a threshold value and glucose is the 

carbon source.  The threshold growth rate for acetate production in defined media for fed-batch 

processes is between 0.14h
-1

 and 0.17h
-1

 (Lee, 1996, Eiteman and Altman, 2006).  The main 

cause of acetate production is saturation of the tricarboxylic acid cycle (TCA) cycle and electron 

transport chain.  An acetate concentration of 0.3 g L
-1

 has been shown to inhibit E. coli cell 

growth, and a concentration of 2 g L
-1

 has been shown to inhibit recombinant protein expression 

(Meyer, Leist and Fiechter, 1984; Sun et al., 1993).  Acetate is produced at a much lower 

concentration when glycerol is used as the substrate due to the lower rate of transport into the 

cell, leading to a reduction in flux of carbon through glycolysis (Mccleary and Stock, 1994; Lee, 

1996); however this results in a lower maximum specific growth rate (Lee, 1996).  The 

formation of acetate can be reduced by both process and genetic modifications  (Eiteman and 

Altman, 2006).  A process can be modified to prevent acetate formation, by forcing cells to 

grow below the threshold specific growth rate for acetate production; this can be achieved by 

restricting the supply of glucose in fed-batch or continuous cultivation, or by lowering the 

culture temperature to 26 to 30⁰C.  The inhibitory effects of acetate can also be reduced by 

removal of the acetate formed during the fermentation by dialysis.  An alternative strategy for 

reducing acetate production is by metabolic engineering of E. coli (Lee, 1996; Eiteman and 

Altman, 2006).   
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In fed–batch mode, substrate inhibition and acetate formation is reduced by gradually feeding a 

growth limiting substrate.  There are four main feeding strategies: 

 Constant rate feeding where nutrients are fed into the fermenter at a predetermined rate; 

the specific growth rate (μ) decreases due to the increase in cell culture volume and cell 

concentration.  

 Stepwise feeding where a greater amount of nutrients are supplied at higher cell 

densities,  

 Exponential-feeding where cells are grown at a constant specific growth rates.  

Exponential feeding is often applied to the pre-induction growth phase.   

 Feeding controlled in response to parameters measured online such as pH and DO 

(Salehmin, Annuar and Chisti, 2013) .    

Metabolic changes  due to product formation usually decrease the glucose consumption capacity 

of the cells so the feed rate should be reduced to avoid glucose accumulation (Glazyrina et al., 

2010).  The specific growth rate is maintained between 0.1h
-1

 and 0.3h
-1

 to avoid acetate 

formation.  Dry cell weights of 128 g L
-1

 and 148 g L
-1

 have been achieved with glucose and 

glycerol feeding  respectively (Lee, 1996). 

The feeding rate during fed batch operations can be calculated using Equation 1.13.  Ms is the 

mass flow rate of carbon source, t is the time, SF is the substrate concentration in feeding 

solution, µ is the specific growth rate, Yx/s is the biomass yield on carbon substrate,  m  is the 

specific maintenance coefficient (g g(DCW)
-1

 h
-1

),  X is the biomass concentration, V is the 

culture volume and t0 is the time feeding was started in hours (Yee and Blanch, 1992; Lee, 

1996) 

 

                        1.11 

              
 

  
  
                    1.12 

               
 

  
  
                                1.13 

 

Feedback control schemes have also be developed to control substrate addition.  There are two 

methods of feedback control: pH-stat and DO-stat (Mori et al., 1979; Riesenberg et al., 1991; 

Liew, Rajendran and Middelberg, 2010; Bang et al., 2018).  The pH stat method is more 
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suitable when semi-defined or complex media are used, as the change in DO is not as large as 

with minimal or defined media due to the cells utilising complex carbon-nitrogen substrates 

together with the primary carbohydrate source.  The feeding rate can also be controlled based on 

online carbon evolution rate (CER), which is roughly proportional to the carbohydrate 

consumption rate (Lee, 1996). 

 

1.7.2. Options for fed-batch operation for small scale bioreactors 

The main objective of small scale fed-batch cultures is to achieve cell densities comparable to 

laboratory or pilot scale STR fed-batch cultures (Panula-Perala et al., 2008). This is a challenge 

at small scale due to relatively few commercially available devices allowing for fed-batch and 

pH controlled fermentations, that have multiplexing capabilities and are inexpensive (Jeude et 

al., 2006).  In an attempt to operate in fed-batch mode at a small-scale two main strategies have 

been employed: (i) in-situ feeding via diffusion or enzymatic release and (ii) direct feeding via 

liquid additions.   

1.7.2.1. In-situ fed-batch systems 

Jeude et al. (2006) described an elastomer polymer disc system containing glucose that is 

gradually released into the culture.  Cultures of Hansenula polymorpha expressing green 

fluorescent protein (GFP) were grown in shake flasks in both batch and fed-batch modes.   

Glucose release from the discs is proportional to the square root of time until the glucose is 

almost depleted.  Equation 1.14 describes glucose release from the discs where Mglc is the mass 

of released glucose (g), A is the surface area of the disc, D is the diffusion coefficient (mm
2
 s

-1
), 

Ca is the amount of glucose per unit volume of matrix (mg mm
-3

), Cs is the solubility of glucose 

per unit volume of matrix (mg mm
-3

) and t is the time (s).  Equation 1.14 is only valid if the 

remaining concentration in the polymer is above the solubility of glucose. Assuming all 

parameters are constant for a disc besides time (t) Equation 1.14 can be modified to give 

Equation 1.15, where z is the number of discs, ṁglc is the mass stream of glucose (mg h
-0.5

), to 

calculate the mass released from a disc.  Velocity increases approximately linearly with disc 

thickness.   

Using this approach, an 85% increase in biomass yield and 23.4 g L
-1

 dry cell weight was 

achieved, which corresponded to a yield of biomass on glucose comparable to a conventional 

STR of 0.38-0.47; the GFP yield also increased by a factor of thirty-five in comparison to batch 

cultures.  This improvement in biomass and GFP yield was attributed to the reduction in 

overflow metabolism (Jeude et al., 2006).  A similar approach was used by Sanil et al. (2014), 
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who used magnesium hydroxide-loaded pH managing hydrogels (m-pHmH) for pH control, in 

combination with a glucose-releasing hydrogel for fed-batch E. coli cultures in shake flasks; a 

394% increase in volumetric plasmid production was achieved (Sanil, Maralingannavar and 

Gadgil, 2014). 

 

                     
          1.14 

               
            1.15 

` 

An alternative strategy described by Panula-Perala et al., (2008) is the enzymatic release of 

glucose from a starch polymer immobilised in an agar storage gel.  This approach is an 

advancement of the elastomer polymer disc method as it allows for the controlled release of 

glucose into the medium through enzymatic degradation of starch; the amount of glucoamylase 

added to the culture determines the glucose release rate (Panula-Perala et al., 2008).  High 

concentrations of starch would decrease oxygen transfer rate due to increased medium viscosity 

so a two-phase system was used; a gel as the starch reservoir and a liquid cultivation medium.  

The gel was optimised so that the diffusion of starch into the medium did not limit the 

enzymatic reaction and the gel could resist mechanical shaking.  10% w/w starch embedded into 

the gel provided enough glucose for a cell density of 30 g L
-1

 to be achieved in the liquid phase 

assuming all the starch available is processed and one gram glucose yields approximately 0.5g 

cell dry weight.  Glucoamylase from Aspergillus niger (AG 300L) was used for the enzymatic 

release of glucose from starch.  In 96-well plates an 8-to 10-fold increase in product yield was 

observed in comparison to medium without the starch reservoir due to the higher cell density 

and higher percentage of soluble protein.   

A liquid phase cultivation systems is commercially available as, Enbase
® 

EnPresso
®
 B Growth 

System (Enpresso, Germany).  A second cultivation system, Feed in Time (FIT) (m2p-labs, 

Germany), was also previously available but has recently been discontinued.  Higher cell 

densities are achieved in gel format compared to liquid phase systems due to the greater 

substrate supply; however liquid phase systems are more convenient as direct centrifugation and 

removal of the cell pellet is possible and also they can be used at a larger scale.  The EnBase
®
 

system has been shown to be compatible with E coli cultivation using a rocking-motion type 

bioreactor, which are not often used for microbial cultivations due to their lower oxygen transfer 

rate (Glazyrina et al., 2010).  Glazyrina et al., (2010) achieved an OD600 value of 30 (10 g L
-1

 

dry cell weight) using the EnBase
®
 system in a rocking-motion type bioreactor, compared to an 
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OD600 value of 3-4 in conventional batch mode, and an OD600 value of 60 (20 g L
-1

 dry cell 

weight) in fed-batch mode using an exponential glucose feeding regime and oxygen pulsing. 

The scalability of the Enbase
®
 technology from microscale to pilot scale was demonstrated by 

Glazyrina et al., (2012) using an E. coli process for the production of recombinant alcohol 

dehydrogenase (ADH).    Cultivations were performed in deep-well plates with a working 

volume of 3ml and in bioreactors at 2L and 60L scales.  Cell growth and protein yield were 

shown to be comparable at all three scales.  Glazyrina et al. (2012) also reported that EnBase
®
 

can be used as a starter culture for high cell density cultivations; an final OD600 value of 120 

corresponding to approximately 40g L
-1

 DCW was achieved using EnBase
®
 as an overnight 

starter culture followed by exponential glucose feeding (μ = 0.2h
-1

) (Glazyrina et al., 2012).    

1.7.2.2. Direct feeding methods 

Direct feeding at small scale can be achieved by the manual or automated intermittent addition 

of substrates.   This method of feeding has been demonstrated for mammalian cell culture where 

intermittent feeding occurs over a longer time period and less frequently in comparison to 

microbial cultures due to the lower growth rate.  Silk et al. (2010) first described a method for 

fed-batch mammalian cell culture in 24 standard round-well (SRW) microtitre plates.  CHO 

cells were fed via manual additions of bolus feed containing glucose and other nutrients and 

bicarbonate for pH control.  Similar cell growth and antibody formation in 24-SRW plates 

(800µL) and 50mL shake flasks were achieved; the peak viable cell densities of 8±0.5 x 10
6
 and 

9 ± 1.3 x 10
6
 mL

-1
 respectively and the final titres were both approximately 1.5g L

-1
 at both 

scales (Silk et al., 2010).  Accurate liquid handling and contamination from repeated manual 

additions are challenges with intermittent feed additions without automation (Lye et al., 2003; 

Silk et al., 2010).  The process described by Silk et al. (2010) can be used with standard shaking 

platforms and fully automated on robotic platforms.  

Intermittent feeding at the microscale can also be achieved by pulsing feed directly into each 

well.  This feeding strategy has been demonstrated with shake flasks and microbioreactors.  

Weuster-Botz, Altenbach-Rehm and Arnold, (2001) described a method for parallel feeding in 

shake flasks with pH control.  Feeding was achieved using a syringe pump with a substrate 

reservoir via a substrate distribution system to individual miniature valves on each shake flask; 

volumes as small as 20µl could be added at a pump flow rate of 1mL min
-1

.  This system was 

demonstrated to be accurate with substrates of varying viscosities and was also used for pH 

control (Weuster-Botz, Altenbach-Rehm and Arnold, 2001). A commercially available 

microbioreactor system manufactured by Applikon
®
 Biotechnology, the micro-Matrix, allows 

for intermittent feeding of 50nL or less per pulse using pressurised feed vessels; the feed 
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delivery to each well is controlled via microvalves (Applikon, 2018)  This system is based on a 

10ml 24-well square-well microtitre plate with a working volume of 1-7ml.  Each well has 

individual gas supplies into the headspace and independent pH, DO and temperature control. 

Most direct feeding strategies at microscale reported in the literature are intermittent or 

pulsating, however there are a few examples of continuous feeding.  van Leeuwen et al. (2009) 

developed a Hagen-Poiseuille micropump that allows for a constant feed rate and is compatible 

with microtitre plates.   The micropump works on the principle that by generating a pressure 

difference (0-1 bar) over a capillary tube with a defined internal diameter (20µm) and length 

(10-20cm), the desired flow rate, from zero to a few hundred nL min
-1

, can be achieved. 

Manufacturing cost of the pump is low and parallelisation is simple (van Leeuwen et al., 2009).   

A miniature STR with an inbuilt capacity for pumped feed delivery, the ambr15
®
f manufactured 

by Sartorius Stedim, has recently entered the market (Sartorius Stedim, no date). Velez-

Suberbie et al. (2018) achieved an E. coli biomass concentation of approximately 37 g L
-1

 using 

this device, and demonstrated scalability to a 1L-scale laboroatory process using matched Pg/V. 

A microfluidic chip was described by Funke et al., (2010) that replaces the base of a 

conventional 48-well microtitre plate and allows controlled dosage of nanolitre liquid volumes 

from one well to another.   This is the principle behind the commercially available system 

manufactured by m2p labs, the BioLector
®
 Pro.  The microfluidic device contains a micropump 

that allows for pH control and microscale fed-batch fermentations by a predetermined feeding 

profile and a controlled rate of highly concentrated feeding solution.  Funke et al. (2010) 

demonstrated fed-batch E. coli fermentations performed using the microfluidic feeding device 

for glucose feeding and pH control.  The glucose concentration in the media at the start of the 

fermentations was zero, and a 500 mg L
-1

 glucose feed dosed at a rate of 2µL h
-1 

was added at 

the start of the cultivation, resulting in a dosage of 500 mg h
-1

.  The authors reported that the pH 

could be sufficiently controlled to pH 7 ± 0.2 using this device, however biomass concentration 

was monitored by backscattering and the final off-line OD600 measurements were not reported 

(Funke et al., 2010).   

 

1.8. Critical review of the literature 

The current trend in upstream bioprocess development is towards high-throughput small scale 

experimentation using miniature bioreactors or microtitre plates (Section 1.5 and Tables 1.2 and 

1.3). Operating at microscale is economically advantageous as it reduces labour and media costs 

and increases experimental throughput, which results in lower development costs.   There are a 

number of commercially available devices with working volumes in the range 1-250mL that 
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allow researchers to perform up to 48 cultivations simultaneously (Table  1.2).  However, at the 

present the majority of these devices cannot achieve the high cell densities comparable to a 

conventional bioreactor (Section 1.5, Table 1.4).  There are two main challenges that need to be 

addressed to achieve high cell densities at the microscale: meeting oxygen demand and 

implementation of fed batch feeding strategies at suitable rates for microbial cultivation. 

It has been demonstrated that oxygen transfer rates comparable to conventional bioreactors can 

be achieved at the microscale (Table 1.2).  Aeration strategies used at microscale, are surface 

aeration or gas sparging either directly into the culture media or into the headspace.  Agitation is 

achieved by shaking or stirring via one or multiple impellers.  At present most examples of 

scale-up of microbial cultures from microscale are in batch mode, and there are far fewer 

examples of fed-batch cultures due to the difficulties with implementing feeding strategies.  To 

date examples of fed-batch feeding strategies at the microscale are mainly in-situ strategies 

where there is no requirement for a physical delivery mechanism.  However the disadvantages 

of in-situ feeding are the restricted control of glucose release rates, and the limited scalability.   

There are also a few examples of direct feeding using at the microscale using strategies such as 

a manual bolus additions, pulsing feeding using syringe pumps and constant additions using 

micropumps; however the majority of these haven’t shown the delivery at rates likely to be 

required to match pilot scale fed batch operations. 

 

1.9. Project aim and objectives 

Given the need for industrially relevant feeding strategies at microscale to allow for high 

throughput bioprocess development, the aim of this project is to develop a scale-down 

fermentation platform suitable for the study and optimisation of high cell density cultures. The 

specific focus will be on implementing an industrially relevant fed-batch feeding strategy to a 

commercially available, 24-well, shaken microbioreactor, the Pall Micro-24 MicroReactor 

system (Pall, Port Washington). Studies will be performed based on the expression of a domain 

antibody produced in E. coli. The objectives of this work are: 

 

1. To evaluate different options for introducing fed-batch operation with the 

microbioreactor including both in situ and direct feeding methods. 

2. To establish an industrially relevant feeding strategy in the microbioreactor to enable E. 

coli cultures that are predictive of a laboratory scale fed-batch process in terms of cell 

growth and product expression. 
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3. To demonstrate the applicability of the new feeding system as a tool for high throughput 

fermentation process optimisation experiments. 

4. To characterise the microbioreactor in terms of oxygen transfer capability and fluid 

mixing, to compare to the laboratory and pilot scale bioreactors. 

5. To show that the optimised microbioreactor, fed-batch process is comparable to 

laboratory scale and pilot scale processes in terms of cell growth, product expression, 

and product quality. 

 

1.10. Project background 

This EngD project started in 2013, when the only commercially available microbioreactor 

systems were the ambr
®
15 cell culture (miniature STR) and the Pall Micro-24 MicroReactor 

(shaken microtitre plate), neither of which have the capability of direct, continuous feeding.  

Therefore, the motivation for this project was that lack of options for performing industrially 

relevant fed-batch cultures at microscale.  Since the start of this project there have been 

significant advancements in microbioreactor technologies, and there are now several devices 

that have an inbuilt feeding capacity as described in Section 1.7.2.2. 

This project was completed in collaboration with GSK.  The scope of the project was to develop 

a scale-down model of the GSK platform microbial fermentation process, for screening and 

development activities; therefore, evaluation of the microbioreactor as a scale-down model of 

other fed-batch processes was out of scope.  In addition, due to intellectual property reasons, 

GSK were only able to provide one E.coli strain for development and evaluation of the 

microbioreactor feeding system. 
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Chapter 2. Materials and Methods 

 

2.1. Glycerol stock preparation 

A w3110 E. coli strain expressing a dAb was provided by GlaxoSmithKline (GSK) (Stevenage, 

UK).  A master cell bank 20% v/v glycerol stock (OD600 ~ 1) was used to inoculate a 500mL 

total volume Ultra Yield
TM 

shake flask (Thomson Instrument Company, California, USA) 

containing 100mL of GSK in-house cell banking complex media.  The media was sterilised by 

autoclaving at 121°C for 20 minutes. A stock solution of 15 mg mL
-1

 tetracycline in 70% 

ethanol was added to the flask at a concentration of 15µg mL
-1

.  The flasks were sealed with 

foam bungs or AirOtop™ Enhanced Seals (Thomson Instrument Company, California, USA).  

Two cell banks were prepared during the project; cell bank 1 was used for the fermentations 

described in Chapter 3, and cell bank 2 was used for the fermentations described in Chapters 4 

and 5.   The inoculation OD600 was ~0.05 for cell bank 1 and ~0.0002 for cell bank 2.  The 

cultures were incubated in a Shaker X incubator (Kuhner, Switzerland) at 37⁰C, 230 rpm for 4 

hours (cell bank 1) or 6 hours (cell bank 2) to a final OD600 value of 1-2.  The cultures were then 

cooled on ice and 80% w/v glycerol was added to a final concentration of 20% w/v glycerol.  

1.1mL of culture was aliquoted into chilled labelled cryogenic sterile vials and stored at -80⁰C.   

 

2.2. Shake flask seed cultures  

2.2.1. Micro-24 and 1L scale processes 

100mL of the cell banking media was added to a 500mL Ultra Yield
TM 

shake flask.  

Tetracycline was added to a final concentration of 15 µg mL
-1

, and
 
GSK in-house antifoam was 

added to a final concentration of 500ppm.  The flask was inoculated with a glycerol stock vial to 

an OD600 of 0.05.  The flasks were sealed with foam bungs or AirOtop™ Enhanced Seals.The 

cultures were incubated in a Shaker X incubator at 37⁰C, 230rpm for ~ 3 hours, then at 30⁰C, 

230rpm for ~ 3 hours to a final OD600 ~2-3. This method was used for the fermentations in 

Chapter 3.  The shake flask cultures used for the fermentations in Chapters 4 and 5 were 

prepared as described above, with the exceptions that the Ultra Yield
TM

 Flasks were inoculated 

to an OD600 of 0.02.  The shake flask cultures were grown 7-9 hours at 30°C, 120rpm to OD600 

values of 2-3. 
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2.2.2. 50L scale process 

500mL of the cell banking media was added to a 2.5L Ultra Yield
TM 

shake flask.  Tetracycline 

was added at a concentration of 15µg mL
-1

, and
 
antifoam to a final concentration of 500ppm.  

The media was inoculated with a glycerol stock to an OD600 of 0.0000001.    The flasks were 

sealed with AirOtop™ Enhanced Seals.  The cultures were incubated in a Kuhner Shaker X 

incubator (Kuhner, Switzerland).  The shake flask cultures were gown overnight for ~21.5 hours 

at 30°C, 100rpm to OD600s of 2-3. 

 

2.3. 1L scale batch and fed-batch fermentations 

2.3.1. 1L vessel description 

1L batch and fed-batch fermentations were performed using a DASGIP
®
 Parallel Bioreactor 

System (Eppendorf, Germany).  The DASGIP
®
 system had eight 2.1L glass vessels with a 

400mL to 1.5L working volume.  The internal tank diameter was 0.094m, and the vessel had an 

aspect ratio ht/Dt of 3.2.  Each vessel was equipped with a direct overhead impeller drive.  The 

impeller shaft was equipped with 3 Ruston turbines with a diameter of 0.046m, resulting in a 

Di/Dt ratio of 0.49.  The three Rushton turbines were positioned 0.019m, 0.075m and 0.131m 

from the base of the vessel.  Each vessel was fitted with an L-sparger, cooling finger, OxyProbe 

or OxyProbeII (D = 0.012m) polarographic DO sensor (Broadley James, Bedford), a FermProbe 

(D = 0.012m) pH electrode (Broadley James, Bedford), condenser, a sampling port with valve, 

and 3 feed line ports for the acid, base and glycerol feed lines.   

2.3.2. 1L scale batch and fed-batch fermentation processes 

1L batch and fed-batch fermentations were performed using the DASGIP
®
 system with 4-8 

bioreactors run in parallel.  Each bioreactor as filled with 1L of proprietary GSK complex media 

containing 70% w/v glycerol and yeast extract (Becton Dickinson, New Jersey, USA).  The 

media was sterilised by autoclaving at 121°C for 20 minutes.  Tetracycline was added at a 

concentration of 15µg mL
-1

, and antifoam was added at a concentration of 500ppm.  The 

bioreactors were inoculated with the seed cultures (Section 2.2.1) to an OD600 of 0.001 to 0.05.  

The temperature was controlled to 30⁰C.  The pH was controlled to pH 7.0 with 25% v/v 

NH4OH and 35% v/v H3PO4.  The DO was controlled to 30% or 40% using a control cascade; 

the first response was an increase in agitation speed (400-1200rpm), the second response was an 

increase in total gas flow rate (1-2vvm) and the third response was oxygen enrichment (21%-

100%). 
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The fed-batch cultures were grown in batch mode for ~11-21 hours, depending on the 

inoculation OD600.   Feeding was triggered by a DO spike observed when the initial glycerol had 

been exhausted; the feeding was programmed to start when the DO had remained at ≥60% for a 

5-minute period.  The cultures were fed with GSK in-house 70% w/v glycerol feed solution 

containing yeast extract at 6 mL h
-1

 for ~6 hours until the OD600 was 70-90.  The cultures were 

then induced with 0.22µm filter sterilised 100µM Isopropyl β-D-1-thiogalactopyranoside 

100mM IPTG and the feed rate was reduced to 3.5 mL h
-1

.  The cells were harvested after a 

further 40-48 hours.  5-10mL samples were taken during the fermentation; at a minimum, 

samples were taken pre-induction and every 24-hours post-induction.  Samples were taken for 

OD600 measurement, DCW determination, glycerol and acetate concentration analysis, and dAb 

titre analysis as described in Sections 2.10.1, 2.10.4 and 2.10.7. 

The induced batch cultures were inoculated to an OD600 0.05 grown for ~ 5 hours until the 

OD600 was ~ 1. The cultures were then induced with 100µM IPTG and grown for a further 45 

hours.  5-10mL samples were taken at a minimum pre-induction (5 hours), and twice daily post-

induction.    The non-induced batch cultures were inoculated to an OD600 of 0.05, and grown for 

~21 hours until the OD600 was ~60. 5-10mL samples were taken at the end of batch only.  

At harvest the cultures were cooled to ≤10⁰C, whilst maintaining the DO ≥30%.  24 2mL 

aliquots were taken from each vessel and were centrifuged using an 5415D Centrifuge 

(Eppendorf, Germany).  The supernatant of the 24 Eppendorf tubes was pooled and stored at -

20⁰C for purification by Protein A chromatography for product quality analysis by size 

exclusion chromatography – high performance liquid chromatography (SEC-HPLC) (Sections 

2.10.6) 

 

2.4. Micro-24 System description 

The Micro-24 System (Pall, Port Washington) consists of 24 miniature bioreactors in deep well 

microtitre plate format with a total volume of 10mL and a working volume of 3-7mL.  Each 

well is equipped with a heating element for temperature control, a thermocouple for temperature 

monitoring and fluorescent sensor spots that allow for optical monitoring of pH and DO.  The 

microtitre plates are made of polycarbonate, irradiated by e-beam and are clamped to a base 

plate via a vacuum seal; the shaking speed of the base plate can be adjusted between 0 to 

800rpm.  DO and pH control is achieved via gas injection through a 0.2µm hydrophobic sparge 

membrane.    Typically, for aerobic microbial cultures, oxygen is used for DO control, and 

either dilute ammonia gas alone or with a carbon dioxide source is used for pH control. There 

are three cassette designs available: REG, PRC and BFL.  For the REG and BFL cassette 
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designs, gas is injected through a membrane on the base of the well directly into the liquid 

phase, whereas for the PRC cassette design the gas is injected up a central sparge tube and into 

the headspace (Figure 2.1).  The BFL plate design also has a single baffle.  There are three types 

of well closure: Type A closures that are single use and have a neoprene check valve and sterile 

membrane barrier; Type D closures that are also single-use but only have a sterile membrane 

barrier; Type E closures that are autoclavable and have a stainless steel check valve but no 

sterile membrane.  For microbial applications Type D closures are typically used.  The Micro-

24 system has previously described by a range of authors (Isett et al., 2007; Chen et al., 2009; 

Betts et al., 2014).   

 

 

 

 

 

Figure 2.1. Micro-24 cassette configuration. (a) REG cassette and (b) PRC cassette (Figure 

reproduced from Pall Corporation, (2012)) 

 

2.5. Micro-24 fed-batch cultures by in situ feeding 

The EnPresso
®
 B growth system (Enpresso, Germany) was used for the in situ Micro-24 fed-

batch cultures. EnPresso
®
 B is designed to increase cell growth and recombinant protein 

expression in microbial cultures.  It utilises the proprietary EnBase
®
 technology for the 

controlled release of glucose from a polysaccharide substrate.  

2.5.1. Glucose release kinetics of the EnPresso® B growth system in shake flasks and the 

Micro-24 

The manufacturers protocol for the EnPresso
®
 B growth system was used for the shake flask 

incubations.  100ml of sterile water was added to seven 500mL Ultra Yield
TM 

shake flask 

(Thomson Instrument Company, California). 4 EnPresso
®
 B tablets containing the 

polysaccharide substrate, organic nitrogen for pH control, minerals, vitamins and trace 

elements, tetracycline (15µg mL
-1

 final concentration) and antifoam (500ppm final 

concentration) were added to each flask.  Glucoamylase was then added to 6 of the flasks to a 

final concentration of either 1.5, 3 or 6 U h
-1

.  Each glucoamylase concentration was run in 

(a) (b) 
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duplicate, and an additional flask was used as a negative control (no glucoamylase addition).  

The flasks were incubated for 24 hours at 30°C, 250rpm.  1mL samples were taken during the 

incubation for glucose concentration analysis using a Cedex Bio Analyzer (Section 2.10.7.1).  

The 24-hour incubation was staggered over two runs.  Samples were taken at 2, 4, 6, 8, 10,5, 

17.5, 19, 21, and 24 hours.  For the Micro-24 incubations, 200ml of sterile water was added to a 

500mL Ultra Yield flask. 2 Enpresso
®
 tablets, tetracycline (15µg/mL final concentration) and 

antifoam (500ppm final concentration) were added to each flask.  The flask was then incubated 

at 37°C, 230rpm until the tablets had completely dissolved.  The contents of the flask were then 

divided into 30mL aliquots.  Glucoamylase was then added to each aliquot to a final 

concentration of either 0, 1.5, 6 or 18 or 30 U h
-1

.  5mL of each 30mL aliquot was added to 5 

wells of a Micro-24 REG plate, except for the 0 U h
-1 

concentration which was added to 4 wells.  

The plate was incubated at 30°C, 800rpm for 76 hours.  Duplicate samples were taken at 3, 17, 

25, 41, 44, 48 and 66 hours and analysed on the Cedex Bio Analyzer for glucose concentration 

(Section 2.10.7.1). 

2.5.2. Micro-24 non-induced and induced fed-batch cultures by in situ feeding 

The protocol enclosed with the EnPresso
®
 B growth system was used for the Micro-24 fed-

batch cultures.  100ml of sterile water was added to two 500mL Ultra Yield
TM

 flasks. 4 

EnPresso
®
 B tablets, tetracycline and antifoam were added to the flask.  The flasks were then 

incubated at 37°C, 230rpm until the tablets had completely dissolved.  3mL of media from one 

of the flasks was added to each well of a REG cassette.  The second flask was then inoculated 

with the seed culture (Section 2.2.1.) to an OD600 of 0.05.  The content of the inoculated flask 

was divided into 20mL aliquots.  Glucoamylase was then added to each aliquot to a final 

concentration of either 0, 24, 72 or 120 U L
-1

. 1mL of each aliquot was then added to 5 wells of 

a Micro-24 REG plate to give final glucoamylase concentrations of 0, 6, 18 and 30 U L
-1

.  4 

wells containing the proprietary GSK complex media containing 70% w/v glycerol were also 

run as controls.   The plate was incubated at 30°C, 800rpm for 39 hours.  The DO was 

controlled to 30% by direct sparging of 100% oxygen, and the pH was controlled to pH 7 by 

direct sparging with 15% ammonia and 100% carbon dioxide).  Samples were taken at 14, 18, 

22 and 39 hours.   

The same method as described above was used for the induced cultures, with the exception that 

a glucoamylase concentration of 18 U L
-1 

was used for all 24 wells.  The plate was incubated at 

30°C, 800rpm for ~14 hours.  At 14 hours 400µL of EnPresso
®
 B booster solution containing 0 

U L
-1

 15 U L
-1

, 60 U L
-1

 or 180 U L
-1

 of glucoamylase (final concentration of 0 U L
-1

 1.5 U L
-1

, 

6 U L
-1

 or 18 U L
-1

), and 1mM IPTG (final concentration of 100µM) were added to the cultures. 

Eight samples were taken at 14 hours (induction), and duplicate samples were taken at 22 hours 
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and 38 hours (harvest).  Samples were taken for OD600 measurement, DCW determination, 

glucose and acetate concentration analysis, and dAb titre analysis (induced cultures) as 

described in Sections 2.10.1, 2.10.4 and 2.10.7. 

 

2.6. Micro-24 fed-batch cultures by direct feeding 

2.6.1. Bespoke Micro-24 feed delivery system development 

2.6.1.1. Micro-24 feeding device design and fabrication 

During the course of this research a feeding device was developed to enable the direct 

connection of parallel feed lines to the Micro-24 cassette as described in Chapter 3.  The 

development process involved five iterations of the device (Table 2.1, Figures 3.13 and 3.15).  

Version 1 or the device was designed and fabricated by the Biopharmaceutical Research (BPR) 

department, GSK Stevenage, Versions 2-4 by the UCL Design and Fabrication Facility, and 

Version 5 by 3D Printing, Platform Technology and Science PTS 3D-printing facility, GSK, 

Stevenage.  Table 2.1 describes each version of the device.  The final version of the feeding 

device (Version 5) was designed using SpaceClaim 3D Modelling Software (Anasys, 

Massachusetts, USA) for the computer assisted design (CAD) drawing and the device was 

printed out of VeroWhitePlus
TM

 (RGD835) and VeroBlackPlus
TM

 (RGD835) (Stratasys, 

Minnesota, USA) using a Stratasys Connex 500 3D-Printer (Stratasys, Minnesota, USA). 

2.6.1.2. Micro-24 feeding system set up 

An AL-1200 12-channel syringe pump (World Precision Instruments, Florida) was used for feed 

delivery.  12 3mL hypodermic Plastipak™ Luer-Lock syringes (Becton Dickinson, New Jersey, 

USA) were filled with 3mL of GSK glycerol feed, either 70% or 23% glycerol, containing yeast 

extract.  The syringes were then connected to the feed line tubing via luer-lock connectors.  A 

range of tubing and connectors were tested to during the development of the feeding system 

(Table 2.2).  A hypodermic needle was then attached to the other end of the tubing via luer-lock 

connectors; 21 gauge 1.5 inch, 18 gauge 1 inch, and 20 gauge 1 inch (Becton Dickinson, New 

Jersey, USA or Henke-Sass, Wolf, Germany) were tested.  0.5mL of feed was dispensed 

manually to prime the feed lines up to the needles.  The needles were then pushed through the 

Micro-24 caps and the primed feed lines were then clamped to the Micro-24 cassette using the 

bespoke feeding device (Section 2.6.1.1).  The syringes were then fitted into the syringe pump.  

The final feeding system comprised of Upchurch Scientific Tefzel
®
 Ethylene tetrafluoroethylene 
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(ETFE) HPLC tubing (IDEX Corporation, Illinois, USA), Upchurch Scientific luer connectors, 

and 20G 1 inch needles (Table 2.1).   

The Micro-24 lid could not accommodate the feeding device, so an inverted plastic box was 

used to maintain the environment temperature; this was used for Versions 1-5 of the feeding 

system.  A 3D-printed bespoke lid was subsequently developed (Figures 3.16 c and d) and used 

with the final version of the feeding system.  A stand was also developed to hold the feeding 

device containing the Micro-24 caps and needles during sampling (Figures 3.16a and b).  The 

stand was composed of two separate 3D-printed pieces attached together with 6 hexagonal 

nickel-plated brass spacers.  The lid and sampling stand were designed and fabricated as 

described above (Section 2.6.1.1.).    

2.6.1.3. Syringe pump validation 

A calibration curve of actual flow rate against the flow rate set on the syringe pump was 

generated for flow rates of 0 -100 µL h
-1

.  At each flow rate twelve syringes were filled with 

either water, a feed solution containing 70% glycerol (w/v) or a feed solution containing 23% 

glycerol (w/v).  The feed lines were assembled and primed as described in Section 2.6.1.2.  

Each needle was inserted into the cap of a pre-weighed Eppendorf tube (Eppendorf, Germany).  

The syringe pump was run for 0.5-2 hours at the required flow rate, and the Eppendorf tube was 

then re-weighed to determine the volume added.  This procedure was repeated three times.  This 

syringe pump was validated using water and the 70% glycerol solution using 18G 1” needles, 

and with the 23% glycerol feed solution using both 18 gauge 1 inch and 20 gauge 1 inch 

needles.  

2.6.1.4. Feed drop size approximation 

The drop size was determined for two needle sizes (18 gauge 1 inch and 20 gauge 1 inch) using 

both the 70% and 23% glycerol feed solutions.  Drop formation at a flow rate of 120 µL h
-1

 was 

videoed and the volume of the drop was approximated by the time taken for the drop to fall of 

the end of the needle. 

2.6.1.5. Micro-24 feeding system sterility validation 

The feeding system was assembled as described in Section (2.6.1.2), using Version 4 of the 

feeding device (Section 2.6.1.1., Table 2.1).  The syringe pump was programmed to deliver 

540µL at a flow rate of 20µL/h (total time of 27 hours).  The Micro-24 was run at 800rpm with 

a temperature set point of 37°C, and without DO or pH control.   The change in DO over the 27-



 
 
 

- 59 - 
 

hour period was monitored.  After 20 hours, the OD600 was measured to determine if any cell 

growth had occurred (Section 2.10.1). 

2.6.2. Initial fed-batch cultures 

4mL of proprietary GSK complex media containing yeast extract (Becton Dickinson, New 

Jersey) and glycerol was added to each well of a REG cassette, and tetracycline (15mg L
-1

 final 

concentration) and antifoam (500ppm final concentration).  The media in the plate was 

inoculated with the seed cultures (Section 2.2.1.) to give a final inoculation OD600 of 0.05.  The 

cultures were gown for ~14 hours to an OD600 of 40-60. The DO, pH and temperature were 

controlled to 30%, pH7 and 30⁰C respectively as described in Section 2.5.2.  At 14 hours, a 

70% w/v glycerol feed solution containing yeast extract was added at a flow rate of  24µL h
-1

 to 

6-12 wells for 6 hours using the syringe pump, and an additional 6-12 wells were run as non-fed 

controls.  The feeding system was assembled as described in Section 2.6.1.2.  At ~21 hours the 

cultures were induced with 100µM IPTG and the feed rate was reduced to a flow rate of 14µL h
-

1
.  The cultures were harvested at 65-69 hours. 0.5 mL L

-1
 of antifoam was added manually at 

induction and then every 24 hours to prevent excessive foaming. Samples were taken at end-of-

batch (EOB) and at harvest for OD600 measurement, DCW determination, glycerol and acetate 

concentration analysis, and dAb titre analysis as described in Sections 2.10.1, 2.10.4 and 2.10.7.  
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Table 2.1. Overview of the development of the Micro-24 parallel feeding device. 

Device 

version 

Description  Material of construction Fabrication 

method 

Compatible connectors  Sterilisation 

method 

1 Single plate device with two holes per well to 

accommodate the Micro-24 caps and feed line 

needles (refer to Chapter 3 Figures 3.13a and b). 

Aluminium Milling Any luer-lock connectors Autoclaving or 

70/30 Ethanol 

2 Three-plate device: Two plates to accommodate 

the Micro-24 lines and feed line needles and 

connecters. Top plate to clamp the feed lines to 

the bottom plates (refer to Chapter 3 Figures 

3.13c, d and e). 

Aluminium, stainless steel 

screws 

Milling Male luer lock with lock ring with 

1/16" hose barb 

Autoclaving or 

70/30 Ethanol 

3 Two-plate device: Two plates to accommodate 

the Micro-24 lines and feed line needles and 

connecters). Two clamps that each clamp 12 feed 

lines to the plates 

Acrylic, stainless steel 

screws 

Milling Male luer lock with lock ring with 

1/16" hose barb 

70/30 Ethanol 

4 Two-plate system: Two plates to accommodate 

the Micro-24 lines and feed line needles and 

connecters. Two clamps; each clamp 12 feed 

lines to the plates (refer to Chapter 3 Figures 

3.13f and g, Appendix B, Figures B.1-B.4.). 

Polytetrafluoroethylene 

(PTFE), stainless steel 

screws 

Milling Male luer lock with lock ring with 

1/16" hose barb  

P-677 adapter, male Luer to female 

M6 flat-bottom (Upchurch 

Scientific).  The device could only 

accommodate 12 feed lines using 

these connectors. 

Autoclaving or 

70/ 30 ethanol 

5 One-plate device: One double-layered plate to 

accommodate the Micro-24 lines and feed line 

needles and connecters. Two clamps; each clamp 

12 feed lines to the plate (refer to Chapter 3 

Figure 3.15, Appendix B, Figures B.5-B.7) 

VeroWhitePlus
TM

 

(RGD835), stainless steel 

screws 

3D-printing P-677 adapter, male Luer to female 

M6 flat-bottom (Upchurch 

Scientific) 

70/30 Ethanol 
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Table 2.2. Tubing and connectors used with the different versions of the parallel feeding device. 

Tubing type ID (in) OD Wall 

thickness 

Connectors Versions of 

feeding 

system 

Platinum-cured silicon 

(Cole-Parmer) 

1/16 

(1.6mm) 

1.8 

(3.2mm) 

1/32 

(0.8mm) 

Luer to barb connectors for 1/16” tubing (Cole-Parmer) secured with cable ties 1,2 

C-Flex
®
 tubing 1/16 

(1.6mm) 

1.8 

(3.2mm) 

1/32 

(0.8mm) 

Luer to barb connectors for 1/16” tubing (Cole-Parmer) secured with cable ties 3, 4 

Upchurch Scientific, 

Tefzel
®
 HPLC tubing 

(ETFE) 

0.040" 

(1.02mm) 

1/16 

(1.6mm) 

0.011” 

(0.29mm) 

P-200Nx, flangeless ferrule, P-207, flangeless nut, standard knurl, M6 flat-

bottom port, P-680 adapter, female Luer to female M6 flat-bottom, P-677 

adapter, male Luer to female M6 flat-bottom (Upchurch Scientific) 

4, 5 
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2.6.3. Micro-24 feeding strategy optimisation   

2.6.3.1. Implementation of a post-induction feed rate equivalent to the 1L scale process (per 

gram of biomass)  

The method described in Section 2.6.2 with modifications to the inoculation technique, the feed 

concentration, yeast extract supplier, post-induction feed rate and antifoam concentration, was 

used for these cultures. Prior to inoculation, the seed culture was diluted to an OD600 of 0.2 in 

500mL of proprietary GSK complex media containing tetracycline (15mg L
-1

 final 

concentration) and antifoam (500ppm final concentration).  A REG cassette was filled with 

3mL of GSK complex media containing glycerol and yeast extract (Sigma Aldrich, Missouri, 

USA), tetracycline (15 µg mL
-1

) and antifoam (800ppm final concentration).  1mL of the diluted 

seed culture was then added to the REG cassette to give a final inoculation OD600 of 0.05.  A 

23% w/v glycerol feed solution containing yeast extract (Sigma Aldrich, Missouri) was used 

instead of the 70% w/v glycerol solution, and 1mL of culture broth was removed prior to 

feeding.  The pre-induction feed rate was 58 μL h
-1

, and the post-induction feed rate was 26 µL 

h
-1

.  

2.6.3.2. Micro-24 batch cultures for metabolite analysis 

Micro-24 batch cultures were performed as described in Section 2.6.2, with the exception that 

the cultures were not fed and were harvested at 21-24 hours.  4-8 wells were sacrificed at each 

time point for OD600 measurement, DCW determination, glycerol and acetate concentration 

analysis as described in Sections 2.10.1 and 2.10.7.  

2.6.3.3. Fed-batch cultures with a pre-feeding hold period and higher DO set point 

The same method as described in Section 2.6.3.1. was used for these fed-batch cultures, with the 

exception that the DO set point was increased to 60%, and a pre-feeding hold period of 3 or 5 

hours was implemented to allow for acetate consumption.   

2.6.3.4. Implementation of a pre-induction feed rates equivalent to the 1L scale process per 

gram of biomass  

The same method as described in Section 2.6.3.3. was used for these fed-batch cultures, with the 

exception that a pre-induction feed rate 43 µL h
-1 

was implemented.   

2.6.3.5. Measurement of Micro-24 evaporation rate 

A dye-based method was used to determine the evaporation rate.  The change in absorbance of 

an Erioglaucine disodium salt solution was measured over time.  A calibration curve of 

absorbance at 625nm against concentration was generated for Erioglaucine disodium salt 
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concentrations in the range of 1µM-8µM as the corresponding A625 values for this concentration 

range were within the linear range of the spectrophotometer.  A concentration of 1µM was 

determined to be a suitable to be used as the start concentration of the experiment (A625 = 

0.110±0.004).  A design of experiment (DoE) approach was used determine the evaporation rate 

from a REG cassette under microbial operating conditions.  Table 2.3 describes the factors and 

the experimental ranges studied. A 3-factor-2-level, face-centered, central composite design 

(fcCCD) with six centre points was used for this experiment (Islam et al., 2007).  The 

experiment method as described in Section 2.6.3.1.  All experiments were run at 800rpm.  The 

DoE design was run in duplicate.  The DoE response models were generated using JMP
®
 13 

software (SAS Institute, North Carolina).  

 

 Table 2.3. Evaporation rate experiment factors and ranges 

Factor Low value (-1) Centre point (0) High value (+1) 

Fill volume (mL) 3 4 5 

Temperature (°C) 28 30 32 

Total gas flow rate 

(mL min
-1

) 

0 7.5 15 

 

 

2.7. Micro-24 and 1L scale fed-batch fermentation process optimisation DoE 

A 2-factor, 2-level full factorial design was used for the Micro-24 and 1L scale fermentation 

process optimisation experiments as described in Table 2.4 (Islam et al., 2007). 4-6 replicates of 

each factor combination were run in the Micro-24; two separated runs were performed, one at a 

post-induction temperature of 30⁰C and one at 25⁰C. At 1L scale each factor combination was 

run in duplicate.  The DoE response models were generated using JMP® 13 software.  The 

Micro-24 and 1L scale processes were performed as described in Sections 2.3. and 2.6.3.4, with 

the exception that at a post-induction temperature of 25⁰C the post-induction feed rate was 

reduced to 22 µL L
-1

 h
-1

 and 2.6 mL h
-1

 respectively.   

 

Table 2.4. Micro-24 and 1L scale process optimisation DoE factors and ranges 

Factor Low value (-1) High value (+1) 

IPTG concentration (µM) 100 250 

Post-induction temperature (°C) 25 30 
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2.8. Micro-24 engineering characterisation 

2.8.1. Determination of the oxygen mass transfer coefficient (kLa) 

The static gassing-out method as described by Betts et al. (2014) was used to determine kLa 

values with water and GSK complex media containing 70% w/v glycerol.  A single well 

containing the required volume of deionised water or complex media was sparged with nitrogen 

until the DO reached 0% saturation.  The nitrogen was then turned off and the well was sparged 

with air at the required flow rate and the change in DO concentration with time was monitored.  

KLa values were determined for REG and PRC and BFL cassette designs.  For the REG cassette 

experiments with complex media antifoam was added to a final concentration of 500ppm.  A 

Design of Experiment (DoE) approach was used to determine how kLa values varied with 

operating conditions.  A 3 factor-2 level face centred central composite design with 6 centre 

points was used (Islam et al., 2007).  The factors studied were agitation speed, air flow rate and 

fill volume (Table 2.5).  The DoE response models were generated using JMP
®
 13 software.  

All experiments were performed at 30°C. 

 

Table 2.5. Micro-24 kLa characterisation DoE factors and ranges 

Factor Low value (-1) Centre point (0) High value (+1) 

Fill volume (mL) 3 (4 for BFL) 5.5 (4.5 for BFL) 7 (5 for BFL) 

Agitation speed (rpm) 500 650 800 

Total gas flow rate 

(mL min
-1

) 

0.1 10.05 20 

 

 

2.8.2. Liquid phase mixing time (tm) 

Mixing times (tm) of the REG and PRC cassettes were measured using the iodine 

decolourisation method (Carreau, Patterson and Yap, 1976; Takahashi et al., 1985; Betts et al., 

2014).  The required volume of 5 mM iodine solution was added to a single well of a PRC or 

REG cassette.  Sodium thiosulphate solution (1.8 M) was then added to the iodine solution; an 

equivalent ratio of 1.4 was used as described by Carreau et al. (1976).    Bespoke cassette 

mimics were used for these experiments that consisted of a single well with a Perspex
®
 box 

constructed around it.  The Perspex
®
 box was filled with glycerol to prevent image distortion.  

For all experiments shaking was started before sodium thiosulphate addition Sodium 

thiosulphate was added at a position of ~1cm above the liquid surface.  Fluid flow was 

visualised using a DVR Fastcam (Photron, California, USA).  The camera was set to record at 
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125 frames per second with a shutter speed of 1/frame rate and with normal gain.  A resolution 

of 640 x 480 pixels was used for all experiments. 

A DoE approach was used to determine how mixing time values varied with operating 

conditions; the DoE design was a 2 factor-2 level face centred central composite design with 6 

centre points (Islam et al., 2007).  The factors studied were agitation speed and fill volume; the 

factor ranges were the same as for the kLa characterisation (Table 2.6).    All experiments were 

performed under non-aerated conditions at 30°C.  The DoE response models were generated 

using JMP
®
 13 software.  Additional experiments outside the DoE design were performed at 

2mL and 3mL fill volumes for both cassette designs.   

 

Table 2.6. Micro-24 liquid phase mixing time (tm) determination DoE factors and ranges 

Factor Low value (-1) Centre point (0) High value (+1) 

Fill volume (mL) 3  5.5  7  

Agitation speed (rpm) 500 650 800 

 

 

2.9. 50L fed-batch fermentations 

2.9.1. 50L vessel description 

50L batch and fed-batch fermentations were performed using a 75L Chemap fermenter with a 

50L working volume (Infolabel AG, Switzerland).  The internal tank diameter was 0.316m, and 

the vessel had an aspect ratio Ht/Dt of 3.2.  The vessel was equipped with a bottom-driven 

impeller drive.  The impeller shaft was equipped with 3 equally spaced Ruston turbines with a 

diameter of 0.110m, resulting in a Di/Dt ratio of 0.35.  The vessel was fitted with an L-sparger, 

VisiFerm DO (D = 0.012) optical DO sensor (Hamilton, Nevada), an InPro3100i (D = 0.012m) 

pH electrode (Mettler Toledo, Switzerland), cooling jacket, condenser, a sampling port and 3 

feed line ports for the acid, base and glycerol feed lines.  The vessel had four 0.025m x 0.770m 

diametrically opposed baffles. 

2.9.2. 50L fed-batch fermentation process 

The 75L Chemap system was filled with 50L of complex media containing 70% w/v glycerol 

and yeast extract (Sigma Aldrich, Missouri, USA).  The vessel was inoculated to an OD600 of 

~0.001.  The DO was controlled to 40% using a control cascade; the first response was an 

increase in agitation speed (350 to 900 rpm), the second response was an increase in total gas 
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flow rate (0.7-1.2vvm) and the third response was oxygen enrichment (21%-34%).  The pH was 

controlled to pH7 using 35% w/v phosphoric acid and 25% w/v ammonium hydroxide, and the 

temperature was controlled to 30⁰C.  The vessel was maintained at a 0.2bar overpressure.  The 

cells were grown in batch mode for ~22 hours.   Feeding was triggered when DO spiked to 70%, 

due to exhaustion of the glycerol, and remained at ≥70% for 5 minutes.  The cultures were fed 

with the proprietary GSK 70% w/v glycerol feed containing yeast extract (Sigma Aldrich, 

Missouri) at a flow rate of 330 g h
-1

 for ~6 hours.  The cultures were then induced with 100µM 

IPTG and the feed rate was reduced to 192.5 g h
-1

 manually. 

Samples were taken pre-induction (28 hours), 42 hours, 49 hours, and at harvest (68 hours).    

Samples were taken for OD600 measurement, DCW determination, glycerol and acetate 

concentration analysis, and dAb titre analysis as described in Sections 2.10.1, 2.10.4 and 2.10.7.  

Two 900mL aliquots were harvested.  One aliquot was centrifuged with Polyethylenimine (PEI) 

and the other without PEI; 38mL of 9.5% PEI (pH 7) was added and left at room temperature 

for 15 minutes.  The aliquots were then centrifuged using an Avanti-J26 Centrifuge Harvest 

with a J 8.1000 Centrifuge rotor (Beckman Coulter, USA) at 7000rpm for 60 minutes.  The 

supernatant was stored at -20⁰C for Protein-A chromatography for product quality analysis by 

SEC-HPLC (Section 2.10.6) and the pellets were discarded. 

 

2.10. Analytical methods 

2.10.1. OD600 measurement and cell weight determination 

Cell dry weights were determined by aliquoting 1ml of culture broth into pre-weighed 2ml 

microfuge tubes and then centrifuging at 13000rpm for 20 minutes. The supernatant was 

removed, and the microfuge tubes were centrifuged for a further 5 minutes at 13000rpm.  Any 

remaining supernatant was then removed and the microfuge tubes were re-weighed using a 770 

Balance (Kern & Sohn GmbH, Germany), to determine cell wet weight per ml of culture broth.  

The pellets were then incubated at 105⁰C in an OBT4 heating block (Grant Instruments, 

Royston) for 24-48 hours and reweighed to determine the cell dry weight per mL of culture 

broth.  The optical density was measured at 600nm using a Ultraspec 4330 pro 

spectrophotometer (Amersham, Buckinghamshire). Samples were diluted with phosphate 

buffered saline (PBS), pH7.2, as appropriate so the measured OD600 was in the linear range of 

the spectrophotometer.   

2.10.2. Cell lysate preparation 

1ml of culture broth was centrifuged using a 5415D Centrifuge (Eppendorf, Germany) in a 2mL 

microfuge tube at 13000rpm for 20 minutes. The supernatant was removed and transferred to 
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another microfuge tube and stored at -20°C.  The pellet was resuspended in 1ml of 10 mM Tris-

HCl pH 7.5, and was then subjected to three freeze-thaw cycles; the pellet was frozen at -80°C 

and then thawed at 40°C in a Sub6 water bath (Grant Instruments, Royston).  The resuspended 

pellets were then sonicated for 30 seconds at 5um amplitude using a Soniprep 150 plus (MSE 

(UK) Ltd., London, United Kingdom).  The sonicated samples were then centrifuged at 13000 

rpm for 20 minutes and the supernatant removed and stored at -20°C. 

2.10.3. SDS-PAGE analysis 

SDS-PAGE was performed on both supernatant and cell lysate samples.  25µL of 4x NuPAGE
®
 

sample buffer and 10µL of 10x NuPAGE
®
 reducing agent (Thermo Fisher Scientific, 

Massachusetts) were added to 65µL of sample and the resulting mixture was then incubated at 

90⁰C for 5 minutes in a MJ Research PTC-200 Thermal Cycler (GMI, Minnesota, USA) or 

70⁰C in an OBT4 heat block Grant Instruments, Royston, United Kingdom).  5-10µl of each 

sample and reference standard was loaded onto a NuPAGE
®
 Bis-Tris Mini Gel (Thermo Fisher 

Scientific, Massachusetts) in a Novex Xcell SureLock
TM 

Mini-Cell Electrophoresis System 

(Thermo Fisher Scientific, Massachusetts), containing 800mL of NuPAGE™ MES SDS 

Running Buffer (Thermo Fisher Scientific, Massachusetts); 5-10µL of SeeBlue
®
 Plus2 Pre-

stained standard (Thermo Fisher Scientific, Massachusetts) was also loaded onto the gel.  The 

gel was run at 200V (100-125 mA) for 35 minutes.  On completion of the run the gel was 

stained with Instant Blue stain (Expedeon, Cambridgeshire) for 2-3 hours on a shaking platform.  

The gel was photographed using a Molecular Imager
®
 Gel Doc™ EZ Imager with ImageLab3.0 

software (Bio-Rad, California).   

2.10.4. Octet
®
 RED384 titre analysis 

The titre of the dAb was quantified by Protein A binding affinity using an FortéBio Octet
®
 

RED38 (Pall Corporation, Port Washington).    The Octet
®
 RED384 uses Pall FortéBio’s 

proprietary Bio-Layer Interferometry (BLI) to measure the interaction between the Protein A 

sensors and the protein of interest (Pall, no date).  The Protein A sensors were equilibrated in 

either complex medium (extracellular samples) or 10mM Tris-HCl, pH 7.5 (intracellular 

samples) for 10 minutes and then placed into each sample for 120 seconds at 400rpm, 30⁰C; 

each sample was run in triplicate.    To quantify the dAb present in the samples a standard curve 

was generated from reference standard material provided by GSK; the material was diluted to 

10µg mL
-1

, 50µg mL
-1

, 100µg mL
-1

, 250µg mL
-1

, 500µg mL
-1

, 750µg mL
-1

 and 1000µg mL-1
 in 

the same matrix as the fermentation samples (complex media or Tris-HCl buffer, pH 7.5).  The 

standards and samples were analysed using the initial slope of the binding curve.  A 5-paraemter 

logistic regression equation was fitted to the standard curve. A new standard curve was 

generated for each assay (Appendix D. Figure D.1.) 
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2.10.5. Plasmid stability analysis 

100µL of culture sample was diluted in cell banking media by a factor of 10
-5

-10
-8

. These were 

plated out in duplicate onto LB agar plates with and without tetracycline (15 µg mL
-1

).  The 

plates were grown at 37⁰C for 18-48 hours in a Heraeus Kelvitron T Drying Oven (Thermo 

Fisher Scientific, Massachusetts, USA).  The number of colony forming units on each plate 

(CFUs) were counted.  The plasmid stability was calculated using Equation 2.1. 

 

                       
                     

                
         (2.1) 

 

 

2.10.6. Product quality analysis by HPLC-SEC 

2.10.6.1. Purification by Protein A chromatography 

Fermentation samples were purified by Protein A chromatography on a Tecan Freedom Evo
®
 

system with Infinite
®
 M200 Pro plate reader (Tecan, Switzerland).  10-40mL harvest samples 

were stored at -80⁰C at harvest and thawed prior to purification.  The samples were centrifuged 

after thawing using a Sovall Evolution RC Centrifuge (Thermo Fisher Scientific, 

Massachusetts) with a Sorvall SS-34 Centrifuge rotor (Thermo Fisher Scientific, Massachusetts) 

at 20,000 rpm for 30 minutes.  A protease inhibitor tablet and Benzonase
®
 (Merck, New Jersey) 

at a concentration of 25U mL
-1

 were added.  The samples were incubated at room temperature at 

150rpm for ~3 hours until the material could pass through a 500mL polyethersulfone (PES) 

0.22µm, 40cm
2
 membrane Stericup

®
 Filter Unit (Merck, New Jersey), or a Corning

®
 500mL, 

cellulose acetate (CA) 0.22µm, 33.2cm² membrane Vacuum Filter System (Corning, New 

York). 

The samples were then purified on the Tecan system using 200µL MabSelect SuRe
®
 

RoboColumns (GE Healthcare, Sweden).  The columns were equilibrated with 4 column 

volumes (CVs) of 55mM Tris base, 45mM acetic acid, pH 7.5 at a flow rate of 4.17µL s
-1

.  The 

columns were loaded with 5.5-6mL of load sample at a flow rate of 2.83µL s
-1

, and then washed 

with 5CVs of 55mM Tris base, 45mM acetic acid, 100mM sodium caprylate, 300mM sodium 

acetate, pH 7.5, at a flow rate of 4.17µL s
-1

 followed by 4CVs of 55mM Tris base, 45mM acetic 

acid, pH 7.5 at a flow rate of 4.17µL s
-1

.  The columns were eluted in 10 x 100µL fractions 

using 1.8mM sodium acetate, 28.2mM acetic acid, pH 3.6 at a flow rate of 2.83µLs
-1

.  After 

elution, the columns were regenerated using 4CVs of 0.5M sodium hydroxide at a flow rate of 
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HK 

G6P-DH 

8.33µL s
-1

, and the columns were stored in 20% ethanol.  The fractions were collected in an 

UV-STAR
®
 Microplate, 96-well plate (Greiner bio-one GmbH, Austria).  The fractions were 

pooled based on the protein concentration determined by the absorbance at 280nm measured 

using an Infinite
®
 M200 Pro plate reader.  The pooled samples were subsequently diluted in 

PBS, pH7.2 to 1 mg mL
-1 

to load onto the HPLC-SEC system for aggregate analysis (Section 

2.10.6.2). 

2.10.6.2. HPLC-SEC for aggregate analysis 

A standard GSK HPLC-SEC method was used to determine sample aggregate levels.  

10µL of sample was injected onto a TSKgel G2000SWXl, 7.8 x 300mm column with a 

particle size of 5µm, and a pore size of 125Å (Tosoh Biosciences, Japan).  A mobile phase 

of 100mM sodium phosphate (monobasic), 200mM NaCl, pH6.8, 5% n‐Propanol was used 

at a flow rate of 0.5mL min-1.  Protein content was detected by UV absorbance at a 

wavelength of 214nm.  Prior to analysis the samples were stored on an autosampler at 5⁰C 

± 3⁰C. 

2.10.7. Metabolite analysis  

Metabolite analysis was performed using a Cedex HT Bio Analyzer (Roche Diagnostics, 

Germany). The principles of the individual assays are described below in accordance with the 

manufacturer’s guidelines. 

2.10.7.1. Measurement of glucose concentration 

The glucose concentration was quantified based on the reaction scheme shown in Equations 2.2 

and 2.3 catalysed by hexokinase (HK) and glucose 6-phosphate dehydrogenase (G6P-DH).  The 

formation of NADPH was measured photometrically by UV-spectroscopy at a wavelength of 

340nm.  The production of NADH is directly proportional to the glucose concentration as 

shown in Equations 2.2 and 2.3.    

 

Glucose + ATP   Glucsoe-6-phosphate (G-6-P) + ADP   (2.2) 

 

G-6-P + NADP
+
   Gluconate-6-phosphate + NADPH + H

+  
(2.3) 
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AK 

PTA 

MDH 

CS 

2.10.7.2. Measurement of acetate concentration 

The acetate concentration was quantified based on the reaction scheme shown in Equations 2.4-

2.7 catalysed by acetate kinase (AK), phosphotransacetylase (PTA), citrate synthase (CS), and 

L-malate dehydrogenase (MDH).  The rate of NADPH was measured photometrically by UV-

spectroscopy at a wavelength of 340nm.   The oxalacetate produced in Equation 2.7. is used for 

the reaction catalysed by citrate synthase in Equation 2.6.  The production of NADH related to 

the to the acetate concentration as the presence of acetate will result in the consumption of the 

oxalacetate produced in Equation 2.4. and a shift in the reaction equilibrium towards NADH 

production.      

 

Aceatate + ATP   Acetylphosphate + ADP     (2.4) 

 

Acetylphosphate + CoA   Acetyl-CoA + Phosphate   (2.5) 

 

Acetyl-CoA + Oxalacetate + H2O   Citrate + CoA   (2.6) 

 

L-Malate + NAD
+
    Oxalacetate + NADH + H

+
   (2.7) 

 

2.10.7.3. Measurement of glycerol concentration 

The glycerol concentration was quantified based on the reactions shown in Equations 2.8 to 

2.10 catalysed by glycerol kinase (GK), glycerol 6-phosphate oxidase (GPO) and peroxidase 

(POD).  The 4-(p-benzoquinone-monoimino)-phenazone formed is a red dye that has an 

absorbance of 512nm. The increase in absorbance at 512nm, is directly proportional to the 

glycerol concentration as shown in Equations 2.8 to 2.10.   
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GK 

GPO 

POD 

 

Glycerol + ATP   Glycerol-3-phosphate + ADP    (2.8) 

 

Glycerol-3-phosphate + O2  dihydroxyacetone phosphate (DHA) + H2O2 (2.9) 

 

H2O2 + 4-aminoantipyrine (4-AAP) + 4-cholophenol (4-CP)    

  

4-(p-benzoquinone-monoimino)-phenazone      (2.10) 

 

 

2.11. Statistics 

2.11.1. Standard deviation 

The standard deviation (s) was calculated using Equation 2.11. 

    
         

     
          (2.11) 

 

2.11.2. Coefficient of variance (CV) 

The coefficient of variance (CV) was calculated using Equation 2.12. 

     
 

  
               (2.12) 
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Chapter 3: Evaluation of fed-batch options in microwell scale fermentations  

 

3.1. Introduction and aim 

Recent trends in upstream bioprocess development are towards high throughput screening using 

microbioreactors (Section 1.5). These allow for large quantities of process information to be 

generated earlier in the development process and at a lower cost.  Quality by Design (QbD) 

principles can also be implemented allowing for the translation of more efficient and robust 

processes to manufacturing scale (Section 1.5.). 

 

When miniature bioreactors were first commercialised in the mid 2000s (Table 1.2.), they were 

only capable of batch operation despite the fact that most industrial fermentation processes 

operate in fed-batch mode.  More recently (2017), the first miniature bioreactors with a feeding 

capacity were commercialised.  Table 1.3 summarises the miniature bioreactors currently 

available and the feeding mechanism of each.  The microbioreactor system used in this work  

consists of 24 miniature bioreactors with a working volume of 3-7mL (Pall Corporation, 2012).  

Each well has independent DO, pH and temperature and agitation is via orbital shaking control 

(Section 2.4.); however, it does not have a built-in feeding capacity.  

 

The aim of this chapter was to investigate fed-batch options for high cell density E. coli cultures 

at the microwell scale.  In this work two feeding strategies were implemented to microwell scale 

E. coli fermentations for domain antibody production.  The first method investigated was in situ 

feeding by the enzymatic release of glucose from a polysaccharide polymer as described in 

Section 1.7.2. This avoids the requirement for a physical feed delivery system.  The second 

method was the development of a bespoke feed delivery system for direct addition of feed 

solutions into individual microwells (Section 1.7.2.2.). The performance of the two methods 

was compared to a 1L scale fed-batch fermentation process previously developed for the 

expression system studied. 

 

3.2. 1L scale batch and fed-batch fermentations of a w3110 E. coli strain producing a 

domain antibody (‘platform process’) 

A dAb production process established at laboratory, pilot and manufacturing scales was used as 

a benchmark for the implementation of fed-batch feeding strategies at the microwell scale.  In 

the current workflow, screening of E. coli strains is performed at microscale in batch mode.  
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The best clones identified by these screening experiments are then run at 1L scale in fed-batch 

mode to establish the optimum fermentation conditions to be transferred to pilot and 

manufacturing scales.   Implementation of feeding at microscale would enable generation of 

large amounts of process optimisation data under industrially relevant conditions, reducing the 

number of laboratory scale experiments required.  To fully understand the dAb production 

process to be scaled-down to Micro-24 scale, batch and fed-batch fermentations were performed 

at 1L scale under platform process conditions.  The strain used for all fermentations in this 

thesis was a w3110 E. coli strain producing a dAb protein provided by Biopharm Process 

Research, GSK, Stevenage.    

3.2.1. 1L batch fermentations 

Three 1L batch fermentations were run in parallel under platform conditions as described in 

Section 2.3.  The cultures were induced in the early exponential phase at an OD600 value of 1.2-

1.4.  Figure 3.1(a) shows that upon induction with IPTG, cell growth was severely retarded until 

approximately 20 hours post-induction. Also, SDS-PAGE analysis showed that both 

intracellular and extracellular dAb expression was minimal throughout the cultures (Figure 3.2).  

After around 25 hours the cells began to grow rapidly; this is most likely due to degradation of 

the tetracycline antibiotic initially added to the medium resulting in plasmid loss from the cells.   

As shown in Figure 3.2 the dAb was not produced during this second growth phase.  Figure 

3.1(b) shows the corresponding on-line process data.  A rapid decrease in the DO was seen in 

the first 5 hours and at around 20 hours corresponding to the two separate stages seen in the 

growth curves. In each case the bioreactor control software responds with changes in agitation 

speed and/or gas flow rate to maintain the DO at the set point of 30%.   

Factors such as the cell bank, IPTG batch and IPTG concentration were investigated as potential 

causes of the retardation of cell growth and minimal product expression post-induction; 

however none of these modifications improved cell growth or dAb expression (data not shown).  

It was hypothesised that the retardation of cell growth was due to product toxicity or a 

metabolic shift towards product expression over cell growth.  As the cultures were induced in 

the early exponential phase, with either scenario there was insufficient biomass for detectable 

dAb expression.  The inhibition of cell growth upon induction due to the metabolic burden of 

recombinant protein production has been well documented (Dong, Nilsson and Kurland, 1995; 

Heyland, Blank and Schmid, 2011; Lecina et al., 2013).  Toxicity effects of recombinant 

proteins leading to inhibition of cell growth have also been widely reported (Doherty, Connolly 

and Worrall, 1993; Dong, Nilsson and Kurland, 1995; Miroux and Walker, 1996; Dumon-

Seignovert, Cariot and Vuillard, 2004; Rosano and Ceccarelli, 2014).  
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(a) 

Figure 3.1. 1L batch culture kinetics of w3110 E. coli producing a dAb protein. (a) Cell 

growth profiles: OD600 (■), WCW (●) and DCW (▲), induction with IPTG (black arrow). 

(b) DO control: DO is indicated by the blue line, stirrer speed (N) is indicated by the red line, 

air flow rate is indicated by the solid black line, and oxygen flow rate is indicated by the 

dashed black line.  The fermentations were performed as described in Section 2.3.2.  The 

cultures were induced at 5.2 hours at OD600 values of 1.2-1.4.  The DO, pH and temperature 

set points were 30%, pH7 and 30⁰C respectively.  The error bars represent one standard 

deviation from the mean (n=3). 

Figure 3.2. SDS-PAGE analysis of 1L batch cultures of w3110 E. coli producing a dAb 

protein. (a) extracellular dAb, and (b) intracellular dAb.  The fermentations were performed as 

described in Figure 3.1 and SDS-PAGE was run as described in Section 2.10.3.  Lane order: 

Lane1- SeeBlue
®
 Plus2 Pre-stained molecular weight ladder, Lane 2-dAb reference standard 

(1 g L
-1

), Lane 3-blank, Lanes 4,5,6 -24 hour samples, and Lanes 7,8,9-50-hour samples.  The 

loading volume was 10µL.  
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3.2.2. 1L Fed-batch fermentations 

Three 1L fed-batch fermentations were run in parallel.  The batch phase of the cultures was 

performed as described in Section 3.2.1., with the exception that the cultures were not induced 

in the early exponential phase.  At the end of the batch phase, feeding at a flow rate of 6 mL h
-1

 

was triggered by a spike in the DO (60%) at 12-13 hours, corresponding to the exhaustion of the 

glycerol present in the medium (Figure 3.3(a) and (c)). The cultures were induced after six 

hours of feeding at a DCW of 34-36 g L
-1

; at induction the feed rate was reduced to 3.5 mL h
-1

  

and the fermentations were continued for a further 46 hours (Figure 3.3). 

The cells grew rapidly in the initial batch phase; this corresponds to the consumption of the start 

concentration of glycerol in the media (Figures 3.3(a)).  There was an increase in the oxygen 

flow rate at the end of the batch phase corresponding to the high oxygen uptake rate (Figure 

3.3(c)).  After feeding was triggered by the DO spike, the growth rate dropped as a result of the 

controlled glycerol addition (Figure 3.3(a)).  The oxygen flow rate dropped post-induction as a 

result of the lower metabolic activity during product formation (Figure 3.3(c)).  In terms of dAb 

titre, Figure 3.3(b) shows that dAb production occurred from approximately 3 hours post-

induction, and dAb movement into the culture media was observed from around 10 hours post-

induction.  At harvest the total titre was 1.7 g L
-1

 and 68% of the dAb produced was 

extracellular. 

In comparison to the batch fermentations (Section 3.2.1.) the maximum biomass concentration 

increased by approximately 75% (Table 1).  The total dAb titres achieved were 1.3-2 g L
-1

, 

significantly higher than the batch cultures where product expression was minimal (Table 3.1); 

this supports the hypothesis that the low induction biomass concentration was the reason for the 

lack of product expression.  Also, no further cell growth was observed post-induction in the fed-

batch cultures (Figure 3.3(a)), which is consistent with the low cell growth in the batch cultures 

post-induction (Figure 3.31(a)).  The glycerol concentration was minimal during feeding, 

indicating that cell growth and product expression were carbon-limited, minimising the 

generation of inhibitory by-products such as acetate (Figure 3.3(a)).  

Overall, these 1L batch and fed-batch fermentation data indicate that: (a) achieving a sufficient 

pre-induction biomass concentration, and (b) having a feeding strategy that allows for 

continuous controlled feeding are key factors in achieving high dAb titres.  These will need to 

be accurately mimicked in the scale-down microwell fermentation processes. 
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Figure 3.3. 1L fed-batch cultures of w3110 E. coli producing a dAb protein. (a) Cell growth 

and glycerol profiles: OD600 (■ with solid line), WCW (● with solid line), DCW (▲ with solid 

line), glycerol (▼ with dashed line).  Phase 1 is the batch phase, phase 2 is the pre-induction 

fed-batch phase, and phase 3 is the post-induction fed-batch phase.  (b) dAb titres by Octet
®
 

RED384: Extracellular (■ with solid line), intracellular (● with solid line) and total (▲ with 

solid line). (c) Online profiles:  DO is indicated by the blue line, stirrer speed (N) is indicated 

by the red line, air flow rate is indicated by the solid black line, and oxygen flow rate is 

indicated by the dashed black line.  The DO spike that triggered the feeding is indicated by the 

black dotted ring.  The fermentations were performed as described in Section 2.3.2, and the 

analytical assays were carried out as described in Section 2.10.  Feeding was triggered by a 

spike in the DO at 12-13 hours.  The cultures were induced at 18 hours at OD600 values of 73-

77.  The DO, pH and temperature set points were 30%, pH7 and 30⁰C respectively.  The error 

bars represent one standard deviation from the mean (n=3). 
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3.3. Implementation of microwell fed-batch fermentations 

3.3.1. Microwell fed-batch cultures with in situ feeding using the EnPresso
®
 B growth system 

3.3.1.1. Glucose release kinetics from the EnPresso
®
 B growth system 

The first feeding strategy investigated was in situ feeding by the enzymatic release of glucose 

from a polysaccharide polymer (Section 1.7.2.1) using the EnPresso
®
 B growth system.  This 

growth system consists of media containing a polysaccharide polymer, and a glycoamylase 

enzyme that breaks down the polysaccharide polymer to glucose.  The glucose release rate can 

be controlled by the glucoamylase concentration added to the culture.  In situ feeding is an 

attractive option for feeding at microscale as it does not require a physical method of feed 

delivery, however is does require a change in media composition compared to the existing 

platform process.  Furthermore, the scalability of in situ feeding is questionable due to the cost 

and availability of the reagents at large scale and the limited process control compared to direct 

feeding. 

To determine the maximum glucose concentration attainable within a reasonable timeframe, and 

the minimum glucoamylase concentration required to achieve this, shake flask and 

microbioreactor incubations were performed in the absence of cells.  Initial investigations were 

performed in shake flasks so there was a sufficient volume of media for multiple samples to be 

taken for glucose concentration analysis (Section 2.10.7.1).  Figure 3.4(a) shows the glucose 

release rate in shake flasks over a 24-hour period, using glucoamylase concentrations of 0, 1.5, 

3 and 6 U L
-1

.   The glucoamylsae concentrations investigated were selected based on the 

manufacturer’s recommendation of 1.5 U L
-1

. 

Glucose release was linear for the duration of the 24-hour incubation period with all the 

glucoamylase concentrations investigated (Figure 3.4(a)); this suggests that the maximum 

glucose release was not achieved.  Figure 3.4(b) shows that the glucose release rate increased 

linearly with glucoamylase concentration, indicating that at all enzyme concentrations tested the 

polysaccharide polymer was in excess.  The equation of the line fitted to the data in Figure 

3.4(b) was used to estimate the required glucoamylase concentration to achieve a glucose 

release matching the pre-induction glycerol consumption at 1L scale. The average pre-induction 

glycerol consumption rate at 1L scale was estimated to be 2.84 g L
-1

 h
-1

 based on the total 

amount of glycerol consumed at induction (Figure 3.3(a)); therefore the required glucoamylase 

concentration was approximated to be 53.4 U L
-1

.  Extrapolation of Figure 3.4(b) assumes that 

the glucoamylase concentration remains the rate limiting factor and that the polysaccharide 

polymer is always in excess.  However, it is likely the graph will plateau as the concentration of 

the polysaccharide polymer becomes rate-limiting.  Consequently, 30 U L
-1

 was selected as the 

maximum glucoamylase concentration tested in the microbioreactor.   
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The glucoamylase concentrations tested in the microbioreactor were 6, 18, 30 U L
-1

, and a 0 U 

L
-1

 control.  Five wells at each glucoamylase concentration and 4 control wells were run in 

parallel, and two wells were sampled at each time point.  At glucoamylase concentrations of 18 

U L
-1

 and 30 U L
-1

 a maximum glucose concentration of 18-20 g L
-1

 was achieved in the 66-

hour incubation period (Figure 3.4(c)); this indicates that the maximum amount of glucose that 

can be released from the polysaccharide polymer is around 20 g L
-1

.  At glucoamylase 

concentrations of 0 U L
-1

 and 6 U L
-1

 the initial glucose release rates were comparable in shake 

flasks and the microbioreactor as indicated by the solid lines in Figure 3.4(c).  These initial 

experiments suggested that 18 U L
-1

 is likely to be the optimum pre-induction glucoamylase 

concentration; therefore the microbioreactor cultures were performed at 6, 18 and 30 U L
-1

.   

Figure 3.4(d) shows the glucose release rate with a glucoamylase concentration of 18 U L
-1

 and 

the glycerol consumption rate in the 1L scale fed-batch process. This indicates that the 

maximum glucose release rate is likely to be insufficient to maintain the high cell densities 

required for high volumetric productivity. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 



  

- 79 - 
 

0 5 10 15 20 25

0

1

2

3

4

5

6

7

8

9

[G
lu

c
o
s
e
] 
(g

 L
-1

)

Time (h)

0 5 10 15 20 25 30 35 40 45 50 55 60 65

0

20

40

60

80

100

120

140

160

180

[G
ly

c
e
ro

l]
/ 

[g
lu

c
o
s
e

] 
(g

 L
-1

)

Time (h)

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

  

 

(c) 

0 1 2 3 4 5 6 7

0.00

0.05

0.10

0.15

0.20

0.25

0.30

0.35

G
lu

c
o
s
e
 r

e
le

a
s
e
 r

a
te

 (
g
 L

-1
 h

-1
)

[Glucoamylase] (U L-1)

0 5 10 15 20 25 30 35 40 45 50 55 60 65

0

2

4

6

8

10

12

14

16

18

20

[G
lu

c
o

s
e

] 
(g

 L
-1

)

Time (h)

Figure 3.4. Glucose release from the EnPresso
®
 B growth system in shake flasks and the Micro-

24. (a) Glucose release in shake flasks using glucoamylase concentrations of 0 U L
-1 

(▼)1.5 U L
-

1
 (■), 3 U L

-1
 (●) and 6 U L

-1 
(▲).  Each glucoamylase concentration was run in duplicate, and 

two runs were performed to generate glucose release profiles over a 24-hour period. (b) Glucose 

release rate in shake flasks with increasing glucoamylase concentration. (c) Glucose release in 

the Micro-24 using glucoamylase concentrations of 0 U L
-1 

(■), 1.5 U L
-1

 (●), and 6 U L
-1 

(▲), 18 

U L-1 (▼) and 30 U L
-1

 (♦). (d) Glucose release in the Micro-24 using a glucoamylase 

concentration of 18 U L-1 (●), and glycerol consumption in a typical 1L scale process (■).  The 

solid black lines indicate the initial glucose release rate.  Five wells of each glucoamylase 

concentration were run in parallel (four at 0 U L
-1

), and two wells were sampled at each time 

point.  The shake flask and Micro-24 incubations were carried out as described in Section 2.5.1.  

Solid lines in (a), (b) and (c) were fitted by linear regression. 

(a) 

(d) 

(b) 
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3.3.1.2. Micro-24 fed-batch cultures using the EnPresso
®
 B growth system 

Initial fed-batch cultures were performed without induction to determine the maximum biomass 

concentration attainable using the EnPresso
®
 B growth system, and the minimum glucoamylase 

concentration required to achieve this during an overnight culture (14-24 hours).  The acetate 

concentration was also monitored as it has been widely reported that a high acetate 

concentration can be detrimental to cell growth and product expression (Xu, Jahic and Enfors, 

1999; Enjalbert et al., 2015; Anane et al., 2017).   

Figure 3.5(a) shows that at both 18 U L 
-1

 and 30 U L
-1

 of glucoamylase, a maximum OD600 

value of 17-20 was achieved within 24 hours, whereas at 6 U L
-1

 a maximum OD600 value of 9-

11 was achieved.  The final biomass concentrations at 18 U L
-1

 and 30 U L
-1

 were also 

comparable at approximately 6 g L
-1 

(Figure 3.5c).  This suggests that at glucoamylase 

concentrations above 18 U L
-1

 the glucose release rate stops being growth rate limiting.  A low 

glucose release rate, and therefore cell growth rate, was observed in the absence of 

glucoamylase (Figure 3.5); a final biomass concentration of 4.8 g L
-1

 was achieved (Figure 

3.5b).  In the absence of cells, glucose release was shown to be minimal over a 66-hour period 

(Figure 3.4c), suggesting that the observed glucose release can be attributed to the presence of 

cells, possibly due to a native glucoamylase enzyme secreted by the cells or released by cell 

lysis.   

The glucose concentration profiles (Figure 3.5(c)) show that with a higher glucoamylase 

concentration there was a greater accumulation of glucose in the media in the early stages of the 

cultures.  The rate of the subsequent glucose consumption was also greater; a higher maximum 

growth rate (µmax) is possible with a higher glucose concentration, until the glucose 

concentration reaches inhibitory levels.  An accumulation of acetate was seen at all three 

glucoamylase concentrations (Figure 3.5(d)).  The maximum acetate concentration appears to be 

similar for 18 U L
-1

 and 30 U L
-1

 at approximately 1.6 g L
-1

 at 10 hours.  At 14-hours the acetate 

concentration was higher at 30 U L
-1

 at 1.10 g L
-1

, compared to 0.4 g L 
-1

 at 18 U L
-1

.  This 

suggests that between 10 and 14 hours the acetate production rate is greater at 30 U L
-1

, which 

is consistent with the greater glucose consumption rate at 30 U L
-1 

(Figure 3.5(c)); the 

comparable cell growth to of cultures at 18 U L
-1 

and 30 U L
-1

 also indicates a greater amount of 

overflow metabolism at 30 U L
-1 

(Figure 3.5(a) and (b)).  

There was good consistency between the six replicates taken at 23 hours and 39 hours in terms 

of cell growth, with CVs of 1-11% for the OD600 values, at all glucoamylase concentrations.  

The controlled growth rate enabled maintenance of the DO and pH at set point for most of the 

culture duration without the need for activation of the microbioreactor and DO control loops 

(Figure 3.5(e)).  The microbioreactor DO control was operational from approximately 9-11 

hours at 6 U L
-1

, and from approximately 9-14 hours at 18 U L
-1

 and 30 U L
-1 

(Figure 3.5(e)).  
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The effect of using double concentrated media on cell growth was also investigated (Figure 3.6).  

There was an improvement in the final biomass concentration using the double concentrated 

media, with a maximum biomass concentration of 11 g L
-1

 at both 18 U L
-1

 and 30 U L
-1

 

glucoamylase addition, compared to 6 g L
-1

 with single concentrated media (Figure 3.6(a)).  

However, there was no significant improvement in the initial growth rate; at 14 hours, the OD600 

values were 15-18 for both media concentrations at glucoamylase concentrations of 18 U L
-1

 

and 30 U L
-1

 (Figure 3.6(b)).  The lack of improvement in the initial growth rate with a higher 

starting concentration of the polysaccharide polymer could be attributed to the increase in the 

media viscosity.  An increase in viscosity would have a detrimental effect on mixing and 

oxygen transfer (Sections 1.4 and 5.2).  There was also a greater accumulation of glucose and 

acetate during the early stages of the culture at all glucoamylase concentrations using the double 

concentrated media, which is consistent with greater overflow metabolism (Figure 3.6(c) and 

(d)). 

A pre-induction glucoamylase concentration of 18 U L
-1

 was used for all subsequent induced 

cultures as the maximum biomass was achieved at 14-18 hours (Figure 3.5a); this allowed for 

the pre-induction phase to be run overnight.  Also, the acetate concentration of approximately 

0.4 g L
-1

 at 14-18 hours was comparable to the pre-induction acetate concentration at 1L scale 

of 0.2 g L
-1 

(Section 4.7, Figure 4.6(b)).  Single concentrated media was used as there was no 

improvement in the initial growth rate using double concentrated media, and there was an 

increase in acetate accumulation. 

The cultures were induced using IPTG at 14 hours as described in Section 2.5.2.  A bolus of 

glucoamylase at either 0, 1.5, 6 or 18 U L
-1

 and a ‘booster solution’ containing additional 

polysaccharide substrate and nutrients was also added to each well.  The cultures were then 

grown for a further 24 hours.  Eight wells were harvested at 14-hours and the remaining sixteen 

were induced.  Figures 3.7(a) and (b) show that cell growth was comparable at all post-

induction glucoamylase concentrations, which suggests the glucoamylase was in excess and the 

amount of polysaccharide polymer was growth rate limiting.  Also, the glucose and acetate 

concentration profiles post-induction were consistent for all post-induction glucoamylase 

concentrations, and the cultures without any further glucoamylase additions (Figure 3.7(c) and 

(d)).  This further indicates that the glucoamylase was in excess, and therefore subsequent 

glucoamylase additions did not influence cell growth or product expression.  There was 

approximately a 50% increase in biomass concentration between 14 and 24 hours, and after 24 

hours the biomass concentration gradually declined (Figures 3.7(a) and 3.7(b)).    Cell growth 

post-induction was not observed at 1L scale.  This indicates that the low rate of product 

formation in a consistent manner using in situ feeding allows for dAb expression and cell 

growth to occur simultaneously, due to either a reduction in the metabolic burden of protein 

expression, or reduced product toxicity effects.   
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Figure 3.8 shows dAb production using the EnPresso
®
 B growth system.  The maximum total 

titre at 39 hours was approximately 0.25 g L
-1

 at all post-induction glucoamylase concentrations, 

and without any further glucoamylase addition at induction.    Figure 3.9 shows an SDS-PAGE 

gel of duplicate samples from cultures at each glucoamylase concentration.  It is apparent that 

there was variation in dAb expression between duplicate wells; therefore the variation in dAb 

production in Figure 3.8 is likely to be due to well-to-well variation rather than an effect of the 

post-induction glucoamylase concentration.  Specific productivities (SPRs) at harvest were 

comparable to the 1L scale fed-batch process (Table 3.1).  However, due to the limited glucose 

release rate the maximum biomass concentration was insufficient to achieve the high cell 

density cultures required for comparable volumetric productivities. 
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Figure 3.5. Micro-24 fed-batch, non-induced cultures of the w3110 E. coli producing a dAb 

protein using the EnPresso
®
 B growth system. (a) OD600 values of cultures with a 

glucoamylase concentration of 0 U L
-1 

(■), 6 U L
-1

 (●), 18 U L
-1

 (▲) and 30 U L
-1 

(▼). (b) 

DCW values at 23 hours and 39 hours for each glucoamylase concentration tested. (c) Soluble 

glucose concentrations for glucoamylase concentrations of 0 U L
-1 

(■), 6 U L
-1

 (●), 18 U L
-1

 

(▲) and 30 U L
-1

 (▼). (d) Acetate concentration for glucoamylase concentrations of 0 U L
-1 

(■), 6 U L
-1

 (●), 18 U L
-1

 (▲) and 30 U L
-1

 (▼). (e) DO cultures with glucoamylase 

concentrations of 0 U L
-1 

(grey line), 6 U L
-1

 (red line), 18 U L
-1

 (blue line) and 30 U L
-1

 

(green line).  The DO, pH and temperature set points were 30%, pH7 and 30⁰C respectively.  

Five wells of each glucoamylase concentration were run in parallel (four at 0 U L
-1

), and two 

wells were sampled at each time point.    The Micro-24 cultures were carried out as described 

in Section 2.5.2, and the analytical assays were carried out as described in Section 2.10.  Error 

bars represent one standard deviation from the mean (n = 6). 
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Figure 3.6. Micro-24 fed-batch, non-induced cultures of w3110 E. coli producing a dAb protein 

using the EnPresso
®
 B growth system (2 x concentrated). (a) DCW at harvest, (b) OD600 values at 

14 hours, (c) glucose concentration at 14 hours, and (d) acetate concentration at 14 hours.  Five 

wells of glucoamylase concentrations of 0 U L
-1

, 18 U L
-1

 and 30 U L
-1

, were run in parallel (four 

at 0 U L
-1

), and two wells were sampled at each time point.  The Micro-24 cultures were carried 

out as described in Section 2.5.2, and the analytical assays were carried out as described in 

Section 2.10. Error bars in (a) represent one standard deviation from the mean (n = 5). 
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Figure 3.7. Micro-24 induced fed-batch cultures of w3110 E. coli producing a dAb protein 

using the EnPresso
®
 B growth system. (a) OD600 values of cultures with post-induction 

glucoamylase concentrations of 0 U L
-1 

(■), 1.5 U L
-1

 (●), 6 U L
-1

 (▲) and 18 U L
-1 

(▼). (b) 

DCW values of cultures with a post-induction glucoamylase concentration 0 U L
-1 

(■), 1.5 U L
-

1
 (●), 6 U L

-1
 (▲) and 18 U L

-1 
(▼). (c) Glucose and acetate concentration of cultures with 

post-induction glucoamylase concentrations of  0 U L
-1 

(■), 1.5 U L
-1

 (●), 6 U L
-1

 (▲) and 18 U 

L
-1

 (▼).    The glucose concentration is indicated by the solid lines and the acetate 

concentration is indicated by the dashed lines.  Six wells of each post-induction glucoamylase 

concentration were run in parallel.  Eight wells were sampled at 14.3 hours, and two wells of 

each glucoamylase concentration were sampled at 22 and 39 hours.  The Micro-24 cultures 

were carried out as described in Section 2.5.2, and the analytical assays were carried out as 

described in Section 2.10.  The error bars at 14.3 hours represent one standard deviation from 

the mean (n = 8) 
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Figure 3.8. dAb titres of  Micro-24 induced fed-batch cultures of w3110 E. coli using the 

EnPresso
®
 B growth system, with post-induction glucoamylase concentrations of 0 U L

-1 
(■), 1.5 

U L
-1

 (●), 6 U L
-1

 (▲) and 18 U L
-1

 (▼). (a) Extracellular titre, (b) intracellular titre, (c) total 

titre.  Six wells of each post-induction glucoamylase concentration were run in parallel, and two 

wells were sampled at each time point.  The Micro-24 cultures were carried out as described in 

Section 2.5.2, and the Octet
®
 RED384 titre assays were carried out as described in Section 

2.10.4. 
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3.3.2. Micro-24 fed-batch cultures by direct feeding 

To achieve the high cell densities that were not feasible by in situ feeding, direct feeding was 

implemented to the microbioreactor using a 12-channel syringe pump.  Initially six fed cultures 

were set up as described in Section 2.6.1.2.  Six 3mL syringes were filled with glycerol feed and 

1/16 inch internal diameter platinum cured silicon tubing was attached to each syringe using 

luer connectors.  A 21G 1.5 inch hypodermic needle was attached to the opposite end of the 

tubing.  Each needle was pushed through a well cap into an individual well.  These initial 

experiments revealed that due to the high shaking speeds of the microbioreactor, the needles and 

caps were not secure in the cassette.  Also, reinserting the needles in the same position after 

sampling was difficult, and could have compromised sterility.  To address these issues, a 

bespoke device was developed to secure the needles and caps to the cassette.   

3.3.2.1. Devolvement of a bespoke feeding device  

Figures 3.12(a) and (b). Show the first version of the feeding device.  The device comprised of 

an aluminium plate with one hole for the Micro-24 cap filter and a second smaller hole to house 

the feed line needle.  This device secured the caps to the cassette due to the weight of the plate; 

however there was still some movement of the needles in the caps.  The first version of the 

MW 

(KDa) 

Figure 3.9. SDS-PAGE gels of extracellular samples from Micro-24 fed-batch cultures of 

w3110 E. coli producing a dAb protein using the EnPresso
® 

B growth system.  The 

fermentations were performed as described in Section 2.3 and SDS-PAGE gel was run as 

described in Section 2.10.3.  Lane order: Lane1- SeeBlue
®
 Plus2 Pre-stained standard, Lane 2-

dAb reference standard (1 g L
-1

), Lanes 3 and 7- 0 U L
-1 

samples, Lanes 4 and 8- 1.5 U L
-1

 

samples, Lanes 5 and 9- 6 U L
-1

 samples, and Lanes 6 and 10- 18 U L
-1

 samples.  The loading 

volume was 8µL.  
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feeding device was used to perform initial fed-batch cultures (Figures 3.10 and 3.11).  Initially 

six wells were run in parallel.  The 1L scale platform fed-batch process was replicated; the same 

temperature, pH and DO set points and volumetric feed rates were used as described in Section 

2.3.2.  However, the feeding was started manually at 15 hours, when an apparent spike in the 

DO was observed along with a drop in the oxygen flow, as a DO triggered feed start is not 

possible in microbioreactor control software.  Six non-fed cultures were also run as a control.  

These cultures were induced at the same time as the fed cultures i.e. at the end of the batch 

phase.  There was a loss of pH control in one of the six wells at approximately 13 hours prior to 

feeding, so cell growth and dAb titre data was generated for five fed cultures.  The biomass 

concentration (DCW) attained in the fed cultures was 68% higher than the non-fed cultures 

(Figures 3.10a and b), and 5-fold higher than the fed-batch cultures using in situ feeding. This 

confirms that the low biomass concentrations achieved using the EnPresso
®
 B growth system 

was due to the limited glucose release rate and not the oxygen transfer and mixing capabilities 

of the Micro-24. 

In comparison to the 1L scale process, the initial growth rate in the batch phase was lower in the 

microbioreactor; the DO spike occurred approximately 3 hours later in the microbioreactor at 15 

hours (Figure 3.11(b)).  This is likely to be due to the enhanced kLa of the 1L vessels compared 

to the microbioreactor (Section 5.2).  In both cases the maximum biomass concentration was 

achieved at induction after 6 hours of feeding; induction of the 1L scale and microbioreactor 

processes was at 18 hours and 21 hours respectively.  The final DCW of the microscale fed-

batch cultures was around 90% of the 1L scale process (Table 3.1), demonstrating the potential 

for high cell density cultures using the microbioreactor by direct feeding.   

Figure 3.10(c) shows the harvest dAb titre and harvest volume of each well.  There was 

significant variation in the titres, with the total titres ranging from 0.04 to 0.71 g L
-1

.  This 

suggests that there may have been variation in the feed additions between wells.  The culture 

volumes at harvest were also inconsistent; the wells with lower product expression also had a 

lower volume at harvest confirming an issue with feed delivery.  Another factor that may have 

contributed to the variation in the harvest volumes and titres is differences in evaporation rates 

between wells. Evaporation is unlikely to be significant in batch cultures; however it is an 

important consideration in fed-batch cultures at microscale due to the extended culture times 

and high surface area-to-volume ratio (Silk et al., 2010; Wiegmann, Martinez and Baganz, 

2018). 

Figure 3.11 shows example online profiles of the non-fed (a) and fed (b) cultures.  There was a 

period of oxygen limitation at the end of the batch phase (12-15 hours) when the oxygen 

demand was greatest.  There were also significant oscillations in the DO profile during feeding, 

which are likely to be due to dropwise feed addition (Figure 3.12(b)).  The low feed rates 
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required using the microbioreactor meant that a feed droplet formed at the end of the needle and 

eventually fell into the culture broth due to gravity; this occurred at 1 drop every 3-8 minutes 

(Section 4.5).  Therefore, the oxygen demand of the cells would have oscillated during the 

cultures.   

Overall these initial fed-batch cultures demonstrated that biomass concentration and 

productivity can be enhanced by implementation of feeding to the microbioreactor.  However, it 

also showed that there were significant challenges that needed to be addressed.  The key 

challenges identified were the improvement of well-to-well reproducibility, improvement of the 

DO control, and maintenance of sterility.  Factors that were identified as possible causes of the 

well-to-well variation were leakage at the connectors, the accuracy of the syringe pump at the 

low flow rates required, and variation inherent to the microbioreactor, such as gassing and 

evaporation rate across the cassette.   

To secure the needles to the microbioreactor cassette, a new feeding device that clamped the 

feed lines to the Micro-24 cassette was developed (Figure 3.12).  The first iteration of the new 

feeding device design (Version 2) is shown in Figures 3.12(c), (d) and (e).    The device was 

designed to accommodate twenty-four feed lines, to secure the needles and caps to the device, 

and to be autoclavable.  The device was fabricated out of aluminium to facilitate autoclaving.  

The needles were secured in to the device by a top plate that was screwed on top of the 

connectors after the needles had been inserted (Figure 3.12(c) and (d)).  Although this addressed 

the issue of securing the feed line to the cassette, the complexity of the device meant that 

sampling was impractical; the time to disassemble the device, perform the required 

manipulations i.e. sampling and liquid additions, and then reassemble to plate was typically 45-

60 minutes.  During this time the cells were without DO, pH or temperature control, which 

appeared to negatively impacted cell growth, as only using the bottom plate of the device to 

simplify the assembly process improved cell growth (Figure 3.13(a)).  Removing the top two 

plates significantly reduced sampling times; however the feed lines were not completely secure 

in the device.  Also, the device was relatively heavy at 429 grams and there was concern this 

may cause damage to the microbioreactor shaker motor.   

Version 3 of the feeding device was similar to Version 2.  The top plate was replaced with 

adjustable clamps so it was simpler to take feed lines in and out the device.  Also, the diameter 

of the holes to accommodate the microbioreactor cap filters were reduced slightly so that the 

caps would be lifted out the microbioreactor cassette along with the feeding device, eliminating 

the need for the device to be disassembled and reassembled during sampling.  Version 3 of the 

device was fabricated from acrylic to reduce the weight, however the acrylic became deformed 

in the autoclave so was not used for any fermentations.   
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Version 4 of the feeding device was identical to Version 3 with the exception that it was 

fabricated from Polytetrafluoroethylene (PTFE), with stainless steel spacers so that it was 

autoclavable (Figure 3.12(f )and (g)).  Also, since PTFE is relatively soft, an additional four 

spacers were required to support the top of the device (Figure 3.13(f) and (g) and Appendix B 

Figures B.1-B.4).  The sampling time was significantly reduced from 45-60 minutes to 10-20 

minutes using Version 4 of the feeding device.  Simplification of the sampling procedure also 

meant that it was straightforward to run twelve cultures simultaneously.  To further reduce the 

sampling time the syringe pump and feeding device were transported together to the laminar 

flow hood, as opposed to removing the syringes from the syringe pump and then replacing them 

after sampling.  Furthermore, the feeding system was assembled at the start of run prior to 

inoculation, rather than at the end of the batch phase prior to feeding.  This reduced sampling 

time to 5-15 minutes depending on the number of samples to be taken and liquid additions 

required.  However, Version 4 was still quite heavy at 374 grams as PTFE has a high density at 

2.2 g m
-3

 (Wypych, 2016), and after repeated runs this started to cause problems with the 

microbioreactor shaker motor.  Also, because PTFE is relatively soft the orbital shaking caused 

the screws holding the plates and spacers together to come loose.  

Figure 3.13 shows cell growth kinetics using Version 1, Version 2, the bottom plate of Version 

2, and Version 4 of the feeding device.    The harvest DCWs varied considerably between the 

different versions of the feeding device (Figure 3.13(b)), however there was also variation in the 

OD600 values pre-feeding (Figure 3.13(a)), indicating that at least some of the variation was 

unrelated to feed delivery.  This could be due to the inherent variability of the microbioreactor, 

or related to the process such as the media composition or seed culture conditions.  Wells were 

excluded if there was a loss in DO or pH control, if there was excessive foaming, or leakage at 

the connectors.   Figure 3.13 shows that there was not a significant improvement in the 

reproducibility between versions of the feeding device.  Therefore, other factors such as the type 

of tubing, type of connectors and the feed rate/concentration were investigated (Chapter 4). 

To reduce the mass of plate and eliminate the need for the use of metal spacers and screws a 

3D-printed version of the plate was designed and fabricated (Version 5, Figures 3.14).  The 

device was designed using SpaceClaim 3D Modelling software and was printed out of 

VeroWhitePlus
TM 

(plate) and VeroBlackPlus
TM

 (clamps) using a Stratasys Connex 500 3D-

printer.  The 3D-printied device weighed 45% less than Version 4 with a mass of 205 grams, 

and there were no issues with the microbioreactor shaker motor using this device.  Autoclavable 

resin was not available at the time of printing so this device was sterilised by spraying with 

70/30 v/v denatured ethanol.   

 



  

- 91 - 
 

3.3.2.2. Ancillary 3D-printed components 

A stand to hold the feeding device during sampling was designed and 3D-printed to ensure the 

needles remained sterile during sampling, to reduce the chances of cross contamination between 

wells, and for the safety of the operator (Figures 3.15(a) and (b) and Appendix B, Figures B.11-

B.13)).  The standard lid to maintain the microbioreactor environment temperature did not fit 

over the feeding device and feed lines, so a new lid was designed and 3D-printed (Figures 

3.15(c) and (c) and Appendix B, Figure 10).  Prior to the completion of the 3D-printed lid an 

upturned plastic storage box was used to maintain the environment temperature.  This was 

sufficient to maintain the environment temperature at 26°C, and the well temperature at 30°C; 

however it was unable to maintain the environment below ambient temperature, and it caused 

some wear to the feed lines.  The 3D-printed lid was not completed until towards the end of the 

project, so with the exception of the microbioreactor data shown in Figure 5.9, all other 

microbioreactor fermentations were performed using the storage box as a temporary lid. 
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Figure 3.10. Offline data of Micro-24 non-fed batch and fed-batch cultures of w3110 E. coli 

producing a dAb protein, using feeding device Version 1. (a) dAb titres by Octet
®
 RED384 and 

the well volumes at harvest (x).  The grey bars represent the extracellular titres and the dashed 

bars represent the intracellular titres. (b) WCWs and DCWs. (c) OD600 profiles: Fed (● with solid 

line) and non-fed (□ with solid line).  The fermentations were performed as described in Section 

2.6.2., and the analytical assays were carried out as described in Section 2.10.  Feeding was 

started manually at 15 hours.  The cultures were induced at 21 hours at OD600s of 49-73.  The 

DO, pH and temperature set points were 30%, pH7 and 30⁰C respectively.  The error bars 

represent one standard deviation from the mean (n=4). 
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Figure 3.11. Online profiles of Micro-24 non-fed batch and fed-batch cultures of w3110 E. coli 

producing a dAb protein, using feeding device Version 1. (a) Non-fed, batch online profiles and 

(b) fed online profiles for a single well.  The DO is indicated by the blue line, oxygen flow rate 

indicated by the black line, pH is indicated by the red line, and temperature is indicated by the 

green line.  The fermentations were performed as described in Section 2.3.  Feeding was started 

manually at 15 hours.  The cultures were induced at 21 hours.  The DO, pH and temperature set 

points were 30%, pH 7 and 30⁰C respectively.   
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Figure 3.12.  Bespoke Micro-24 feed delivery 

device Versions 1, 2 and 4. (a) and (b) Version 

1: Single aluminium plate fabricated by BPR, 

GSK. (c), (d) and (e) Version 2: Three-plate 

aluminium device fixed with stainless steel 

screws. (f) and (g) Version 4: Two-plate PTFE 

device with two clamps that hold up to 12 feed 

lines each. Dimensions of Version 4 are 

indicated in Appendix B, Figures B.2-B.4. 

(g) 

(f) (e) 

(b) (a) 

(b) 

(c) (d) 



  

- 95 - 
 

0 10 20 30 40 50 60 70

0

10

20

30

40

50

60

70

80

O
D

6
0

0

Time (h)

DCW WCW DCW WCW DCW WCW DCW WCW

1 2 2 (bottom plate) 4

0

20

40

60

80

100

120

140

160

180

H
a

rv
e
s
t 

c
e
ll 

w
e

ig
h
t 

g
 L

-1

Plate version

 

 

  

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 (a) 

(b) 

Figure 3.13. Micro-24 fed-batch cultures of w3110 E. coli producing a dAb protein, using 

feeding device Versions 1, 2, the bottom plate of 2, and 4. (a) OD600 profiles of feeding device 

Version 1(■), Version 2 (▲), the bottom plate of Version 2 (●), and Version 4 (▼). (b) WCWs 

and DCWs.  The fermentations were performed as described in Section 2.6.2.  Feeding was 

started manually at 13.7-15 hours.  The cultures were induced at 21-22.3 hours.  The DO, pH and 

temperature set points were 30%, pH 7 and 30⁰C respectively.  The error bars represent one 

standard deviation from the mean (Version 1 n = 4, Version 2, n = 8, bottom plate of Version 2 n 

= 8, and Version 4 n= 6).  OD600 and cell weight measurements were performed as described in 

Section 2.10.1. 
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Figure 3.14.  Final 3D-printed bespoke Micro-24 feed delivery device (Version 5).  The device 

was designed using SpaceClaim 3D Modelling software and was printed out of VeroWhitePlus
TM 

(plate) and VeroBlackPlus
TM

 (clamps).  (a)  top (b) side (without clamps). (c) bottom, (d) side 

(with clamps) (e) front (with clamps), (f) top (with clamps).  Dimensions of Version 5 are 

indicated in Appendix B, Figures B.5-B.9 
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Figure 3.15.  3D-printed Micro-24 lid and sampling stand.  The lid and stand were designed 

using SpaceClaim 3D Modelling software and were printed out of VeroWhitePlus
TM 

(stand and 

lid) and VeroBlackPlus
TM

 (stand) as described in Section 2.6.1.2.  (a) sampling stand without 

the feeding device and (b) sampling stand  with feeding device Version 4 containing 12 feed 

lines. (c) miniature bioreactor lid (side with cut out for the feed lines), (d) miniature bioreactor 

lid (back).  Dimensions of the lid and sampling stand are indicated in Appendix B, Figures 

B.10 and B.11-B.13 respectively. 
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(c) (d) 
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Table 3.1. Summary of the 1L scale and microbioreactor batch and fed-batch processes 

System Initial 

volume (mL) 

Mode of 

operation 

Feeding 

strategy 

[X]final (g 

L
-1

) 

Yx/s (OD g
-1

) 

(pre-induction) 

Harvest total 

titre (g L
-1

) 

Harvest total 

SPR (mg g
-1

 L
-1

) 

% Extracellular 

dAb 

DASGIP
®
 Parallel 

Bioreactor System  

1000 

 

Batch N/A 24.1 ND None NA NA 

1000 Fed-batch Direct 40.0 1.47 1.73 43.3 68 

Micro-24 

MicroReactor System 

4 

 

Fed-batch In situ 5.4 ND 0.27 42.1 77.4 

4 Fed-batch 

 

Direct (Ver. 1) 35.6 **1.31 0.49 13.7 87.8 

4 Fed-batch 

 

Direct (Ver. 2) 23.4 **0.99 ND ND ND 

4 Fed-batch Direct (Ver. 2 

bottom plate) 

31.4 **1.32 ND ND ND 

4 Fed-batch 

 

Direct (Ver. 4) 12.1 **0.58 ND ND ND 

*Calculated based on the assumption that the starting glycerol concentration was 25 g L
-1

. ND: not determined. 
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3.4. Summary 

The aim of this chapter was to investigate fed-batch options for high cell density E. coli cultures 

at microwell scale.  To this end two feeding methods were investigated: in situ feeding by the 

enzymatic release of glucose, and direct feeding using a bespoke feed delivery system.  The cell 

growth and volumetric productivity achieved using these two feeding strategies were compared 

to an established 1L scale fed-batch dAb production process. 

Table 3.1 summarises the harvest biomass concentration, total dAb titre and specific 

productivity (SPR).  The data clearly show that implementation of direct feeding to the 

microbioreactor enhances cell growth compared to in situ feeding; the harvest DCW was up to 

5-fold higher with direct feeding compared to in situ feeding (Table 3.1).  Initial productivity 

data using Version 1 of the feed delivery device indicates that the improvement in biomass 

concentration results in an improvement in volumetric productivity.  

The SPR achieved with in situ feeding of 42.1 mg g
-1

, is comparable to the SPR achieved at 1L 

scale of 43.3 mg g
-1

, and is approximately 3-fold higher than the SPR attained with direct 

feeding of 13.7 g L
-1

.  This suggests that SPR is improved when product expression occurs in a 

highly-controlled manner i.e. with direct feeding using a peristaltic pump at 1L scale, or in situ 

feeding at microscale.  In contrast, with direct feeding using the bespoke microbioreactor feed 

delivery system, feed additions occur in a dropwise manner causing fluctuations in the rate of 

product formation and therefore the DO; this appears to negatively affect the cellular 

productivity.  The negative impact of fluctuating DO control on cellular productivity in 

Yarrowia lipolytica was demonstrated by Kar et al., 2010, who used an automatic valve to close 

the air flow line on a 20L agitated vessel intermittently, to mimic DO concentration gradients in 

large scale vessels.  A reduction in mRNA expression was observed in the periods where the air 

line valve was closed (Kar et al., 2010). 

This initial fed-batch data indicates enhancement of biomass concentration and volumetric 

productivity can be achieved by direct feeding.  To improve productivity, the oscillations in 

metabolic activity should be reduced by modification of the feed rates/concentrations and tuning 

of the DO control parameters.  Optimisation of the feeding strategy using the 3D-prinited 

feeding device is described in Chapter 4. 
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Chapter 4: Establishment of reproducible direct feeding in the microbioreactor 

 

4.1. Introduction and aim 

In the previous chapter, two fed-batch feeding strategies were investigated as options for the 

implementation of fed-batch cultures  to a microwell-based, bioreactor system; in situ feeding 

by the enzymatic release of glucose from a polysaccharide polymer (Section 3.3.1), and direct 

feeding using a bespoke feed delivery system (Section 3.3.2). It was found that in situ feeding 

enhanced cellular dAb expression, however the maximum biomass concentration was 

insufficient to achieve volumetric productivities comparable to an established 1L-scale fed-

batch process (Table 3.1).  Higher cell densities, and therefore volumetric productivities were 

attainable with direct feeding, but there was significant well-to-well variation in cell growth and 

product expression (Figures 3.10 and 3.13, and Table 3.1).  The aim of this chapter is to refine 

the direct feeding strategy to enable the implementation of  industrially relevant fed-batch E. 

coli cultures in the microbioreactor, that are comparable to the laboratory scale fed-batch 

process in terms of cell growth, product expression and DO control. To improve the 

reproducibility and refine the microbioreactor feeding strategy several possible causes of 

variation were considered: the batch complex media composition, the feed line assembly, the 

seed culture conditions, the accuracy of the syringe pump, the needle type used, and the 

production of inhibitory by-products. 

 

4.2. Amendments to the batch complex media (yeast extract source and antifoam 

concentration) 

It had been observed that a precipitate formed in the batch complex media after autoclaving.  

From previous experience at GSK, it was found that the company the yeast extract was 

purchased from affected whether a precipitate formed or not during the autoclaving process; a 

precipitate formed with Becton Dickinson yeast extract but not with Sigma Aldrich yeast 

extract.  To eliminate the possibility that that precipitate was blocking the microbioreactor 

sparger membranes compromising pH and DO control, the yeast extract supplier for both the 

microbioreactor and 1L scale fermentations was changed from Becton Dickinson to Sigma 

Aldrich.  The antifoam concentration added to the microbioreactor at the start of the 

fermentation was also increased from 500ppm to 800ppm, as in previous fermentation data was 

lost due to excessive foaming. 



  

- 101 - 
 

4.3. Improvement of the feed line assembly 

Leakage at the feed line connectors was identified as another possible cause of variation in feed 

delivery, and also a possible source of contamination.  Inspection of the feed lines revealed that 

the flexible C-Flex
®
 tubing was becoming damaged under the cable ties, causing the liquid 

medium to leak at the connectors.  The connectors also became deformed in the autoclave 

causing the feed lines to become obstructed and leakage to occur.  The tubing and connectors 

were changed to Upchurch Scientific ethylene tetrafluoroethylene (ETFE) connectors and ETFE 

Tefzel
®
 HPLC tubing (IDEX Corporation, Illinois, USA).  This eliminated the need for cable 

ties and therefore tubing remained intact and the leakage stopped.  Also, the feed lines could be 

autoclaved multiple times without compromising their integrity, which made the assembly 

process less laborious.  The needle type used was also changed from 1.5 inch needles 1 inch 

needles as there was evidence that the needles were becoming blocked with culture broth and/or 

feed over extended culture periods; the 1 inch needles sat sufficiently high enough above the 

liquid surface that the needles did not contact the liquid even when the cassette was shaken at 

800rpm.   

 

4.4. Influence of seed conditions on the growth rate in the microbioreactor 

There was significant variation in the lag phase, and therefore the end-of-batch time, between 

microbioreactor fermentation experiments (Figure 4.1(a)); it was hypothesised that this was due 

to variation in the inoculum.  To investigate whether the temperature step-down from 37⁰C to 

30⁰C during the seed cultures was causing variation in the state of the cells used to inoculate the 

microbioreactor, the inoculum development process was changed to a fixed incubation 

temperature of 30⁰C and a longer incubation time (Section 2.2.1).    

Figure 4.1(b) shows the DO profiles for the microbioreactor cultures using the modified seed 

conditions, for cultures with a DO set point of either 30% or 60%.  The lag phase and early 

exponential growth phase were consistent suggesting that the temperature step-down used 

previously for seed culture preparation was causing variation in the inoculum, and therefore cell 

growth in the microbioreactor.  For both DO set points the controller kicked-in after around 6 

hours and it was possible to maintain the DO of the cultures at around 60% and 30% 

respectively. The large spikes seen in the DO profiles between 12-16 hours are due to the 

cassette being removed for sampling. 

The importance of inoculum age on E. coli cell growth has been reported in the literature.  The 

affinity for glucose of E. coli differs depending on the growth phase due to differences in the 

expression of proteins involved in glucose uptake, MgL and LamB.  This means that variation 
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in the age of the inoculum, will result in differences in cell glucose affinity and therefore cell 

growth (Death and Ferenci, 1994; Ferenci, 1999).  At high incubation temperatures, cell growth 

is enhanced and therefore less controlled; this means it is more difficult to achieve equivalent 

end points of multiple seed cultures at high incubation temperatures.  Methods that have been 

employed to improve the reproducibility of the seed cultures are temperature reduction to 20-

25°C, or utilisation or a slow release glucose system for in situ feeding (Robert Huber et al., 

2009; Rosano and Ceccarelli, 2014).  The modified seed conditions, a fixed incubation 

temperature of 30°C and a longer incubation time, were used for all subsequent fermentations. 

 

 

 

 

 

 

 

 

 

 

 

 

 

4.5. Validation of the microbioreactor feeding system  

The accuracy of the syringe pump was identified as another possible cause of the well-to-well 

variation observed (Figure 3.11).  The offset of the syringe pump was determined by measuring 

the volume dispensed from each of the twelve feed lines in a set time period at a range of flow 

rates; the flow rates tested were 10-100µL h
-1

 as the target feed flow in the microbioreactor 

fermentations were within this range.  A calibration curve of the experimentally determined 

flow rate against the theoretical flow rate set on the syringe pump were generated for two 

glycerol feed concentrations and two needle sizes.  Figure 4.2(a) shows the calibration curves 

generated using a 70% w/v glycerol feed with both 18 gauge needles and 20 gauge needles, and 

Figure 4.1. DO profiles of the batch phase of fed-batch microbioreactor fermentations 

inoculated with seed cultures with and without a temperature step-down. (a) DO profiles for 

eight Micro-24 batch fermentations inoculated with seed cultures grown at 37°C for 3 hours and 

then 30°C for 3 hours. (b) DO profiles for eight Micro-24 batch fermentations inoculated with 

seed cultures grown for 7-9 hours at 30°C. The seed cultures and Micro-24 cultures were 

performed as described in Sections 2.2.1, and 2.6.2 and 2.6.3 respectively. 

(a) (b) 
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23% glycerol feed with 20 gauge needles.  Neither the amount of glycerol in the feed, and hence 

the viscosity, or the needle size affected the accuracy of feed delivery (Figure 4.2(a)).  The 

calculated offset of the syringe pump, i.e. the difference between the set-point and measured 

values, was 3-5µL, meaning the accuracy of feed delivery improved with increasing flow rate.  

It was also observed that the reproducibility across the twelve channels deteriorated at flow rates 

below 20µL h
-1

 (data not shown).  The post-induction flow rate used for all microbioreactor 

fermentations prior to these validation experiments was only 14µL h
-1

, which may have caused 

variation in feed delivery and therefore dAb expression.  A diluted feed at higher flow rates was 

therefore used for all subsequent fermentations; a 33% feed (23% w/v glycerol) was selected 

based on the accuracy of the syringe pump, a working volume of 3-5mL, and the maximum 

syringe volume of 3mL.  The feed rates were also corrected to account for the offset of the 

syringe pump.  To accommodate the increased volume of feed added to each well using the 23% 

w/v feed compared to the 70% w/v feed, 1mL of culture broth was removed prior to feeding. 

The influence of needle size on drop formation was investigated to establish if narrower bore 

needles would reduce the drop size creating a more continuous feed delivery.  It was 

hypothesised that this would reduce the fluctuations in oxygen demand of the cells and therefore 

improve the DO control.  Figure 4.2(b) shows that the drops formed using the 20 gauge needles 

were 8-10µL in volume, and approximately half the size of the drops formed using the 18 gauge 

needles (~20µL).  Figure 4.3 shows a DO profile and corresponding oxygen flow profile of a 

one hour period post-induction of three microbioreactor fed wells, at a DO set point of 30% 

using 20 gauge needles.  The variation in the DO was between 10-80%, and the variation in the 

oxygen flow rate was between 0-3 mL min
-1

.  Assuming each trough of the DO profile (or peak 

of the oxygen flow profile) corresponds to a feed drop addition, then the drop size would be 1.5-

3µL; it is likely the reduction in surface tension caused by the orbital shaking results in a 

decrease in drop size compared to drop formation under static conditions (Tolman, 1949; 

Navascues, 1979).  This suggests that the needle bore size is unlikely to make a significant 

difference to the DO control as frequency of feed drop addition is primarily determined by the 

shaking frequency. 

The sterility of the feeding system was validated by performing an incubation in the absence of 

cells.  Six wells filled with complex media were fed with 70% w/v glycerol feed at 37⁰C for 27 

hours.  To establish the source of any contamination, media control and feed control wells were 

also run; the feed control wells had the equivalent total volume of feed added by the syringe 

pump added manually at the start of the run, and the media control wells contained complex 

media only.  This meant that the source of any contamination cold be traced back to the media, 

the feed, or the bespoke feeding system.  Figure 4.4(a) shows that the biomass concentration 

remained minimal under all conditions with OD600 values of <0.1 in all cases.  Variation in the 
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OD600 values could be due to the evaporation during the incubation, resulting in the media 

becoming more concentrated than the media used to zero the spectrophotometer.  The DO also 

remained constant confirming that the feeding system remained sterile (Figure 4.4(b)). 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

(b) 

Figure 4.2. Validation of the Micro-24 feeding system syringe pump. (a) Calibration curve of 

the actual flow rate against the theoretical flow rate with: 70% w/v glycerol, 18 gauge needles 

(■), 23% w/v glycerol, 18 gauge needles (●) and 23% glycerol, 18 gauge needles (▲). The 

calibration curve was generated as described in Section 2.6.1.3.  The error bars represent one 

standard deviation about the mean (n = 11-12). (b) Drop size approximation with 18 gauge 

needles and 20 gauge needles.  Volume dispensed using the 18 gauge needles (■), and the 

volume dispensed using the 20G needles (●) over a 12 minute period at a flow rate of 120µL h
-

1
.  The red cross with vertical line indicates the drop formed using the 18 gauge needles, and the 

blue crosses with vertical lines represent the drops formed using the 20G needles.   The drop 

size was approximated by recording the drop formation on the needle to determine the time 

taken for a drop to form at 120µL h
-1

.  The drop formation experiments were performed as 

described in Section 2.6.1.4 

(a) 
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(b) 

Figure 4.4. Sterility validation of the Micro-24 direct feeding system. (a) OD600 values of the 

fed wells and media and feed controls after the 27-hour incubation at 37⁰C.  The error bars 

represent one standard deviation from the mean (n = 6). (b) Example DO profiles of the fed 

wells and media and feed controls for the 27-hour incubation at 37⁰C.  The incubations were 

performed as described in Section 2.6.1.5, and the OD600 values were measured as described 

in Section 2.10.1. 

Figure 4.3. DO and oxygen flow rate profiles of a one hour period post-induction of three 

wells from a standard Micro-24 fed-batch fermentation. (a) DO profiles and (b) oxygen 

flow rate profiles.  The fermentations were carried out as described in Section 2.6.3.3.  

(a) 

(a) (b) 
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4.6. Microbioreactor evaporation rate 

Evaporation during fermentation is proportionally greater at microscale compared to laboratory 

or pilot scale, due to the higher surface-area-to-volume ratio.  Evaporation is not normally an 

issue in batch cultures, however it can have a significant impact in fed-batch cultures due to the 

extended culture times, if volume loss is not compensated for with feed addition (Silk et al., 

2010).  The REG cassette evaporation rate was investigated using a 3-factor-2-level, face-

centered, central composite experimental design (fcCCD) with six centre points as described in 

Section 2.6.3.5  The factors investigated were operating temperature (28-32⁰C), total gas flow 

rate (0-15mL min
-1

), and fill volume (3-5mL). The factor ranges were sected based on the 

operating conditions used for a standard microbioreactor fed-batch fermentation.   

The operating temperature and the total gas flow rate both had a significant effect on 

evaporation rate, with p-values of 0.0004 and <0.0001 respectively (Figure 4.5 and Table A.1 

Appendix A).  The fill volume did not have a significant effect on evaporation rate over the 

volume range tested (3-5mL); however the percentage volume loss will increase at lower fill 

volume, and therefore the concentration factor will be greater.  There was an interaction 

between total gas flow rate and temperature (p = 0.0002); the total gas flow rate had a greater 

effect on the evaporation rate at higher operating temperatures (Figure 4.5.).  At high gas flow 

rates, less convection will occur in the headspace and therefore there will be less re-

condensation, and the overall evaporation rate will be higher (Shepherd, Hadlock and Brewer, 

1938; El-Dessouky et al., 2002).  This effect will be enhanced at higher temperatures where 

evaporation from the liquid into the headspace is greater (Figure 4.5 and Table A.1 Appendix 

A). 

The total gas flow rate during a standard fed-batch fermentation was determined to be 1-9mL 

min
-1

 from total gas volume data for ten wells.  At a fill volume of 4mL and operating 

temperature of 30⁰C, the model predicts an evaporation rate of 363-561µL day
-1

 for the highest 

total gas flow rate of 9mL min
-1

.  In a standard fed-batch fermentation using the 33% diluted 

feed an average of ~505µL of feed is added per day; therefore, the feed additions should 

compensate for any evaporation during the microbioreactor fermentations.   
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4.7. Feeding strategy optimisation 

Acetate inhibits cell growth and recombinant protein expression by saturation of the TCA cycle, 

the electron transport chain or a combination of both (Contiero et al., 2000).  Various strategies 

have been employed to overcome acetate inhibition (Section 1.7.1): 

 Maintaining the growth rate below the minimum rate for acetate production, the critical 

growth rate (µcrit), via feed rate in the case of fed-bath cultures or dilution rate for 

chemostat cultures (Jensen and Carlsen, 1990). 

 Utilisation of other carbon sources such as glycerol. 

 The use of genetically engineered strains lacking enzymes involved in acetate 

production such as phosphotransacetylase (PTA) (Contiero et al., 2000) . 

To investigate whether acetate accumulation was affecting the reproducibility of the 

microbioreactor, the acetate concentration during a batch fermentation was measured (Section 

2.10.7.2).  Figure 4.6(a) shows that the end-of-batch (EOB), pre-feeding, acetate concentration 

at 14 hours was 9-14 g L
-1

.  Table 2.1 summarises the inhibitory concentrations of acetate 

reported in the literature and the effects on cell growth and/or product expression.  Acetate 

concentrations of 0.3 g L
-1

 have been shown to inhibit cell growth, and concentrations of 2 g L
-

Figure 4.5.  Micro-24 evaporation rate data using a REG cassette. (a) Response surface for 

temperature and total gas flow rate at a 3mL fill volume; (b) response surface for temperature 

and total gas flow rate at a 5mL fill volume. All experiments were run at 800rpm.  A 3-factor-

2-level, face-centered, central composite design (fcCCD) with six centre points was used, and 

the DoE design was run in duplicate.  The DoE response models were generated using JMP
®
 

13 software (SAS Institute, North Carolina, USA).  These experiments were performed as 

described in Section 2.6.3.5  The black dots represent the experimental data points. 

(a) (b) 
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1
or above have been shown to inhibit product expression (Table 4.1); therefore, the acetate 

accumulation in the microbioreactor is likely to be inhibitory to both cell growth and product 

expression.  The EOB acetate concentration at 1L scale was ~0.2 g L
-1

 (Figure 4.6(b)), and the 

maximum acetate concentration was 2 g L
-1

.  This is consistent with the higher end-of -batch 

biomass concentration at 1L scale of ~27 g L
-1

, compared to 14-17 g L
-1

 in the microbioreactor 

(Figure 4.6).  This corresponds to a yield of biomass on glycerol of 0.99 g g
-1

 for the 1L-scale 

process and 0.63 g g
-1

 for the microbioreactor process. 

It was hypothesised that the higher EOB acetate concentration in the microbioreactor compared 

to the 1L scale process could be due to DO in the microbioreactor oscillating below the 30% set 

point (Figures 4.3).  To investigate if this, microbioreactor fermentations were performed at a 

DO set point of 60%, to ensure the DO remained above 30% for the duration of the 

fermentation.  Wells where the pH and/or control failed at any point during the fermentation 

were excluded.  The EOB acetate concentration was generally higher at  DO set point of 30% 

compared to a DO set point of 60% , however in both cases, there was significant well-to-well 

variation, with CVs of 20% (n = 3) and 47% (n = 6) for the cultures at a DO set points of 30% 

and 60% respectively.  After a further 6 hours, the acetate concentration dropped in both cases 

as previously observed (Figures 4.6(a) and 4.7); at a DO set point of 60% the acetate had been 

almost completely consumed (0.2-1.2 g L
-1

), whereas at 30% there was still 1-9 g L
-1

 in the 

culture broth (Figure 4.7). 

To reduce the acetate concentration during the pre-induction fed-batch phase, the DO set point 

was increased to 60%, and a hold period was implemented to allow the acetate that accumulated 

in the batch phase to be consumed by the cells before feeding commenced.  To determine the 

minimum hold period duration required so that the pre-feeding acetate concentration was not 

inhibitory to cell growth or dAb expression, 3 and 5-hour hold periods were investigated (Figure 

4.8).  Figure 4.8(a) shows that the implementation of a 3- or 5-hour hold did not affect cell 

growth with pre-induction OD600 values of 50-70 in both cases.    Figure 4.8(b) shows that dAb 

expression was inhibited with increasing acetate concentration.  A similar relationship is 

apparent between the pre-feeding acetate concentration and pre-induction OD600 values, 

indicating that the primary reason for variation in dAb expression is due to the variation in the 

pre-induction biomass concentration (Figure 4.8(c)), caused by the inconsistencies in the pre-

feeding acetate concentration.  Figures 4.8(b) and (c) indicate that the pre-feeding acetate 

becomes inhibitory at concentrations of 0.5 to 1 g L
-1

.  The acetate concentration was 

consistently below 1 g L
-1

 with a 5-hour hold time, however was much more variable with a 3-

hour hold time at 1 to 6 g L
-1

 (Figures 4.8b and c).  A 5-hour pre-feeding hold time was used for 

all subsequent microbioreactor fed-batch fermentations. 
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A reduced pre-induction feed rate equivalent to the 1L scale process per gram of DCW was also 

tested, to determine if overfeeding may be causing variation in the pre-induction biomass 

concentration (Figure 4.8).  Figure 4.8 shows that the reduced feed rate did not affect the pre-

induction biomass concentration or dAb expression; however the yield of biomass on glycerol 

(Yx/s) was enhanced, as a comparable biomass concentration was achieved with approximately a 

27% reduction in the glycerol added (Figure 4.8(a)).  A pre-induction feed-rate equivalent to the 

1L-scale process per gram of biomass was used for all subsequent microbioreactor fed-batch 

cultures.     

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 4.6. Cell growth and metabolite profiles for Micro-24 and 1L batch fermentations. (a) 

Micro-24 OD600 (■ with solid line), DCW (● with solid line), glycerol concentration (▼ with 

dashed line), and acetate concentration (▲ with dashed line).  Two fermentations were 

combined to generate the 24-hour profiles.  Four wells were sacrificed at each time point.  The 

error bars represent one standard deviation from the mean (n = 2-4). (b) 1L scale OD600 (■ with 

solid line), DCW (● with solid line), glycerol concentration (▼ with dashed line), and acetate 

concentration (▲ with dashed line) (n = 1).  The fermentations were performed as described in 

Sections 2.6.3.2, and the analytical assays were carried out as described in Section 2.10., with 

the exception that OD600 samples were diluted in complex media instead of PBS. 

(a) (b) 
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Figure 4.7. Micro-24 batch fermentations with DO set points of 30% and 60%. (a) EOB and 

EOB + 6 hours DCW, glycerol and acetate concentrations for the set point of 30%. (b) EOB and 

EOB + 6 hours DCW, glycerol and acetate concentrations for the set point of 60%.  The error 

bars represent one standard deviation from the mean (n = 4-6).  The fermentations were 

performed as described in Section 2.6.3.2 and the analytical assays were performed in Section 

2.10. 

(a) 

(b) 
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Table 4.1. Summary of acetate inhibition of cell growth and product expression reported in the literature.  

Author Expression 

system 

Vessel 

type 

Mode of 

operation 

Batch media Feed Critical 

growth 

rate (µcrit) 

(h
-1

) 

Inhibitory effect of 

acetate on cell growth 

Inhibitory effect of 

acetate on product 

expression  

Jensen & 

Carlsen 

(1990)  

E. coli MclO61 

strain producing 

X-hGH 

1.3L STR Chemostat Complex (glucose) 

(sodium acetate 

added) 

NA 0.4 72% reduction at >6g L
-1

 

acetate  

86% reduction at >6g 

L
-1

 acetate  

33% reduction >2.4g 

L
-1

 acetate 

 

Pan et al. 

(1987)  

E. coli B 54125 Shake 

flask 

Batch Minimal (glucose) 

and complex 

(glucose) 

NA NR Reduction <2 g L
-1

 acetate 

(more pronounced with 

complex media) 

NA 

Mayer et al. 

(2014)  

E. coli strain 

producing 

interferon 

STR Chemostat Minimal (glucose) 

and complex 

(glucose) 

NA 0.4 

(minimal 

media) 

0.2 

(complex 

media) 

25% reduction at 0.3 g L
-1 

acetate (minimal media) 

 

NR for complex media 

 

NR 

Luli & 

Strohl 

(1990)  

Various E. Coli 

strains 

producing a 

delta endotoxin 

10L STR Batch Complex (glucose) Glucose  NR Reduction at > 5 g l
-1

 

acetate (based on acetate 

inhibition model derived 

from experimental data. 

NR 
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Author Expression 

system 

Vessel 

type 

Mode of 

operation 

Batch media Feed Critical 

growth 

rate (µcrit) 

(h
-1

) 

Inhibitory effect of 

acetate on cell growth 

Inhibitory effect of 

acetate on product 

expression  

Landwall & 

Holme 

(1977)  

E. coli B 2.5L and 

1L STRs 

Fed-batch 

(with and 

without 

dialysis) 

Defined (glucose) Glucose NR 350% increase in biomass 

concentration with dialysis 

with a 1:11 volume ratio 

(acetate concentrations of 

10 g L
-1

 and 0.2 g L
-1

 for 

cultures without and with 

dialysis) 

NA 

Macdonald 

& Neway 

(1990)  

E. coli MM-

294-1 producing 

interleukin-2 

14L STR 

(3 Ruston 

turbines) 

Fed-batch 

(glucose 

maintained to 

8 ±1 g L
-1

) and 

chemostat 

Defined (glucose) Glucose NR NR Reduction in IL-2 

expression (% of total 

protein) at 50mM-

100mM (3-6 g L
-1

) 

acetate 

Lasko et al. 

(2000)  

Various wild 

type E. coli 

strains 

250mL 

STR 

Batch Complex 

(glucose/glycerol) 

N/A NR Growth rate decreases 

linearly from ~0.8 to ~0.4 

at acetate concentrations of 

0-12 g L
-1

 in the presence 

of glycerol. 

Growth rate decreases 

exponentially from ~0.7 to 

~0.02 at acetate 

concentrations of 0-9 g L
-1

 

in the presence of glucose. 

NA 
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Author Expression 

system 

Vessel 

type 

Mode of 

operation 

Batch media Feed Critical 

growth 

rate (µcrit) 

(h
-1

) 

Inhibitory effect of 

acetate on cell growth 

Inhibitory effect of 

acetate on product 

expression  

Nakano et 

al. (1997)  

E. coli K12 Shake 

flask and 

1L STR 

Batch  Defined 

(glucose/glycerol 

40% w/v) 

NA  NR Shake flask: Inhibition of 

cell growth > 1 g L
-1

 

acetate (glycerol), and >0.5 

g L
-1

 acetate (glucose) 

STR: 20% reduction at ~5 

g L
-1

 acetate (glucose) 

NA 

Sun et al. 

(1993)  

E. coli JM109 

and RR1 

producing 

TGFα-PE40 

Shake 

flask 23L 

STR 

Batch Complex medium 

(glucose) 

NA NR Reduction in cell growth of 

JM109 in shake flasks and 

STR at 2 g L
-1

 (acetate) 

38.0% reduction 

TGFα-PE40 in JM109 

in shake flasks and 

38.6% reduction in the 

STR at 2 g L
-1

 acetate 

21.2% Reduction in 

TGFα-PE40 

expression in RR1 in 

shake flasks at 5 g L
-1

 

acetate 

Turner et al. 

(1994)  

E. coli JM107 

producing α-

amylase 

14L STR chemostat 

(sodium 

acetate added) 

Defined (galactose) NA NR 11.6% reduction in growth 

rate at 5 g L
-1

 acetate and 

50% decrease at 8 g L
-1

 

acetate 

α-amylase expression 

was almost completely 

inhibited at 7.4 g L
-1

 

acetate and started 

again at acetate 

concentration < 1 g L
-

1
. 
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Author Expression 

system 

Vessel 

type 

Mode of 

operation 

Batch media Feed Critical 

growth 

rate (µcrit) 

(h
-1

) 

Inhibitory effect of 

acetate on cell growth 

Inhibitory effect of 

acetate on product 

expression  

Yang (1992) E. coli XL1-

Blue producing 

β-galactosidase 

Shake 

flask, 

2.5L STR 

Complex 

(glucose) 

Batch (shake flask), 

fed-batch (STR) 

Glucose 0.1 ~50% reduction in biomass 

with 20mM (1.18 g L
-1

) 

acetate addition in shake 

flasks 

~50% reduction in β-

galactosidase at µ > 

0.1 h 
-1

 

Shimizu et 

al. (1988)  

E. coli HB101 

producing β-

galactosidase 

2L STR Complex 

(glucose) 

Fed-batch Glucose NR Cell growth stopped at 

0.23M (~13.6 g L
-1

) 

acetate in fed-batch 

cultures using the STR 

β-galactosidase 

production decreased 

with 0.17M (~10 g L
-1

) 

acetate 
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Figure 4.8. Micro-24 fed-batch fermentations with a 3-hour hold time, 5-hour hold time, 

and 5-hour hold time with a reduced pre-induction feed rate. (a) Micro-24 OD600 values
 
for 

fermentations
 
with a 3-hour hold time (■), 5-hour hold time (●), and 5-hour hold time with a 

reduced pre-induction feed rate (▲).  The error bars represent one standard deviation from 

the mean (n = 5-10).  (b) Total dAb titre against pre-feeding acetate concentration for 

fermentations with a 3-hour hold time (■), 5-hour hold time (○), and 5-hour hold time with a 

reduced pre-induction feed rate (∆).  (c) Pre-induction OD600 against pre-feeding acetate 

concentration for fermentations with a 3-hour hold time (■), 5-hour hold time (○), and 5-

hour hold time with a reduced pre-induction feed rate (∆). The data for all fed wells is 

included in (b) and (c).  The fermentations were performed as described in Sections 2.6.3.3 

and 2.6.3.4., and the analytical assays were performed in Section 2.10. 

 

(a) 

(b) (c) 
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4.8. Microbioreactor reproducibility and data exclusion criteria 

Due to the well-to-well variation observed in the microbioreactor, a set of well exclusion criteria 

were defined. This enabled a rational and consistent approach to data exclusion from anomalous 

wells. Wells where there was a loss of pH control at any point during the fermentation were 

excluded as previously described (Section 4.7).  Based on the acetate inhibition data described 

in Section 4.7, wells with a pre-feeding acetate concentration of   >1g L
-1

 were also excluded.  

Figure 4.9(a) shows the cell growth profiles for four wells from two identical experiments; wells 

1 and 3 are from one experiment and Wells 2 and 4 are from a repeat run.  Wells 1 and 3 both 

had a pre-feeding acetate concentration of 0.66 g L
-1

, and wells 2 and 4 had a pre-feeding 

acetate concentration of 0.95 g L
-1

 and 1.19 g L
-1

 respectively.  Figure 4.9(a) shows that the 

biomass concentration did not increase in the pre-induction fed-batch phase in wells 2 and 4 

which had a pre-feeding acetate concentration of ~1 g L
-1

; however there was a significant 

increase in biomass towards the end of the culture. The SPRs of the cultures with a high harvest 

biomass concentration due to growth late in the fermentation were significantly lower than the 

cultures where no late cell growth was observed (Figure 4.9(c)).  This suggests either plasmid 

loss, or a mixture of culturable and viable but not culturable (VBNC) cells were present. 

Plasmid stability analysis was performed to determine if the cell growth towards the end of the 

culture was due to plasmid loss. Figure 4.9(b) shows that the number of colony forming units 

(CFUs) was similar with and without tetracycline for all wells, indicating that the plasmid had 

not been lost.  The number of CFUs was significantly less for the wells with a higher pre-

feeding acetate concentration (wells 2 and 4).  This suggests that the cell population was a 

mixture of culturable cells and cells in a VBNC state.  There are two main theories of the 

VBNC state of E. coli cells; the first is that it is a life cycle process whereby the cells can revert 

back to a culturable state, the second is that it is an end of life process (McDougald et al., 1998).  

Studies have indicated that resuscitation of cells in a VBNC state is due to the presence of the 

few remaining culturable cells, which stimulate the dormant cells by secretion of signal 

molecules via an unknown molecular mechanism (Kaprelyants, Mukamolova and Kell, 1994; 

McDougald et al., 1998; Weichart and Kell, 2001; Pinto, Santos and Chambel, 2015).  It has 

also been reported that amino acids can stimulate resuscitation (Pinto et al., 2011; Pinto, Santos 

and Chambel, 2015).  To ensure that the cultures used for process optimisation experiments 

were comparable, wells that did not show an increase in biomass pre-induction and then grew 

rapidly towards the end of the culture, were excluded from data analysis. 

Figure 4.10 shows parity plots to comparing the ranking of twelve fed wells, from four different 

fermentations in terms of the pre-induction OD600 values; a ranking of 1 corresponds to the 

lowest OD600 value and a ranking of 12 corresponds to the highest OD600 value. The 

microbioreactor unit and the wells used were identical for all experiments.  The wells used for 
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the 3-hour hold time experiments were identical and the wells used for the 5-hour hold time 

were also identical; however, the 3-hour and 5-hour experiments had one well different to each 

other.  Figure 4.10 shows that there was good consistency between experiments in terms of cell 

growth, and generally the same wells performed well in all experiments.  Thus, the same 

microbioreactor unit was used for all subsequent experiments so it could accurately be predicted 

which wells should be fed to generate the most reproducible data. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 4.9. Comparison of Micro-24 cell growth, plasmid stability and product expression.  (a) 

OD600 profiles of four wells from two identical experiments.  Experiment 1: Well 1 (■) and 

Well 2 (●).  Experiment 2: Well 3 (▲) and Well 4 (▼). (b)  Number of CFUs grown on agar 

plates from harvest samples of Wells 1, 2, 3 and 4, with and without tetracycline. (c) SPR 

against DCW for 20 wells from two fermentations.  The fermentation conditions were identical 

with the exception of the pre-induction feed rate (Experiment 1: 54µL h
-1

, Experiment 2: 43µL 

h
-1

). Wells without growth at the end of the fermentation (■) and wells with growth at the end 

of the fermentation (○).  The fermentations were carried out as described in Section 2.6.3.3. 

and 2.6.3.4., and the analytical assays were carried out as described in Section 2.10. 

(a) (b) 

(c) 
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4.9. Optimised microbioreactor feeding strategy 

Figures 4.11 and 4.12 show the final microbioreactor feeding strategy and bespoke feed delivery 

system as described in Sections 4.2-4.7, which were used for all subsequent microbioreactor 

fermentations.  Data from certain wells were excluded based on the exclusion criteria described 

in Section 4.8.  The maximum number of wells that can be fed in parallel is twelve, due to the 

practicality of sampling and the requirement of a second syringe pump with more than twelve 

fed wells.  

 

 

 

 

 

 

Figure 4.10. Parity plots of well rankings based on pre-induction OD600 values for two Micro-24 

fed-batch fermentations with a 3-hour pre-feeding hold time (a), and a 5-hour pre-feeding hold 

time (b).  1 corresponds to the lowest pre-induction OD600 value and 12 corresponds to the 

highest pre-induction OD600 value.  The fermentation conditions were identical for all 

experiments with the exception of the pre-feeding hold time, and the pre-induction feed rate of 

the second 5-hour hold time experiment was reduced to 43µL h
-1

 from 54µL h
-1

.  The 

fermentations were carried out as described as in Section 2.6.3.3. and 2.6.3.4., and the OD600 

values were measured as described in Section 2.10.1. 

(a) (b) 
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Batch phase (~14 hours) 

Complex media containing Sigma Aldrich yeast extract  

DO set point: 60% 

Hold period (5 hours) 

Pre-induction fed-batch phase (~6 hours) 

Feed rate: 48 µL h-1 

Feed concentration: 23% glycerol 

Post-induction fed-batch phase 

Feed rate: 26 µL h-1 

Feed concentration: 23% glycerol  

Harvest at 64-66 hours  

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Removal of 

1mL of culture  

Induction 

with 100µM 

IPTG 

Figure 4.11. Final Micro-24 fed-batch feeding strategy.  The fermentation conditions were 

performed as described as in Section 2.6.3.4 

Figure 4.12. Final Micro-24 bespoke feed delivery system with twelve feed lines.  The 

feeding device and temperature control lid and stand were designed using SpaceClaim 3D 

Modelling software and were printed out of VeroWhitePlus
TM 

(stand and lid) and 

VeroBlackPlus
TM

.  The connectors are ethylene ETFE Upchurch Scientific connectors and 

the tubing was ETFE Tefzel
®
 HPLC tubing. 
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4.10. Application of the microbioreactor feeding system for process optimisation 

Having optimised the microbioreactor feeding system, its application for fed-batch fermentation 

process optimisation was examined.  Two factors were investigated: post-induction temperature 

and IPTG concentration, based on previous knowledge of the dAb expression system.  Due to 

the variability of the microbioreactor described in Sections 4.7. and 4.8. it was decided that only 

two factors would be investigated and six replicates of each condition would be performed.  

Post-induction temperature was selected as previous experience at 1L scale showed that post-

induction temperature has a significant effect on dAb expression. IPTG concentration was 

selected as it is independent of the microbioreactor control loops and is known to have an 

impact on dAb expression levels.  A 2-factor-2-level, full facetorial design was used, and the 

DoE design was run in duplicate as described in Section 2.7.  An indentical DoE was performed 

at 1L scale as a comparison.  In order keep the cultures under growth rate limiting conditions at 

both post-induction temperatures, at 25⁰C the feed rate was reduced by 25% based on the 

assumption of a temperatue coefficient (Q10) of two i.e. the rate of biochemical processes will 

double with a 10⁰C temperature increase (Hegarty, 1973; Herendeen, Vanbogelen and 

Neidhardt, 1979; Farewell and Neidhardt, 1998).   

Figures 4.13(a) and (b) and 4.14(a) show that at both 1L scale and microbioreactor scale the 

post-induction conditions did not affect the post-induction biomass concentration. This is 

consitent with previous observations that cell growth ceases upon induction (Sections 3.2.1. and 

3.2.2.).  Figures 4.13(a) and (b) show that at 1L scale the total titre was 90-150% higher at a 

post-induction temperature of 30⁰C than 25⁰C.  In addition, and a greater amount of product 

was extracellular at 30⁰C; at 30⁰C ~50% was extracellular, whereas only ~30% was 

extracellular at 25⁰C (Figures 4.13(c) and (d)).  This is likely to due to increased leakage at 

30⁰C caused by high periplasmic protein concentrations (Takagi et al., 1988; Donovan, 

Robinson and Glick, 1996; Schofield et al., 2016).  In the microbioreactor, at both 30⁰C and 

25⁰C the percentage extracellular titre was 55-70% (Figure 4.14b).  This indicates that either 

there was increased cell lysis, or membrane permeability due to exposure to incorrectly folded 

protein (Skerra and Pluckthun, 1991; Donovan, Robinson and Glick, 1996).  The rise in the DO 

observed towards the end of the microbioreactor cultures suggests cell lysis (data not shown).  

The microbioreactor data showed a similar trend to the 1L scale data (Figure 4.14(b)); the total 

titres were significantly higher at 30⁰C than 25⁰C.  Data from eight out of twenty-four 

microbioreactor wells were excluded as described in Section 4.8.  The well-to-well variation 

was greater at 30⁰C than at 25⁰C; at a 250µM IPTG concentration and a 30⁰C post-induction 

temperature, only one well passed the exclusion criteria.   

Figure 4.15 shows the surface response plots for total titre, extracellular titre and total SPR for 

both the 1L scale and microbioreactor processes; the overall response surface behaviour is 
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comparable at both scales, (Figures 4.15(a)-(f)), however the total titres were approximately 

three-fold higher at 1L scale, primarily due to the lower biomass concentration attainable in the 

microbioreactor (Section 4.6 and Table 4.2.).  The SPRs at microbioreactor scale were 

approximately 60% of the SPRs at 1L scale (Figures 4.15(e) and (f), and Table 4.2).  This could 

possibly be due to cell lysis occurring earlier in the microbioreactor and to a greater degree than 

in the 1L scale process.  It could also possibly be attributed to inclusion body formation, as 

inclusion bodies would have been lost in the centrifugation step after sonication of the 

resusupended pellets (Sharma, 1986; Weir and Sparks, 1987; Esfandiar et al., 2010; Bao et al., 

2016; Maggi and Scotti, 2017). 

At both 1L and microbioreactor scale the post-induction temperature had a significant effect on 

the dAb expression, however IPTG concentration did not influence dAb expression (Figure 4.15 

and Tables A.2 to A.7 in Appendix A).  Experiments at higher post-induction temperatures 

would be required to determine if 30⁰C is the optimum post-induction temperature, or if a 

higher temperature could improve productivity without causing inclusion body formation, 

incorrectly folded proteins or increased product degradation due to proteolytic cleavage 

(Cabilly, 1989; Chalmers et al., 1990; Kosinski, Rinas and Bailey, 1992; Donovan, Robinson 

and Glick, 1996).  The IPTG concentration did not have a significant effect on dAb expression, 

suggesting that at concentration of 100µM the IPTG was in excess, and therefore an increase in 

IPTG concentration did not affect dAb expression.  This is consistent with model predictions by 

Laffend and Shuler (1994), that full induction can be achieved at IPTG concentrations of 1mM-

100mM depending on the plasmid copy number.  If any future experiments were to be 

performed, the DoE should be modified to include IPTG concentrations below 100µM, to 

determine if comparable or improved productivity can be achieved at a lower IPTG 

concentration, as this would reduce manufacturing costs.   
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Figure 4.13. 1L-scale fed-batch fermentations at a post-induction temperature of 25⁰C and 

30⁰C, and an IPTG concentration of 100µM and 250µM.  (a) OD600 profiles for 25⁰C, 100µM 

IPTG (■), 30⁰C, 100µM IPTG (●), 30⁰C, 250µM IPTG (▲) and 25⁰C, 100µM IPTG (▼) . (b) 

DCW profiles for 25⁰C, 100µM IPTG (■), 30⁰C, 100µM IPTG (●), 30⁰C, 250µM IPTG (▲) 

and 25⁰C, 250µM IPTG (▼). (c) Total titre profiles for 25⁰C, 100µM IPTG (■), 30⁰C, 100µM 

IPTG (●), 30⁰C, 250µM IPTG (▲) and 25⁰C, 250µM IPTG (▼). (d) Breakdown of harvest 

intracellular and extracellular titre for 25⁰C, 100µM IPTG, 30⁰C, 100µM IPTG, 25⁰C, 250µM 

IPTG and 30⁰C, 250µM IPTG.  The grey bars represent the intracellular titre and the dashed 

bars represent the extracellular titre.   Each condition was run in duplicate.  The fermentations 

were carried out as described as in Section 2.7., and the analytical assays were carried out as 

described in Section 2.10. 

(a) (b) 

(c) (d) 
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Figure 4.14. Micro-24 fed-batch fermentations at a post-induction temperature of 25⁰C and 

30⁰C, and an IPTG concentration of 100µM and 250µM.  (a) OD600 profiles for 25⁰C, 100µM 

IPTG (▲), 30⁰C, 100µM IPTG (■), 30⁰C, 250µM IPTG (●) and 25°C, 250μM IPTG (▼). 

(b) Breakdown of harvest intracellular and extracellular titre for 25⁰C, 100µM IPTG, 30⁰C, 

100µM IPTG, 25°C, 250mM IPTG, and 30⁰C, 250µM IPTG.  The grey bars represent the 

intracellular titre and the dashed bars represent the extracellular titre.  The error bars 

represent one standard deviation from the mean (n = 1-6).  The fermentations were carried 

out as described as in Section 2.7, and the analytical assays were carried out as described in 

Section 2.10. 

(a) (b) 
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Table 4.2. Comparison of the final biomass concentrations, titres and SPRs ac achieved using the 1L bioreactor and microbioreactor, under the conditions evaluated 

in the DoE (Section 4.10)  

Post-induction 

temperature 

(°C) 

IPTG 

concentration 

(μM) 

Xfinal (g L
-1

) Total titre (g L
-1

) Extracellular titre (g L
-1

) Total SPR (mg g
-1

 L
-1

) 

1L scale 
Microbioreactor 

(4mL) 
1L scale 

Microbioreactor 

(4mL) 
1L scale 

Microbioreactor 

(4mL) 
1L scale 

Microbioreactor 

(4mL) 

30 

 

100 36.70 

 

24.23 

 

1.393 

 

0.455 

 

0.705 

 

0.298 

 

37.93 

 

21.83 

 

30 

 

250 40.90 

 

25.71 

 

1.181 

 

0.370 

 

0.611 

 

0.253 

 

32.77 

 

16.30 

 

25 

 

100 36.05 

 

24.00 

 

0.565 

 

0.285 

 

0.207 

 

0.152 

 

16.19 

 

11.64 

 

25 

 

250 35.90 

 

23.08 

 

0.630 

 

0.217 

 

0.183 

 

0.137 

 

17.54 

 

9.67 
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Figure 4.15.  1L scale and Micro-24 process optimisation DoE surface response plots for total 

titre, extracellular titre and total SPR. (a) 1L scale total titre surface response plot showing the 

effect of post-induction temperature and IPTG; (b) equivalent Micro-24 total titre surface 

response plot; (c) 1L scale extracellular titre surface response plot showing the effect of post-

induction temperature and IPTG; (d) equivalent Micro-24 extracellular titre surface response plot; 

(e) 1L scale total SPR surface response plot showing the effect of post-induction temperature and 

IPTG; (f) equivalent Micro-24 total SPR surface response plot.  A 2-factor-2-level, full facetorial 

design was used, and the DoE design was performed in duplicate.  The DoE response models 

were generated using JMP
®
 13 software (SAS Institute, North Carolina, USA).  These 

experiments were performed as described in Section 2.7, and the analytical assays were carried 

out as described in Section 2.10. 

(a) (b) 

(c) (d) 

(e) (f) 
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4.11. Summary 

The aim of this chapter was to refine the direct feeding strategy to establish industrially relevant 

E. coli cultures in the microbioreactor, that were comparable to a laboratory scale fed-batch 

process in terms of cell growth, product expression and DO control.  A feeding strategy was 

established for the microbioreactor by developing a bespoke feed delivery system, and refining 

the feeding strategy in terms of feed rate and concentration, concentration of inhibitory by-

products, and dissolved oxygen control.  The observed well-to-well variation in cell growth and 

product expression was shown to be caused by high acetate levels pre-feeding. The 

reproducibility was improved by increasing the DO set point to 60%, and the implementation of 

a 5-hour hold period for acetate consumption. 

The source of the variation in the pre-feeding acetate concentration appears to the inherent to 

the microbioreactor, as wells performed consistently between experiments.  An exclusion 

criteria was defined based on the pH and DO control, pre-feeding acetate concentration and the 

pre-induction biomass concentration, to ensure only meaningful data was included in 

experimental analysis.  

Finally, to exemplify the use of the microbioreactor in a DoE-driven, fed-batch fermentation 

optimisation procedure, experiments investigating the effect of post-induction temperature and 

IPTG concentration on total titre, extracellular titre and total SPR were performed.  The results 

demonstrated that the microbioreactor fed-batch process is predictive of the 1L scale process 

(Section 4.10 and Table 4.2). 
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Chapter 5: Evaluation of the microbioreactor system as a scale-down model for 

pilot scale, fed-batch fermentation process development 

 

5.1. Introduction and aim 

In Chapter 4, a direct fed-batch feeding approach was established at microwell scale (Section 

4.9) and it was demonstrated that the microbioreactor can be predictive of 1L-scale fed-batch 

fermentation process performance (Section 4.10). This justifies the use of the fed-batch 

microbioreactor platform as a tool for bioprocess optimisation experiments.  The aim of this 

chapter is to demonstrate the scalability of the microbioreactor process, in terms of cell growth, 

product expression and product quality.  To this end 1L laboratory scale and 50L pilot scale 

fermentations were performed under optimum conditions, and the harvest samples were 

analysed for aggregation and fragmentation.  In addition, the microbioreactor was characterised 

in terms of the oxygen mass transfer coefficient (kLa) and the fluid mixing time (tm), to give an 

insight into the differences in process conditions between scales.   The microbioreactor data was 

compared to experimental kLa data for the 1L vessel, the predicted kLa of the 50L vessel using 

literature correlations, and the predicted mixing times of the 1L and 50L vessels using literature 

correlations.   

 

5.2. Comparison of the kLa of the 1L and 50L vessels and the microbioreactor 

5.2.1. Micro-24 kLa characterisation  

The kLa values of the microbioreactor for each cassette geometry were determined using the 

static gassing out method under shaking conditions suitable for microbial cultivation (van’t Riet, 

1979; Betts et al., 2014). Experiments were performed using two different solutions; deionised 

water and complex media containing antifoam (Section 2.3.2)   A DoE approach was used as 

described in Section 2.8.1.  A 3 factor-2 level face centred central composite design with 6 

centre points was used (Islam et al., 2007).  The factors studied were agitation speed (500-800 

rpm), air flow rate (0.1-20.0 mL min
-1

) and fill volume (4-7mL) as described in Table 2.5.  For 

the BFL cassette the fill volume range investigated was 4-5mL, due to splashing at higher fill 

volumes. 

The kLa values in just water were greater in the REG and BFL cassettes compared to the PRC 

cassette, which is consistent with the presence of a dispersed gas phase; the maximum kLa 

values with deionised water for the REG, BFL and PRC cassettes were 101h
-1

, 136h
-1

 and 64h
-1 
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respectively (Figure 5.1).  The BFL cassette had the highest kLa with water due to enhanced 

mixing with the single baffle.  However, despite this, the BFL cassette was not used for any 

fermentations, and was only evaluated in regard to oxygen mass transfer with water as a 

comparison.  The BFL cassette was considered unsuitable for fed batch cultures due to the fill 

volume restrictions to prevent splashing, and the increased foaming compared to the REG 

cassette.   

The measured kLa values were not corrected for the optical sensor spot probe response time (τp), 

the time taken for a stepwise increase in the DO from 0 to 63%, (van’t Riet, 1979; Lamping et 

al., 2003; Betts, Doig and Baganz, 2006), as the sensor spots are fixed in situ meaning it is not 

possible to transfer the optical sensors from a 100% DO environment to a 0% DO environment.  

The accuracy of kLa measurements is likely to be affected if τp is not significantly less than 1/kLa 

(Badino et al. 2000; Betts et al. 2006; Van ’t Riet 1979).  The response time of the optical 

sensor spots stated in the specification is <6 seconds (PreSens, 2018), and 1/kLamax of the 

microbioreactor (REG cassette) was ~35 seconds, therefore the probe response time is unlikely 

to have affected the accuracy of the kLa measurements.  

For measurements made using complex media containing antifoam, the maximum  kLa of the 

REG cassette were approximately 45% lower at 56h
-1

 (Figures 5.1(a) and(b)), compared to 

deionised water. Similarly, the maximum kLa of the PRC cassettes was 28% lower with a kLa of 

43h
-1

 (Figures 5.1c and d).  This decrease in kLa is due to adsorption of antifoam at the gas-

liquid interface providing an extra barrier to oxygen transfer, and hence a decrease in the kLa.  

The presence of a dispersed gas phase in the REG cassette results in a greater reduction in the 

kLa compared to the PRC cassette, due the greater gas-liquid interfacial area.  The increased 

viscosity of the media containing glycerol is likely to cause a decrease in both the interfacial 

area (a), and the liquid film mass transfer coefficient kL.  Bubble coalescence is enhanced at 

higher viscosities leading to an increase in bubble rise velocity and therefore a reduction in 

bubble residence time (Kantarci, Borak and Ulgen, 2005).  The oxygen solubility (LO2) in media 

was determined to be 95% the solubility in water, which would also result a  reduction in kL in 

addition to the increase in viscosity (Hermann et al., 2003).  

The maximum kLa was achieved at a shaking frequency of 800rpm, total gas flow rate of 20 mL 

min
-1

 for all cassette geometries, a fill volume of 4mL with the REG and PRC cassettes, and a 

5mL fill volume for the BFL cassette, using water (Figure 5.1(a), (c) and (e).  With complex 

media containing antifoam the maximum kLa was achieved under the same conditions as with 

water for the REG and PRC cassettes (Figure 5.1b and d).  The shaking frequency and total gas 

flow rate had a significant impact on the kLa values measured in all cassette geometries, whereas 

the fill volume did not affect the kLa response in all cases with the exception of the PRC cassette 

using complex media (Tables 5.1-5.4). In the case of the PRC cassette using complex media, the 
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kLa response decreased with increasing fill volume due to the decrease in the surface-area-to-

volume-ratio, and the reduced oxygen transfer in complex media compared to water.  There was 

a significant interaction between shaking frequency and total gas flow rate with all cassette 

geometries, using both water and complex media; the total gas flow rate had a greater effect on 

the kLa response at higher shaking frequencies (Tables 5.1-5.5).  This is likely due to the 

improved fluid mixing at higher shaking frequencies.  There was also an interaction between 

total gas flow rate and fill volume for the PRC cassette using both water and complex media; 

the total gas flow rate had a greater impact on the kLa response with lower fill volumes (Tables 

5.3 and 5.4).  This is consistent with the higher surface-area-to-volume-ratio at lower fill 

volumes.  This interaction was not observed with the REG or BFL cassettes with water, or REG 

cassette with complex media, as oxygen transfer is not dependant on headspace aeration (Tables 

5.1, 5.2 and 5.5).  In general these data show that the microbioreactor kLa is mainly determined 

by shaking frequency and the presence of dispersed gas phase. 

The kLa values for the microbioreactor (Micro-24) in this work are comparable to data reported 

by Betts et al. (2014) and Ramirez-Vargasa et al., (2014) for the microbioreactor using cell 

culture media.  Betts et al. 2014 reported kLa values for the microbioreactor at a 7mL fill 

volume, shaking frequencies 500-800rpm and gas flow rates of 0.1-10 mL min
-1

, ranging from 

4-22h
-1

 and 4-53h
-1

 for the PRC and REG cassette designs respectively.  Ramirez-Vargassa et al 

(2014) have also reported kLa values for the PRC cassette and BFL geometries in a cassette 

similar range of 8-40h
-1

 and 15–90h
-1

 respectively using tap water under a range of experimental 

conditions,   These values are lower than the experimental values reported in this work as 

different well closures were used that do not allow two-way gaseous exchange.  The 

microbioreactor kLa values are also comparable to kLa values reported for other shaken MBRs 

(Table 1.2) and conventional microtitre plates.  Doig et al. (2005) reported kLa values between 

36 and 180h
-1

 for a 24-well plate, with a fill volume of 1182µL, shaking frequencies of 200 to 

800rpm shaking diameters of 3-8mm, and also derived a correlation for predicting kLa in shaken 

microwell plates.  Micheletti et al., (2006) predicted kLa values for a 96-DSW plate of 64 to 

260h
-1

 using the correlation described by Doig et al., using a fill volume of 1000µL, shaking 

diameter of 3mm and shaking frequencies of 500-100rpm.  Hermann et al. (2003) determined 

the kLa of both round and square 96-well plates at shaking diameters of 3-50mm, fill volume of 

200µL and shaking frequencies of up to 800rpm using the sodium sulphite oxidation method; 

under these conditions the kLa values were in the range 25-1500h
-1

.   

In order to use microbioreactors as a scale-down model of larger scale stirred reactors, it is also 

necessary to compare kLa values in conventional STRs to the kLa values in microbioreactors. In 

general, the kLa values of microbioreactors are at the lower end of the reported range for STRs 

over the size range of 0.025 - 20L.  Ali et al., (2012) reported kLa values of 250h
-1 

and 210h
-1

 for 

a 25mL STR and 20L STR respectively at agitation speeds of 2000-7000rpm and 1VVM gas 
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flow rate.  Yawalkar et al., (2002) derived a kLa correlation for air-water systems based on a 

relative dispersion parameter, N/Ncd, where Ncd is rotational speed at which the complete 

dispersion of the gas phase occurs and the superficial gas velocity, ν.  The literature 

experimental kLa values used to derive the correlation were in the range 30-490h
-1

, for a variety 

of STR configurations (DT = 0.39-1.2m).   

 

Table 5.1. Model parameter estimates for the kLa characterisation of the REG cassette with 

water 

Term Estimate Std 

Error 

t Ratio Prob>|t| 

Intercept 58.53 3.66 15.99 <.0001 

Shaking frequency (rpm)(500,800) 13.25 3.37 3.94 0.003 

Gas flow rate (mL minˉ¹)(0.1,20) 33.83 3.37 10.05 <.0001 

Fill volume (mL)(4,7) -4.08 3.37 -1.21 0.253 

Shaking frequency (rpm)*Gas flow rate (mL minˉ¹) 10.63 3.76 2.83 0.018 

Shaking frequency (rpm)*Fill volume (mL) -0.16 3.76 -0.04 0.968 

Gas flow rate (mL minˉ¹)*Fill volume (mL) -2.70 3.76 -0.72 0.489 

Shaking frequency (rpm)*Shaking frequency (rpm) 2.65 6.42 0.41 0.689 

Gas flow rate (mL minˉ¹)*Gas flow rate (mL minˉ¹) -23.04 6.42 -3.59 0.005 

Fill volume (mL)*Fill volume (mL) 2.90 6.42 0.45 0.662 

 

Table 5.2. Model parameter estimates for the kLa characterisation of the REG cassette with 

complex media containing 500ppm of antifoam 

Term Estimate Std 

Error 

t Ratio Prob>|t| 

Intercept 29.39 1.47 19.96 <.0001 

Shaking frequency (rpm)(500,800) 9.69 1.35 7.15 <.0001 

Gas flow rate (mL minˉ¹)(0.1,20) 16.39 1.35 12.1 <.0001 

Fill volume (mL)(4,7) -2.97 1.35 -2.19 0.053 

Shaking frequency (rpm)*Gas flow rate (mL minˉ¹) 8.21 1.51 5.42 0.000 

Shaking frequency (rpm)*Fill volume (mL) 0.72 1.51 0.47 0.647 

Gas flow rate (mL minˉ¹)*Fill volume (mL) -1.68 1.51 -1.11 0.293 

Shaking frequency (rpm)*Shaking frequency (rpm) -3.59 2.58 -1.39 0.195 

Gas flow rate (mL minˉ¹)*Gas flow rate (mL minˉ¹) -9.15 2.58 -3.54 0.005 

Fill volume (mL)*Fill volume (mL) 3.67 2.58 1.42 0.186 
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Table 5.3. Model parameter estimates for the kLa characterisation of the PRC cassette with 

water 

Term Estimate Std 

Error 

t Ratio Prob>|t| 

Intercept 26.02 0.87 29.87 <.0001 

Shaking frequency (rpm)(500,800) 11.39 0.80 14.21 <.0001 

Gas flow rate (mL minˉ¹)(0.1,20) 16.29 0.80 20.33 <.0001 

Fill volume (mL)(4,7) -0.81 0.80 -1.02 0.334 

Shaking frequency (rpm)*Gas flow rate (mL minˉ¹) 9.93 0.90 11.08 <.0001 

Shaking frequency (rpm)*Fill volume (mL) 1.52 0.90 1.70 0.120 

Gas flow rate (mL minˉ¹)*Fill volume (mL) -2.74 0.90 -3.06 0.012 

Shaking frequency (rpm)*Shaking frequency (rpm) 5.92 1.53 3.87 0.003 

Gas flow rate (mL minˉ¹)*Gas flow rate (mL minˉ¹) -4.45 1.53 -2.91 0.015 

Fill volume (mL)*Fill volume (mL) -3.11 1.53 -2.03 0.070 

 

Table 5.4. Model parameter estimates for the kLa characterisation of the PRC cassette with 

complex media containing 500ppm antifoam 

Term Estimate Std 

Error 

t Ratio Prob>|t| 

Intercept 19.03 0.76 25.06 <.0001 

Shaking frequency (rpm)(500,800) 6.26 0.70 8.97 <.0001 

Gas flow rate (mL minˉ¹)(0.1,20) 9.34 0.70 13.37 <.0001 

Fill volume (mL)(4,7) -1.99 0.70 -2.85 0.017 

Shaking frequency (rpm)*Gas flow rate (mL minˉ¹) 4.89 0.78 6.26 <.0001 

Shaking frequency (rpm)*Fill volume (mL) -0.94 0.78 -1.21 0.255 

Gas flow rate (mL minˉ¹)*Fill volume (mL) -3.12 0.78 -4.00 0.003 

Shaking frequency (rpm)*Shaking frequency (rpm) -2.26 1.33 -1.70 0.120 

Gas flow rate (mL minˉ¹)*Gas flow rate (mL minˉ¹) -5.04 1.33 -3.78 0.004 

Fill volume (mL)*Fill volume (mL) 2.90 1.33 2.18 0.054 
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Table 5.5. Model parameter estimates for the kLa characterisation of the BFL cassette with 

water 

Term Estimate Std 

Error 

t Ratio Prob>|t| 

Intercept 87.24 4.21 20.74 <.0001 

Shaking frequency (rpm)(500,800) 15.19 3.87 3.93 0.003 

Gas flow rate (mL minˉ¹)(0.1,20) 48.07 3.87 12.42 <.0001 

Fill volume (mL)(4,5) -0.94 3.87 -0.24 0.813 

Shaking frequency (rpm)*Gas flow rate (mL minˉ¹) 14.25 4.33 3.29 0.008 

Shaking frequency (rpm)*Fill volume (mL) 1.95 4.33 0.45 0.662 

Gas flow rate (mL minˉ¹)*Fill volume (mL) 0.93 4.33 0.21 0.834 

Shaking frequency (rpm)*Shaking frequency (rpm) -10.61 7.38 -1.44 0.181 

Gas flow rate (mL minˉ¹)*Gas flow rate (mL minˉ¹) -27.04 7.38 -3.66 0.004 

Fill volume (mL)*Fill volume (mL) 4.64 7.38 0.63 0.544 
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Figure 5.1.  Surface response plots showing the effect of shaking frequency (rpm), and gas flow 

rate (mL min
-1

) on the measured kLa of the Micro-24 for: (a) REG cassette design filled with 

4mL water; (b) REG cassette design filled with 4mL complex media containing antifoam; (c) 

PRC cassette design filled with 4mL of water; (d) PRC cassette designs filled with 4mL of 

complex media containing antifoam; (e) BFL cassette design filled with 4mL water. All 

experiments were performed at 30°C as described in Section 2.8.1.  A 3-factor-3-level, face-

centered, central composite design (fcCCD) with six centre points was used, and all experiments 

were performed in duplicate.  The DoE response models were generated using JMP
®
 13 

software (SAS Institute, North Carolina, USA).  The black dots represent the actual data points 

measured in the experimental design.  

 



  

- 134 - 
 

5.2.2. Predicted kLa values of the 50L and 1L vessels from literature correlations 

The kLa of the 1L vessel (Section 2.3.1) was predicted using the correlations reported in the 

literature described in Table 5.7, and compared to historical data generated in-house at GSK.  

The gassed power (Pg) was predicted using the gassed-ungassed power ratio (Pg/Pug) 

correlations reported in the literature described in Table 5.6, assuming a power number of 6 for 

a Rushton turbine impeller in the turbulent region (Nienow, 1998).  The correlation described 

by Hughmark, (1980) was used for the kLa predictions (Figure 5.2(a)), since it was developed 

from literature data (391 data sets) and has an average absolute deviation of the experimental 

values from the calculated values of 0.117, meaning it is considered to be reliable.  In addition, 

the data sets included in correlation development included a range of vessel configurations with 

diameters in the range 0.165m to 1m, and fluid viscosities up to 90 cP, meaning it should be 

suitable for Pg/Pug predictions at both 1L laboratory and 50L pilot scales, with both water and 

complex media.       

The correlations used to predict the 1L scale kLa are shown in Table 5.7.  Figure 5.2(b) shows 

that the correlation described by Zhu, Bandopadhyay and Wu (2001) gives the best predictions 

of the experimental data both in terms of the magnitude of the kLa values and also how they 

vary as a function of N.  Gas hold-up was not accounted for in these predictions, therefore the 

predicted kLa is likely to be an overestimation of the actual kLa (Möckel et al., 1990).  The kLa 

correlation described by Zhu, Bandopadhyay and Wu, (2001), and the Pg/Pug correlation 

described by Hughmark, (1980) were also used to predict the kLa for the 50L vessel (Figure 

5.3).  Figure 5.3 shows that the predicted kLa of the 50L and 1L vessel, experimental data for the 

1L vessel, and the microbioreactor data for the REG cassette generated by the model described 

in Section 5.2.1 and Equation 5.1.  All predicted and experimental data was generated using the 

maximum gas flow rate used in a standard fermentation.  Figure 5.3 shows that the 

microbioreactor kLa is significantly less than both the 50L and 1L vessels, even at the highest 

shaking frequency of 800rpm.  At all three scales the oxygen transfer can be enhanced by 

oxygen enrichment; in the microbioreactor fermentations 100% oxygen is used for DO control, 

which enhances the oxygen concentration gradient (CL*-CL) (Clarke, 2013). 
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Equation 5.1 

kLa  =  
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Table 5.6. Summary of literature Pg/Pug correlations for stirred tanks. Pg = gassed power input (W), Pug = ungassed power input (W), Q = volumetric gas flow rate 

(m
3
 s

-1
), N = stir speed (s

-1
) , di = impeller diameter (m). 

Equation 

number. 

Author(s) Equation Symbols Notes 

5.2 (Mockel et al., (1990)   

   
  

 

     
 

    
 

 
Z , constant based on number of 

impellers 

Z = 750 (1 impeller) 

Z = 490 (2 impellers) 

Z = 375 (3 impellers) 

g = acceleration of gravity = 9.2 m 

S
-2

 

 

5.3 Cui, van der Lans and Luyben, 

(1996) 
   

  

   
           

      

  
   

 Apply equation when: 

  

      

  
         

5.4 (Cui, van der Lans and Luyben, 

1996) 
   

  

   
     

      

  
   

 Apply equation when: 

  

      

  
         

5.5 Luong and Volesky, (1979)   

   

        
 

   
  

     

 
    

 

 
 

     

 

 

σ = air-liquid surface tension (N m
-

1
) 

 

5.6 Calderbank, (1958)   

   
           

 

   
  

 Apply equation when 
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Equation 

number. 

Author(s) Equation Symbols Notes 

5.7 Calderbank, (1958)   

   
        

 

   
  

 Apply equation when 

         

5.8 Hughmark, (1980)   

   
      

 

  
 
     

 
    

 

    
     

    

 
Wi = impeller blade width (m) 

VL = liquid volume (m
3
) 

 

 

 

Table 5.7. Summary of literature kLa correlations for Rushton turbines in stirred tanks. . Pg = gassed power input (W), νs = superficial gas velocity (m s
-1

), N = stir 

speed (s
-1

), dT = tank diameter (m). 

Equation 

number 

Author(s) Equation kLa measurement 

method 

Type of fluid Notes 

5.9 van’t Riet, (1979) 
          

  

 
 
   

  
    

Static gassing out Air- water  

5.10 Nishikawa et al., (1981)    

            
  

 
 
    

     
    

Static gassing out Air - water  

5.11 Chandrasekharan and 

Calderbank, (1981) 

   

  
      

  
   

  

 
 
     

  
       

    
 

Static gassing out Air – water   

5.12 Gibilaro et al., (1985)  
         

  

 
 
    

  
     

Static gassing out Air - water  

5.13 Linek et al., (2004) 
           

  

 
 
     

  
      

Dynamic pressure Air – water   
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Equation 

number 

Author(s) Equation kLa measurement 

method 

Type of fluid Notes 

5.14 Gagnon et al., (1998) 
           

  

 
 
    

  
      

Static gassing out Air – water 3 Rushton turbines 

5.15 Arjunwadkar et al., (1998)  
          

  

 
 
    

  
     

Static gassing out Air – water with 

ions 

2 Rushton turbines 

5.16 Vasconcelos et al., (2000) 
           

  

 
 
    

  
     

Peroxide 

decomposition 

Air – water with 

ions 

2 Rushton Turbines, 

magnesium sulphate catalyst 

used 

5.17 Puthli, Rathod and Pandit, 

(2005)            
   

  

 
 
    

  
     

Static gassing out Air – water 3 Rushton turbines 

5.18 Vilaca et al., (2000) 
            

  

 
 
    

  
     

Sodium sulphite Air – water – 

sodium sulphite 

2 Rushton Turbines, copper 

sulphate catalyst 

5.19 Smith et al., (1977) 
         

  

 
 
     

  
    

Static gassing out Air - water  

5.20 Zhu et al., (2001) 
          

  

 
 
    

  
     

Static gassing out Air - water  

5.21 Gill et al. (2008b) 

          
  

 
 
   

  
    

Static gassing out Air – water with 

ions 

100mL miniature stirred 

bioreactor with a single 

turbine impeller 

 



  

- 139 - 
 

0.00 0.02 0.04 0.06 0.08 0.10

0.0

0.1

0.2

0.3

0.4

0.5

0.6

0.7

0.8

0.9

1.0

 Cui et al. 1996

 Mockel et al. 1990

 Luong and Volesky 1979

 Calderbank 1958

 Hughmark 1980

P
g
/P

u
g

Flow number

(a) 

(b) 

0 5 10 15 20 25 30

0.0

0.1

0.2

0.3

0.4

0.5

0.6

0.7

0.8

0.9

1.0

1.1

1.2

1.3

1.4

k
L
a
 (

s
-1

)

N (s-1)

 Gill et al., 2008b

 Vant Riet et al., 1979

 Niskikawa et al., 1981

 Chandrasekharan and Calderbank, 1981

 Gibilaro et al., 1985

 Linek et al., 2004

 Gagnon et al., 1998

 Arginwadker et al., 1998

 Vasconcelos et al., 2000

 Puthli et al., 2005

 Vilaca et al., 2000

 Smith et al., 1977

 Zhu et al., 2001

 Experimental

 

 

 

 

 

 

  

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 5.2.  Gassed-ungassed power consumption ratios and kLa values for the 1L scale vessel 

calculated from literature correlations.  (a) Gassed-ungassed power consumption ratios for the 1L 

vessel using the literature correlations described in Table 5.6.   (b) Comparison of the 1L scale 

kLa experimental  data with the literature correlations described in Table 5.7., using the gassed 

power correlation described by Hughmark. (1980). The 1L scale historical experimental data was 

generated with 1L water using the static gassing out method in-house at GSK., as described in 

Section 2.8.1 for the Micro-24 kLa characterisation experiments. 
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Figure 5.3.  Comparison of the predicted kLa values (●, solid line) and experimental kLa values 

(○, dashed line) of the 1L scale vessels, and the predicted kLa values of the 50L vessel (■, solid 

line) with increasing stir speed, and predicted Micro-24 kLa values (solid line) with increasing 

shaking frequency.    The predicted 1L scale and 50L kLa was determined using the correlation 

described by Zhu et al., 2001, and the gassed-ungassed power  consumption ratio described by 

Hughmark (1980).  The Micro-24 kLa data was generated using the DoE model (Equation 5.1).  

The 1L scale kLa was determined/ predicted using a volumetric gas flow rate of 2 vvm, the 50L 

kLa was predicted using a volumetric gas flow rate of 1.2 vvm, and the Micro-24 kLa was 

predicted using a volumetric gas flow rate of 3.75 vvm and a fill volume of 4mL.  The 1L scale 

historical experimental data was generated with 1L deionised water using the static gassing out 

method in-house at GSK as described in Section 2.8.1 for the Micro-24 kLa characterisation 

experiments.   
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5.3. Microbioreactor fluid mixing time (tm) determination 

Efficient mixing of microbial cultivations is critical for rapid oxygen transfer, and for the 

blending of liquid additions in the case of fed-batch fermentations.  Therefore, understanding 

mixing in small-scale shaken reactors is important for the development of effective scale-down 

models of small-scale STRs.  The fluid mixing times (tm) of the microbioreactor REG and PRC 

cassettes (Section 2.4.) were measured using the iodine decolourisation method (Carreau, 

Patterson and Yap, 1976; Takahashi et al., 1985; Betts et al., 2014).  The colour change was 

determined using a DVR Fastcam as described in Section 2.8.2.   

Figure 5.4. shows representative images from the DVR for both the REG and PRC cassettes.  

Buchs et al., (2001) described a phenomenon unique to fluid flow in shaken bioreactors, and 

identified two flow regimes: ‘in-phase’ and ‘out-of-phase’.  The’ in-phase’ flow regime occurs 

when the majority of the liquid circulates around the vessel wall in sync with the motion of the 

shaking platform.  Fluid flow is ‘out-of-phase’ when only a small fraction of liquid moves along 

the vessel wall and the majority of the liquid remaining stationary on the base of the flask 

reducing mixing efficiency.  A non-dimensional number, the phase number (Ph) describes this 

phenomenon.  The phase number can be calculated from Equation 1.9.  Where do is the shaker 

diameter, df is the inner diameter of the shaken vessel, V is the liquid volume and N is the 

shaking frequency.  According to Buchs et al, for operating conditions where Ph<1.26 fluid 

flow will be ‘in-phase’ and for Ph<1.26 fluid flow will be ‘out-of phase.   It was not possible to 

calculate the Ph for the fill volumes tested (3-7mL) as a negative value in the square root was 

obtained, however the fluid motion depicted in Figure 5.4 indicates the fluid flow is ‘in-phase’ 

with the orbital shaking platform in both the REG and PRC cassettes. 

The measured microbioreactor mixing times were 0.5-3.0s for the REG cassette and 0.6-15s for 

the PRC cassette.  For both cassette designs mixing time decreased with increasing shaking 

frequency and decreasing fill volume (Figure 5.5), although the shaking frequency has a much 

greater effect on mixing time than fill volume (Tables 5.8 and 5.9).  There was a significant 

interaction between fill volume and agitation for the PRC cassette design; at low shaking 

frequencies the fill volume had a greater impact on the mixing time.  This interaction was not 

observed with the REG cassette indicating it is an artefact of the central vent of the PRC 

cassette.  Overall at lower fill volumes (4mL) the mixing times for both cassette geometries 

were comparable.     

The microbioreactor (Micro-24) mixing times determined here are comparable to values 

previously reported for the microbioreactor by Betts et al (2014) who reported mixing times of 

0.8-2s at shaking speeds of 650-800rpm and fill volumes of 5-7mL for the REG and PRC 

cassettes.  The mixing times are also comparable to those reported by Barrett et al. (2010) for 

shaken microwell plates.  Barrett et al., (2010) reported mixing times for a 24-well SRW 
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cassette of 1.7±0.06s for both 800µL and 1000µL fill volumes at Re = 1830; the Micro-24 

mixing times were comparable at 0.5-3s at Re = 2133-3413, with the exception of the mixing 

times of the PRC cassette at low shaking speeds.  The Micro-24 Re and the microtitre plate Re 

described by Barrett et al. were calculated using Re for shaking systems (Equation 1.8) as 

defined by Büchs et al., (2000).  

The mixing time values reported here are also of a similar magnitude to those reported for 

conventional STRs.  Gogate, Beenackers and Pandit, (2000) reported mixing times for an STR 

multiple impeller geometries at agitation speeds up to 1200rpm of less than 40s and less than 

10s for a single Rushton turbine.  Saito et al. (1992)  reported mixing times in a similar range of 

5-20s for 6-blade RSGT and Rushton turbine impellers at agitation speeds of 100 to 450rpm and 

gas flow rates of 0.5-1 VVM.   

Cooke, (1993) described a correlation for ‘90% mixing times’ (t90), which was defined as the 

time taken for the conductivity of a tracer to reach ±10% of the equilibrium, for 20-60 litre 

STRs with aspect ratios of 1-3 and three Rushton Turbines.  The mixing time correlation is 

shown in Equation 1.7, where HL is the liquid height and P0 is the power number.  Equation 1.7 

was used to predict the mixing time of the 1L and 50L scale vessels (Figure 5.6.) under non-

aerated conditions.  Figure 5.6 shows that the predicted mixing times of the 1L scale under the 

agitation speeds typically used in fed-batch fermentations, are comparable to the 

microbioreactor mixing times under microbial operating conditions, whereas the mixing time of 

the 50L vessel is predicted to be significantly higher.  Table 5.10 summarises the engineering 

parameters of the 50L-scale, 1L-scale and microbioreactor processes under standard fed-batch 

fermentation conditions.   

Bulk mixing is less efficient at larger volumes at equivalent agitation speeds due to the decrease 

in Pg/V (Cooke, 1993; Nienow, 1998).  Rushton turbines are radial-flow impellers and it has 

been shown that 60% of the energy input is dissipated in the immediate impeller and jet flow 

regions, which can lead to longitudinal gradients (Wu and Patterson, 1989; You et al., 2014).  

This can lead to dissolved oxygen, temperature and  nutrient concentration gradients, and 

compromised process control (Oosterhuis and Kossen, 1984; Larsson et al., 1996; Lara et al., 

2006); this could explain the lower biomass concentration and product expression achieved with 

the 50L scale process compared to the 1L scale process (see later in Section 5.4.)  . 

Additional microbioreactor mixing time experiments were performed at a fill volume of 3mL, to 

establish if the removal of 1mL of culture broth prior to feeding (Sections 2.6.3.1. and 4.5), to 

allow sufficient volume for feed additions, was likely to affect fluid mixing.  Figure 5.7 shows 

that for both the REG and PRC cassettes the mixing time increases with increasing fill volume 

in the range 3-7mL; at all fill volumes the mixing time of both cassette types was less that 2s 

indicating that mixing is efficient.  The images obtain from the DVR Fastcam also indicated that 
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the fluid motion was ‘in phase’ and therefore the fluid was well mixed at all fill volumes.  

Therefore the mixing of the cultures should not have been negatively impacted by the change in 

volume due to feed additions  

The microbioreactor mixing time experiments were performed using aqueous media, whereas 

under fermentation conditions the viscosity is greater due to the glycerol in the media and feed, 

and the presence of cells and cell debris such a DNA (Balasundaram et al., 2009; Newton et al., 

2016).  Therefore the mixing times determined may be an underestimation of the mixing times 

under fed-batch fermentation conditions (Tan, Eberhard and Büchs, 2011; Rodriguez, Micheletti 

and Ducci, 2018), however the system should still be well-mixed.    Betts et al. (2014) showed 

that aeration decreases the mixing time of the shaken microbioreactor, which is consistent with 

the occurrence of enhanced gas-induced mixing.  In theory, in STRs the mixing time will 

increase with aeration, as it is inversely proportional to Po (Cooke, 1993).  However, the 

reduction in mechanical mixing efficiency with aeration, is usually compensated for by the gas-

induced liquid flow, meaning mixing of aerated and unaerated systems is comparable (VraH bel 

et al., 2000).  The absence of mechanical agitation in the microbioreactor means that the gas-

induced flow has a greater effect on mixing than in conventional STRs. 

 

Table 5.8. Model parameter estimates for mixing time determination of the REG cassette  

 

Term Estimate Std 

Error 

t Ratio Prob>|t| 

Intercept 3.720 0.525 7.09 0.0001* 

Shaking frequency (rpm) -0.004 0.001 -7.01 0.0001* 

Fill volume (mL) 0.171 0.061 2.80 0.0233* 

(Shaking frequency (rpm)-650)*(Fill volume 

(mL)-5.5) 

0.000 0.000 -0.07 0.9484 

 

Table 5.9. Model parameter estimates for mixing time determination of the PRC cassette 

Term Estimate Std 

Error 

t 

Ratio 

Prob>|t| 

Intercept 10.181 5.515 1.85 0.0980 

Shaking frequency (rpm) -0.023 0.006 -3.65 0.0053* 

Fill volume (mL) 1.416 0.643 2.20 0.0552 

(Shaking frequency (rpm)-650)*(Fill volume 

(mL)-5.5) 

-0.013 0.005 -2.52 0.0327* 
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tm =  

 

 

 

 

 

 

 

 

 

Figure 5.4.  Representative high speed video images during Micro-24 mixing time experiments 

using the iodine discoloration method for: (a) REG cassette design and (b) PRC cassette design.  

Conditions for all experiments: dynamic start; 4mL fill volume; 800rpm shaking frequency; do 

5mm; 30°C.  The experiments were performed as described in Section 2.8.2 and images were 

acquired using a DVR Fastcam (Photron, California, USA). 
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Figure 5.5.  Surface response plots showing the effect of a shaking frequency (rpm), and fill 

volume (mL) on the mixing time of the Micro-24 (a) REG cassette and (b) PRC cassette 

designs.   All experiments were performed under non-aerated conditions at 30°C. A 2-factor-

3-level, face-centered, central composite design (fcCCD) with six centre points was used, and 

the DoE design was run in duplicate.  The DoE response models were generated using JMP
®
 

13 software (SAS Institute, North Carolina, USA).  These experiments were performed using 

a DVR Fastcam (Photron, California, USA) as described in Section 2.8.2.  The black dots 

represent the actual data points measured in the experimental design.   
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Figure 5.6.  Comparison of the predicted 50L (■, dashed line) and 1L scale (●, dashed line) 

mixing times with increasing stir speed under non-aerated conditions, and Micro-24 mixing time 

data (solid line) with increasing shaking frequency under non-aerated conditions.    The predicted 

1L scale and 50L mixing time was determined using the correlation described by Cooke, 1993, 

and the Micro-24 mixing time data was generated using the DoE model (Equation 5.22) using a 

fill volume of 4mL.  The Micro-24 mixing time was measured using a DVR Fastcam (Photron, 

California, USA) as described in Section 2.8.2  

Figure 5.7. Effect of fill volume on the mixing time of the REG (■) and PRC (●) cassettes under 

non-aerated conditions. The Micro-24 mixing time data was generated using a shaking frequency 

of 800rpm at 30°C, and was measured using a DVR Fastcam (Photron, California, USA) as 

described in Section 2.8.2.  
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5.4. Comparison of cell growth, product expression and product quality of the 

microbioreactor fed-batch process to the 1L scale and 50L processes 

50L pilot scale, 1L laboratory scale and Micro-24 fermentations were performed under optimum 

conditions i.e. platform conditions for the 50L and 1L scale fermentations, and the refined 

microbioreactor fed-batch fermentation process described in Section 4.9 (Figure 4.11).  Table 

5.10 summarises the oxygen transfer and fluid mixing characteristics under fermentation 

conditions.  The three processes were compared in terms of cell growth and product expression 

(Figure 5.8), and dAb product quality (Figure 5.9).  Table 5.11 summarises the 50L scale, 1L 

scale and microbioreactor processes in terms of cell growth, product expression and product 

quality.   

Figure 5.8a shows that the highest pre-induction biomass concentration was achieved at 1L 

scale; an OD600 value of ~60 was acheived compared to ~50 and ~42 at 50L and microbioreactor 

scale respectively.  As previously described in Section 5.2 the lower biomass in the 

microbioreactor may be attributed to the lower oxygen mass transfer capacity of the 

microbioreactor.  The lower pre-induction biomass at 50L scale may be due could be a result of 

less efficient mixing compared to the 1L scale vessel.  The pre-feeding acetate concentration 

decreased with increasing scale, which could be result of differences the in oxygen mass 

transfer and the growth rate of the cells.  The pre-feeding acetate concentration at 50L scale was 

minimal at 0.05 g L
-1

, which is 4-fold and 8-fold lower that the 1L scale and microbioreactor 

processes respectively.  The sample port was situated at the bottom of the vessel, so the sample 

is likely to have been taken from a well-mixed region, therefore the metabolite concentrations 

may be an underestimation of the average concentration of the bulk fluid (Wu and Patterson, 

1989; You et al., 2014).   

Figure 5.8(c) shows the titres achieved at 50L, 1L and microbioreactor scale.  The total titres at 

1L and 50L scale were 1.39 g L
-1

 and 0.86 g L
-1

 respectively.  The microbioreactor total titre 

was 0.48 g L
-1

 indicating that it may be a better model of the 50L scale process than the 1L-

scale process.  The specific productivity data also suggests that the microbioreactor processes 

better predicts the 50L scale process than the 1L scale process (Figure 5.8(d) and Table 5.11).  

The 50L and microbioreactor processes, were also comparable in terms of product distribution, 

with 74.2% and 70.9% extracellular product respectively; the proportion of extracellular product 

was lower for the 1L-scale process at 50.5% (Table 5.11).   This suggests that the metabolic 

state of cells is comparable in the microbioreactor and 50L scale processes. 

The product quality of the 50L scale, 1L scale and microbioreactor  processes was compared; 

aggregation and fragmentation were assessed by size exclusion chromatography (SEC) HPLC 

as described in Section 2.10.6.  Figure 5.9 shows the chromatograms for the 50L scale harvest 

samples with and without the addition of PEI at harvest, the 1L scale harvest samples, and the 
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microbioreactor harvest samples.  The shape of the chromatograms were comparable for all 

samples, however there were some differences in the peak heights (Figure 5.9).  This indicates 

that not all the samples were at a concentration of 1 mg mL
-1 

possibly due to the presence of 

unpurified material, as a result of liquid handling errors on the Tecan.  The presence of 

unpurified protein would interfere with the NanoDrop™ absorbance measurements, resulting in 

an overestimation in the dilution factor required to achieve a final concentration of 1 mg mL
-1

. 

The product quality characteristics of the 50L-scale and microbioreactor processes were similar 

in terms of aggregation , at 92-93% monomer and 7-8% aggregates , whereas there aggregation 

at 1L scale was higher at 10%, and the percentage monomer was lower at ~89%  (Table 5.11).  

This shows that the modifications made to the microbioreactor process i.e. implementation of a 

pre-feeding hold period and refinement of the feeding strategy, did not have adverse affects on 

aggregation.  Also, the less efficient process control in the microbioreactor compared to the 1L 

and 50L processes does not appear to have an effect on product quality.  It appears that in terms 

of product quality, the microbioreactor is a better match to the 50L pilot-scale processes, than 

the 1L laboratory-scale process.  To confirm this observation, further investigations would be 

required to determine if the higher aggregation levels at 1L-scale is an artefact of the 

fermentation process, or the sample preparation or purification procedures.  Due to the limited 

sample volumes from the microbioreactor, HPLC-SEC was the only product quality assay 

performed; to confirm that the product quality is comparable to the 50L-scale process, other 

product quality and process-related impurity assays should be performed e.g. HCP and DNA 

enzyme-linked immunosorbent assays (ELISAs), mass spectrometry and capillary gel 

electrophoresis assays (Kumaraswamy, 2012; Welsh et al., 2016; Oshinbolu et al., 2018). 

 

 

 

 

 

 

 

 

 



  

- 149 - 
 

Table 5.10. Engineering parameters of the 50L vessel, 1L vessel, and microbioreactor under 

operating conditions used for a standard fed-batch fermentation. 

Parameter 50L 1L Microbioreactor (4mL) 

Air flow rate (vvm) 0.72 - 1.20 2.00 0 - 3.75
1
 

Stir speed/ shaking frequency (rpm) 300 - 900 400 - 1200 800 

kLa (h
-1

) 83 – 292
2
 64 - 383

3
 5 - 101 

P/V (KW m-
3
) 0.4 – 10.2

4
 0.9 – 13.0

4
 ND 

Mixing time (s) 8.7 – 26.0
5
 1.1 – 3.2

5
 1.1

6
 

1
 Intermittent sparging of 100% oxygen 

2
 Predicted using the Pg/Pug correlation proposed by Hughmark  (1980) using the density of water, and 

kLa correlation proposed by Zhu et al., 2001. 

3
 Measured using deionised water 

4
 Predicted using the Pg/Pug correlation proposed by Hughmark (1980) using the density of water 

5
 Predicted using the mixing time correlation proposed by Cooke (1993) under non-aerated conditions 

6 
Measured under non-aerated conditions 

 

Table 5.11. Comparison of cell growth dAb formation and product quality in the 50L scale, 1L 

scale and Micro-24 processes.  

 Fed-batch Fermentation Scale 

50L 1L Microbioreactor (4 

mL) 

End of batch DCW (g L
-1

) 18.3 26.3 19.3 

Harvest DCW (g L
-1

) 28.9 36.7 22.5 

End of batch Yx/s (g g
-1 

) 0.73 0.90 0.72 

Pre-induction Yx/s (g g
-1 

) 0.56 0.66 ND* 

Pre-feeding [acetate] (g L
-1

) 0.05 0.17 0.40 

Harvest total titre (g L
-1

) 0.86 1.39 0.48 

% Extracellular 74.2 50.5 70.9 

Harvest total SPR (g g
-1

) 29.8 37.9 21.0 

% Monomer 92.7 89.2 91.9 

% Aggregate 7.1 10.0 8.11 

% Fragment 0.3 0.90 0.01< 

*Insufficient volume of pre-induction sample for cell weight determination. 
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Figure 5.8.  Cell growth and antibody production in 50L scale, 1L scale and Micro-24 fed-

batch cultures of w3110 E. coli producing a dAb protein. (a) Cell growth kinetics: 50L OD600 

profile (●), 1L OD600 profile (▲), and Micro-24 OD600 profile (■).  The error bars represent one 

standard deviation from the mean (n=8). (b) Pre-feeding glycerol (shaded bars) and acetate 

(filled grey bars) concentration  (c) Harvest dAb titres for the 50L scale, 1L scale and Micro-24 

processes.  The grey filled bars represent extracellular titre and the shaded bars represent 

intracellular titre (d) Harvest SPRs for the 50L scale, 1L scale and Micro-24 processes.  The 

grey filled bars represent extracellular SPR and the shaded bars represent intracellular SPR.  

The Micro-24, 1L scale and 50L scale fermentations were performed as described in Sections 

2.3.2., 2.6.3.4. and 2.9. respectively.  The analytical assays were carried out as described in 

Section 2.10.  The DO, pH and temperature set points were 40% (50L and 1L scale) and 60% 

(Micro-24), pH7 and 30⁰C respectively.   
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Figure 5.9. 50L scale, 1L scale and Micro-24 harvest sample SEC-HPLC chromatograms. (a) 

50L scale without PEI addition at harvest (b) 50L scale with PEI addition at harvest (c) 1L 

scale, and (d) Micro-24.  The Micro-24, 1L scale and 50L scale fermentations were performed 

as described in Sections 2.3.2., 2.6.3.4. and 2.9. respectively.  The HPLC-SEC assay and sample 

preparation were performed as described in Section 2.10.6.  

 

  The fermentations were performed as described in Sections 2.3., 2.6.3.4., and 2.9.  The product 

quality analysis was carried out as described in Section 2.10.6. 
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5.5. Summary 

The aim of this chapter was to demonstrate the scalability of the microbioreactor process, in 

terms of cell growth, product expression and product quality.  To this end, the microbioreactor 

was characterised in terms of oxygen mass transfer and fluid mixing, and a direct comparison to 

1L-scale and 50L-scale processes under optimum conditions was performed. 

The kLa of the microbioreactor under standard fermentation operating conditions was inferior to 

the kLa of the 1L scale vessel and the predicted kLa of the 50L vessel; however in a 

microbioreactor fermentation oxygen transfer is enhanced by using 100% oxygen instead of air 

for DO control for the duration of the cultivation (Table 5.10).  The mixing time of the REG 

cassette and PRC cassette at high shaking frequencies were comparable to literature data for 

both shaken microtitre plates and conventional STRs.  Images from the high speed camera 

indicate that the fluid in the microbioreactor moves ‘in phase’ with orbital shaking platform and 

therefore the system should be well mixed under fermentation conditions. 

The data presented in this chapter indicates that the microbioreactor fed-batch process better 

predicts the 50L pilot scale process than the 1L scale process, based on cell growth, product 

expression and product quality (Table 5.11).  This is likely due to mixing and oxygen mass 

transfer phenomena.  At 1L scale, both oxygen mass transfer and fluid mixing are highly 

efficient, resulting in the highest cell growth and productivity of the three processes (Tables 

5.10 and 5.11). The limitations in oxygen mass transfer in the microbioreactor, and fluid mixing 

in the 50L scale vessel appear to result in a comparable cellular environment, and therefore cell 

growth, productivity and product quality (Tables 5.10 a d 5.11). 
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Chapter 6: Conclusions and Future Work 

6.1. Conclusions 

The original aim of this thesis was to develop a scale-down fermentation platform suitable for 

the study and optimisation of high cell density cultures (Section 1.9). As shown in Figure 4.13  

an existing 24-well microbioreactor platform was modified to facilitate fed-batch culture 

operation. It was demonstrated that this could be used for screening of microbial fermentation 

conditions (Figure 4.15) and to predict pilot scale fermentation process performance (Figure 

5.8). The overall aim of the work has therefore been achieved. 

The first objective was to establish a feeding system to enable fed-batch E. coli cultures to be 

performed in an existing 24-well microbioreactor platform, the Pall Micro-24 microbioreactor. 

This was chosen as it enabled control of culture conditions in individual wells (Section 2.4). In 

Chapter 3 two feeding strategies were investigated; in situ feeding by the enzymatic release of 

glucose (Section 3.3.1), and direct feeding using a preliminary version of a bespoke feed 

delivery system (Section 3.3.2).  It was demonstrated that specific productivity was enhanced 

with in situ feeding in comparison to the batch cultures at 1L scale (Table 3.1).  However, the 

rate of glucose release was insufficient to sustain the high cell densities comparable to the 1L 

laboratory scale process. The second feeding strategy investigated was direct, continuous 

feeding.  A bespoke feed delivery system was developed to allow for twelve wells to be fed 

directly in parallel (Figure 4.12).  The final feeding system design consisted of a 3D-printed 

device to connect the feed lines to the microbioreactor cassette, a lid to maintain the 

environment temperature and accommodate the feed lines, and a sampling stand (Figures 3.14, 

3.15 and 4.12).   

The second objective was to establish an industrially relevant feeding strategy in the 

microbioreactor.   Therefore, the culture conditions used with the direct feeding strategy were 

refined and optimised in terms of cell growth and product expression. This was achieved by 

modifying the feed rate and concentration (Sections 4.5 and 4.7), increasing the DO set point 

(Figure  4.7), implementing a pre-feeding hold period to reduce the concentration of inhibitory 

by-products (Section 4.7), and improvement of the sampling procedure to reduce sampling time 

(Section 3.3.2.1). The initial cell densities and SPRs attained using the microbioreactor direct 

feeding system were approximately 70% and 60% of the benchmark 1L scale process 

respectively (Table 3.1).  There was significant well-to-well variation in the microbioreactor, 

which was shown to be due to excessive acetate production in the batch phase (Figure 4.6).  It 

was demonstrated that cell growth and product expression were inhibited at high pre-feeding 

acetate concentrations (>1 g L
-1

).  The variation in the pre-feeding acetate concentration was 

consistent between experiments; wells with a high pre-feeding acetate concentration were 
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consistently high in repeat runs.  Therefore, the variability appears to be related to the 

microbioreactor itself, rather than the fermentation process.   

The third objective was to demonstrate the applicability of the bespoke feeding system as a tool 

for high throughput fermentation process optimisation experiments.  Process optimisation 

experiments investigating the effect of IPTG concentration and post-induction temperature on 

product expression, were performed using the microbioreactor feeding system and the 1L scale 

laboratory process (Section 4.10).  The data obtained were consistent between scales; in both 

cases product expression was enhanced at a higher post-induction temperature, and IPTG 

concentration did not affect product expression over the concentration range tested (Section 

4.10). This demonstrates that the modified microbioreactor platform can be used to explore the 

response of the strain to changes in culture conditions (Section 4.10). 

The fourth objective was to characterise the microbioreactor in terms of oxygen transfer 

capability and fluid mixing, to compare to the laboratory scale and pilot scale bioreactors.  The 

microbioreactor was characterised in terms of oxygen transfer capacity (Section 5.2) and mixing 

time (Section 5.3)The maximum kLa values with water for the REG and PRC cassettes were 

101h
-1

 and 64h
-1 

respectively (Figure 5.1), which in both cases is inferior to the kLa of the 1L 

scale vessel and the predicted kLa of the 50L scale vessel (Section 5.2.2).    The measured 

microbioreactor mixing times were 0.5-3s for the REG cassette and 0.6-15s for the PRC 

cassette; at high shaking frequencies the mixing times were comparable to literature data for 

conventional STRs and the predicted mixing times of the 1L vessel (Section 5.3).  The lower 

kLa of the microbioreactor compared to the 1L scale process could explain the greater acetate 

production and therefore lower biomass concentration and specific productivity in the 

microbioreactor. 

The final objective was to show scalability of the microbioreactor by directly comparing it to 

laboratory and pilot scale processes in terms of cell growth, product expression, and product 

quality.  50L pilot-scale, 1L laboratory scale and 4mL microbioreactor fed-batch fermentations 

were performed under optimum conditions (Section 5.4).  The 4mL microbioreactor process 

was shown to better predict the 50L pilot-scale process than the 1L laboratory-scale process 

based on cell growth, product expression and product quality (Table 5.11).  This is likely due to 

mixing and oxygen mass transfer phenomena.  At 1L scale, both oxygen mass transfer and fluid 

mixing are most efficient, meaning cell growth and productivity was the highest of the three 

processes.  It appears that the limitations in oxygen mass transfer in the microbioreactor and 

fluid mixing in the 50L scale vessel (Table 5.10), results in a comparable cellular environment, 

and therefore cell growth, productivity and product quality (Table 5.11).  

Overall, in this work the ability to conduct high cell density, fed-batch microbial cultures in 

parallel shaken miniature bioreactors has been demonstrated.  A bespoke, 3D-printed feeding 
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system for a shaken miniature bioreactor was developed, that enabled twelve 4mL fed-batch 

cultures to be performed in parallel.  The microbioreactor fed-batch process was shown to be 

predictive of an industrially relevant 50L pilot-scale process in terms of cell growth, product 

expression and product quality (Table 5.11).  In addition, it was demonstrated that the 

microbioreactor can be used as a tool for small scale process optimisation experiments under 

industrially relevant, fed-batch conditions (Figure 4.16). 

 

6.2. Future work 

This work was specifically addressed replicating the GSK platform process in the 

microbioreactor.  This process utilised a semi-complex media.  Complex media is nutrient-rich 

and is undefined meaning cell growth is less controlled than using a defined media; this may 

have contributed to the high pre-feeding acetate concentration.  Therefore to further investigate 

strategies to improve the reproducibility of the microbioreactor, a process using defined media 

could be established at 1L scale and then replicated using the microbioreactor feeding system. 

Due to intellectual property reasons only one E. coli strain was investigated, so future work 

could be to further demonstrate the applicability of the microbioreactor fed-batch process as a 

scale-down platform.  Possible experiments would be to run a low acetate producing strain in 

the microbioreactor as a comparison to the high acetate producing strain used in this work.  

Running multiple strains in parallel would also allow investigation of the application of the 

microbioreactor for strain screening experiments.  To fully demonstrate the versatility of the 

system other host organisms e.g. Saccharomyces cerevisiae should be run in the 

microbioreactor.  It would be particularly interesting to evaluate the microbioreactor with host 

organism with a lower growth rate than E. coli to see if the reproducibility of the system is 

improved.  

Further engineering characterisation studies could also be performed.  To better understand how 

mixing may vary during the course of fed-batch fermentation, additional mixing time 

experiments at a range of gas flow rates and viscosities should be performed.  An engineering 

characterisation approach that could provide additional information about the fluid flow in the 

microbioreactor would be computational fluid dynamics (CFD).  This would allow for 

prediction of parameters that are difficult to determine experimentally such as energy 

dissipation rates and gas hold up.  Also this could provide an insight into the reasons for the 

retardation in mixing times in the PRC cassette at low shaking speeds, and the differences in 

bubble coalescence between water, and the complex media containing antifoam used in the 

fermentations (Kelly, 2008; Sharma, Malhotra and Rathore, 2011) 
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The scalability of the microbioreactor feeding system should ideally be further investigated.  

Additional product quality assays such as capillary gel electrophoresis and mass spectrometry 

should be performed.  Also, in this work the 50L scale, 1L scale and microbioreactor processes 

were compared under optimum operating conditions.  To try and improve comparability 

between scales, various scale-up criteria such as equivalent kLa, OTR or P/V should be 

investigated. 

The feeding system could also potentially be adapted for continuous cultivation.  This would be 

an interesting application of the system as the growth rates (or dilution rates) are more 

controlled than in batch or fed-batch cultivation, therefore the reproducibility may be improved 

(Monod, 1950; Novick and Szilard, 1950; Herbert, Elsworth and Telling, 1956).  However, this 

would require the accommodation of a second line into each well. 

To make the bespoke feed delivery system commercially viable, further development in terms 

of both user-friendliness and fermentation performance, would be required.  The feed line 

assembly would need to be refined as the current system requires each syringe to be filled 

manually which is time consuming and risks the introduction of air bubbles into the tubing. 

Also, hypodermic needles are used to insert the feed lines into the well closures, which could be 

a safety concern in some research laboratories.  The feed line assembly could made more user-

friendly by fabricating bespoke well closures with integrated feed line ports and bespoke 

connectors to connect to the feed lines.  In addition, the use of an automated syringe filling 

system would simply and improve the accuracy of the syringe filling process.   

Modifications to the feed delivery system and microbioreactor well geometry would be 

desirable to further improve fermentation performance.  Integrating a feed line dip tube into a 

bespoke well closure would be beneficial as it would enable a more uniform feed addition 

profile, and therefore reduce the oscillations in the DO control (Section 4.5).  To enhance the 

kLa of the microbioreactor so that it is more comparable to conventional STRs under microbial 

operating conditions, the REG cassette wells could be modified by fabricating a sparger to sit on 

top of the gas injection membrane.  This would reduce gas bubble size and therefore enhance 

the interfacial area a.  To minimise the risk of contamination during assembly of the feed 

delivery system, the components should be 3D-printed using an autoclavable resin; this would 

be particularly important if the system were to be used for cell culture applications. 
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Appendix A: DoE T-test tables 

 

A.1. Micro-24 Evaporation rate experiments 

Table A.1. Micro-24 evaporation rate model parameter estimates 

 

Term Estimate Std 

Error 

t 

Ratio 

Prob>|t| 

Intercept 443.48464 21.91427 20.24 <.0001* 

Temperature (ºC)(28,32) 103.535 20.1582 5.14 0.0004* 

Fill volume (mL)(3,5) 1.762 20.1582 0.09 0.9321 

Gas flow rate (mL minˉ¹)(0,15) 284.455 20.1582 14.11 <.0001* 

Temperature (ºC)*Fill volume (mL) 46.73125 22.53755 2.07 0.0649 

Temperature (ºC)*Gas flow rate (mL minˉ¹) 132.09625 22.53755 5.86 0.0002* 

Fill volume (mL)*Gas flow rate (mL minˉ¹)  -

18.21125 

22.53755  -0.81 0.4379 

Temperature (ºC)*Temperature (ºC)  -

6.329091 

38.44017  -0.16 0.8725 

Fill volume (mL)*Fill volume (mL)  -

37.65409 

38.44017  -0.98 0.3504 

Gas flow rate (mL minˉ¹)*Gas flow rate (mL 

minˉ¹) 

 -

40.35909 

38.44017  -1.05 0.3185 
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A.2. Micro-24 and 1L scale process optimisation DoE experiments 

Table A.2. Micro-24 process optimisation model parameter estimates for total titre 

Term Estimate Std Error t 

Ratio 

Prob>|t| 

Intercept 0.3238042 0.024094 13.44 <.0001* 

Temperature (ºC)(25,30) 0.0885292 0.024094 3.67 0.0032* 

IPTG concentration (µM)(100,250)  -0.030429 0.024094  -1.26 0.2306 

Temperature (ºC)*IPTG concentration (µM)  -0.011904 0.024094  -0.49 0.6302 

 

Table A.3. Micro-24 process optimisation model parameter estimates for extracellular titre 

Term Estimate Std Error t Ratio Prob>|t| 

Intercept 0.2098667 0.011789 17.80 <.0001* 

Temperature (ºC)(25,30) 0.0657167 0.011789 5.57 0.0001* 

IPTG concentration (µM)(100,250)  -0.015117 0.011789  -1.28 0.2240 

Temperature (ºC)*IPTG concentration (µM)  -0.007467 0.011789  -0.63 0.5384 

 

Table A.4. Micro-24 process optimisation model parameter estimates for total SPR 

Term Estimate Std Error t Ratio Prob>|t| 

Intercept 15.053342 1.262836 11.92 <.0001* 

Temperature (ºC)(25,30) 3.0822417 1.262836 2.44 0.0311* 

IPTG concentration (µM)(100,250)  -1.283342 1.262836  -1.02 0.3296 

Temperature (ºC)*IPTG concentration (µM)  -0.552242 1.262836  -0.44 0.6697 

 

Table A.5. 1L scale process optimisation model parameter estimates for total titre 

Term Estimate Std Error t Ratio Prob>|t| 

Intercept 0.942375 0.032411 29.08 <.0001* 

Temperature (ºC)(25,30) 0.344875 0.032411 10.64 0.0004* 

IPTG concentration (µM)(100,250)  -0.036625 0.032411  -1.13 0.3216 

Temperature (ºC)*IPTG concentration (µM)  -0.069125 0.032411  -2.13 0.0999 
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Table A.6. 1L scale process optimisation model parameter estimates for extracellular titre 

Term Estimate Std Error t Ratio Prob>|t| 

Intercept 0.426375 0.022049 19.34 <.0001* 

Temperature (ºC)(25,30) 0.231625 0.022049 10.51 0.0005* 

IPTG concentration (µM)(100,250)  -0.029625 0.022049  -1.34 0.2502 

Temperature (ºC)*IPTG concentration (µM)  -0.017375 0.022049  -0.79 0.4748 

 

Table A.7. 1L scale process optimisation model parameter estimates for total SPR 

Term Estimate Std Error t Ratio Prob>|t| 

Intercept 26.10875 0.865981 30.15 <.0001* 

Temperature (ºC)(25,30) 9.24125 0.865981 10.67 0.0004* 

IPTG concentration (µM)(100,250)  -0.95375 0.865981  -1.10 0.3326 

Temperature (ºC)*IPTG concentration (µM)  -1.63125 0.865981  -1.88 0.1327 

 

 

A.2. EngD chapter kLa characterisation DoE 

Table A.8. Model parameter estimates for the kLa characterisation of the prototype miniature 

bioreactor described in the EngD chapter (Appendix E) 

 

Term Estimate Std 

Error 

t 

Ratio 

Prob>|t| 

Intercept 180.16071 9.92398 18.15 <.0001* 

Agitation (rpm)(1000,3000) 75.91 7.977262 9.52 <.0001* 

Gas flow rate (mL minˉ¹)(7,30) 22.74 7.977262 2.85 0.0215* 

Fill volume (mL)(7,15) 25.21 7.977262 3.16 0.0134* 

Agitation (rpm)*Gas flow rate (mL minˉ¹) 13.05 8.91885 1.46 0.1816 

Agitation (rpm)*Fill volume (mL) 25.7 8.91885 2.88 0.0205* 

Gas flow rate (mL minˉ¹)*Fill volume (mL) 24.5 8.91885 2.75 0.0252* 

Agitation (rpm)*Agitation (rpm)  -14.39643 15.32481  -0.94 0.3750 

Gas flow rate (mL minˉ¹)*Gas flow rate (mL 

minˉ¹) 

 -3.546429 15.32481  -0.23 0.8228 

Fill volume (mL)*Fill volume (mL)  -61.09643 15.32481  -3.99 0.0040* 
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Appendix B: Micro-24 Feeding System CAD Drawings 
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Figure B.1. Feeding device Version 4 full assembly 
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Figure B.2. Feeding device Version 4 bottom plate 
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Figure B.3.  Micro-24 feeding device Version 4 middle plate 
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Figure B.4. Micro-24 feeding device Version 4 adjustable plate (clamps) 
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Figure B.5. Micro-24 feeding device Version 5 (top) 



  

- 187 - 
 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure B.6. Feeding device Version 5 (underside) 
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Figure B.7. Micro-24 feeding device Version 5 (front) 
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Figure B.8. Micro-24 feeding device Version 5 (side) 
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Figure B.9. Micro-24 feeding device Version 5 clamps 
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Figure B.10. Micro-24 feeding system temperature control lid. 
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Figure B.11. Micro-24 feeding system sampling stand (top) 
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Figure B.12. Micro-24 feeding system sampling stand base (top) 
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Figure B.13. Micro-24 feeding system sampling stand without the metal spacers (side)
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Appendix C: HPLC-SEC Data and Chromatograms 

 

Table C.1. HPLC-SEC Data for the 50L scale, 1L scale and Micro-24 fed-batch processes 

Sample %Aggregate %Monomer %Fragment %total 

Monomer 

peak area 

(units) 

Total 

peak area 

(units) 

Retention 

time of 

monomer 

(minutes) 

Aggregate 

peak count 

Monomer 

peak count 

Fragment 

peak count 

50L Sample 1 (without PEI) 6.87 92.63 0.50 100 23665.67 25547.81 17.89 3 1 1 

50L Sample 2 (without PEI) 7.30 92.70 0.00 100 24434.52 26358.04 17.93 3 1 0 

1L scale Bioreactor 1 Sample 1 10.70 88.53 0.78 100 11089.78 12526.81 17.93 2 1 1 

1L scale Bioreactor 1 Sample 2 9.55 90.03 0.42 100 12059.72 13395.58 17.95 2 1 1 

1L scale Bioreactor 2 Sample 1 9.66 88.88 1.47 100 8033.56 9038.74 17.96 3 1 1 

Micro-24 Sample 1 7.88 92.12 0.00 100 21569.27 23413.54 17.99 4 1 0 

Micro-24 Sample 2 8.33 91.67 0.00 100.001 21715.38 23689.19 18.02 4 1 0 

50L Sample 1 (with PEI) 7.24 91.95 0.81 100 21345.13 23214.45 17.88 3 1 1 

50L Sample 2 (with PEI) 5.60 93.22 1.18 100 21071.49 22604.23 17.9 3 1 1 

50L Sample 3 (with PEI) 6.92 92.42 0.67 99.999 21774.48 23560.79 17.91 1 1 1 



  

- 196 - 

 

 

 

 

 

 

 

 

 

 

 

 

Figure C.1 HPLC-SEC chromatograms for the 50L samples without the addition of PEI at 

harvest. (a) Sample 1 (b) Sample 2.  The fermentations were performed as described in Section 

2.9.  The HPLC-SEC assay and sample preparation were performed as described in Section 

2.10.6. 
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Figure C.2 HPLC-SEC chromatograms for the 50L samples with the addition of PEI at harvest. 

(a) Sample 1 (b) Sample 2 (c) Sample 3. The fermentations were performed as described in 

Sections 2.9.  The HPLC-SEC assay and sample preparation were performed as described in 

Section 2.10.6. 
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Figure C.3 HPLC-SEC chromatograms for the 1L samples. (a) Bioreactor 1 Sample 1 (b) 

Bioreactor 2 Sample 2 (c) Bioreactor 2 Sample 1.  The fermentations were performed as 

described in Sections 2.3.2.  The HPLC-SEC assay and sample preparation were performed as 

described in Section 2.10.6. 
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Figure C.4 HPLC-SEC chromatograms for the Micro-24 samples. (a) Sample 1 (b) Sample 2.  

The fermentations were performed as described in Sections 2.6.3.4.  The HPLC-SEC assay and 

sample preparation were performed as described in Section 2.10.6.  
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Appendix D. Octet
®
 RED Standard Curve Examples 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure D.1. Octet
®
 RED standard curve examples. (a) supernatant samples and (b) lysed cell 

samples.  The blue dots represent the dAb standard, and the red dots represent the dAb samples. 

The Octet
®
 RED titre assay was performed as described in Section 2.10.4. 

(a) 

(b) 



  

- 201 - 

 

 

Appendix E: Qualification of a Prototype Stirred miniature bioreactor for use as a 

validation tool in biopharmaceutical development1 

 

E.1. Background 

The application of miniature bioreactors in biopharmaceutical development enables new 

medicines to become available to patients more quickly and at a lower cost.  The rate limiting 

step of biopharmaceutical process development is strain evaluation and process optimisation; 

improving the efficiency of this step is key to minimising development time and cost (Bareither 

and Pollard, 2011).  Scale-down models can be used for screening experiments and to predict 

the large scale process performance (FDA, 2011); this allows large amount of process data to be 

generated.  Quality by Design (QbD) principles can be applied to establish a process design 

space, which allows for the translation of more efficient and robust processes to manufacturing 

scale. This improvement in efficiency of biopharmaceutical development and lower cost of 

goods allows for a greater number of products to enter clinical trials in a shorter time frame.   

A scale-down model used as a tool in process validation needs to be shown to be adequate for 

this purpose (Shimoni et al, 2014).  A scale-down bioreactor qualification package should 

consist of three key components: bioreactor design, bioreactor performance and product quality 

(Shimoni et al., 2014).  The bioreactor design refers to the specification and geometry of the 

system.  Ideally the scale down bioreactor should be geometrically similar to the production 

scale bioreactor; however this can be difficult at microscale due to availability of equipment.  

The aeration and mixing strategies often differ significantly between scales due to the geometric 

differences, and also because there are a number of key physical phenomena that cannot be 

directly scaled down such as bubble size and size distribution and the surface area to volume 

ratio (Duetz, 2007; Betts et al., 2014; Shimoni et al., 2014). Although the mechanisms of heat 

and mass transfer and control may differ, provided that the conditions experienced by the cells 

are the same between scales, the scale-down model should be suitable for validation purposes.   

 

 

                                                           
1
 This chapter is included as part of the requirements for award of a UCL EngD in Bioprocess 

Engineering. 
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E.2. Objectives 

A number of different parallel miniature bioreactor platforms are currently commercially 

available or are in development by vendor companies. Although the focus of this thesis was on 

miniature shaken bioreactors, the opportunity emerged during the course of this EngD to 

undertake a short, end user evaluation of a miniature stirred bioreactor technology. The aim was 

to characterise and briefly evaluate a beta-test design against an industrial fermentation 

processes and end user specifications. 

The studies described below summarise the results of this evaluation and are included as part of 

the EngD requirements. Limited details of the stirred bioreactor are provided as this represents 

an active product development programme of a commercial partner. 

 

E.3. Engineering Characterisation 

To demonstrate that the conditions experienced by the cells in scale-down system are 

representative of the conditions of lab and pilot scale bioreactors, a small scale bioreactor 

should be characterised in terms of oxygen transfer and fluid mixing. Engineering parameters 

used to characterise bioreactors are described in Section 1.4.  Figure E.1 shows kLa data for a 

prototype miniature STR system, which allows for up to 48 fed-batch fermentations to be run 

simultaneously.  The DO control cascade of the prototype miniature bioreactor differs from a 

conventional STR as the increase in agitation speed is the final response rather than first 

response.  This is due to the system level control of agitation meaning that increasing the 

agitation in one vessel would result in an increase in agitation of multiple vessels.    The 

measured kLa values for the prototype miniature bioreactor were in the range 17-292h
-1

, which 

are within the range for conventional STRs (Yawalkar et al., 2002).  Table E.1 shows the 

maximum kLa for the prototype miniature bioreactor and a 1L scale STR, and the operating 

conditions at which the maximum kLa was achieved.  The maximum agitation speed was 

defined by the operating ranges of the bioreactor systems.  Engineering characterisation data 

generated under and range of process conditions can be used to establish optimum operating 

conditions and appropriate scale-up criteria e.g. matched kLa, OTR or P/V, and the required 

operating conditions at both scales to achieve these criteria (Figure E.1). 
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Table E.1. Comparison of the kLamax of the prototype miniature STR and the 1L scale STR 

Vessel Working 

volume (L) 

Impeller 

type 

Number of 

impellers 

Agitation 

(rpm) 

Gas flow 

rate 

(vvm) 

kLamax 

(h
-1

) 

Prototype 

miniature 

STR 

0.008 Rushton-

type  

1 3000 2 292 

1L STR 1 Rushton 

turbine 

3 1600 2 393 

 

 

 

 

 

 

 

 

 

 

 

 

 

E.4. Parallel fermentation performance  

The performance of the scale-down bioreactor refers to the reproducibility and scalability 

system.  The performance qualification (PQ) package should demonstrate that the scale-down 

model is reproducible; batch variability should be less or equal to the large scale bioreactor.  

Figure E.2 shows the OD600 profiles and harvest titres for twelve vessels of the prototype 

miniature bioreactor system.  The prototype miniature bioreactor system was reproducible in 

terms of cell growth, with CVs of 8-15% and harvest titre, with a CV of ~15% (Figure E.2).  For 

the prototype miniature STR to be used as a validation tool it would need to be demonstrated 

that these CVs are equivalent or better than the laboratory and pilot scale vessels.  In order to 

Figure E.1. Effect of agitation speed, total gas flow rate and fill volume on the kLa of the 

prototype miniature STR 
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establish reproducible cultures, refinements of the control loop parameters, sampling 

procedures, operating conditions e.g. fill volume and feed rate, and vessel geometry were 

performed.  The DO control loop required tuning as initially the control cascade was not 

functioning properly due to issues with the control software; aeration was achieved via fixed 

gassing and fixed agitation (Figure E.3(a)).  Rectifying the software issues and refining the 

calibration settings dramatically improved the DO control (Figure E.3(b)), however there was 

still oscillations in the DO caused by the fluctuations in the oxygen demand of the cells with 

feed additions. Modification of the feed line dip tube resulted in a more uniform feed delivery 

profile, and therefore a reduction in the oscillations in the DO control (Figure E.3(c)). 

A scale-down bioreactor should be representative of the large scale bioreactor, and operating 

conditions that will attain equivalent performance to the production scale process should be 

established.  In general volume-independent set points should be maintained between scales and 

scale-dependant parameters should be adjusted in proportion to the volume e.g. feed rates.  

Linear scaling is often not accurate, particularly if geometric similarity cannot be achieved and 

there are differences in mixing and oxygen transfer between scales.  Operational settings should 

maintain equivalent operating conditions between scales.  Criteria frequently used to establish 

equivalent operating conditions are DO set point, kLa, OTR, Utip, Re number and P/V (Shimoni 

et al., 2014) .   

 

  

 

 

 

 

 

 

 

 

 

 

Figure E.2. Cell growth and product expression of 12 parallel fed-batch cultures of E. coli 

expressing a dAb protein using the prototype miniature bioreactor. (a) OD600 profiles of the 12 

vessels, (b) Harvest product titres of the 12 vessels.  The grey bars represent the extracellular 

titre, and the shaded bars represent the intracellular titre.  



  

- 205 - 

 

 

0 10 20 30 40 50 60 70 80 90

0

20

40

60

80

100

120

140

160

D
O

 (
%

)

Time (h)

(a) (b) 

(c) 

0 5 10 15 20 25 30 35 40 45 50 55 60 65 70

0

20

40

60

80

100

D
O

 (
%

)

Time (h)

0 5 10 15 20 25 30 35 40 45 50 55

0

20

40

60

80

100

D
O

 (
%

)

Time (h)

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

The scope of the qualification package should be determined by evaluating the feasible 

processes, this should include a range of products, host organisms and process conditions 

(Shimoni et al., 2014).  Four different E .coli strains were run in both the prototype miniature 

STR and a 1L scale STR at equivalent DO set points, under optimum operating conditions.  

Table E.2 summarises the differences between the strains.  Figure E.4. shows a comparison of 

cell growth and product expression of the four strains in the prototype STR and the 1L scale 

STR.  The SPRs (per gram of WCW) of strains A and C were comparable between scales, 

however the SPRs of clones B and D were significantly greater at 1L scale than with the 

prototype miniature STR.  This indicates that the strains that contain leader sequence 2 are more 

scalable than the strains using leader sequence 1.  This suggests that the miniature bioreactor is 

Figure E.3. DO profiles of 12 parallel fed-batch E. coli cultures using the prototype miniature 

bioreactor. (a) DO controlled via fixed gassing and fixed agitation, (b) DO controlled via a 

control cascade, (c) DO controlled via a control cascade and the use of a modified feed line dip 

tube. 



  

- 206 - 

 

 

A B C D

S
P

R

A B C D

%
 E

x
tr

a
c
e
llu

la
r

(a) (b) 

predictive of the 1L scale process under certain conditions, but refinements of the scale-up 

criteria would be required to improve the robustness of the system.   

 

Table E.2. Summary of the strains run in the prototype miniature STR and 1L scale STR 

E .coli strain  Product variant Leader sequence 

A 1 1 

B 1 2 

C 2 1 

D 2 2 

 

 

 

 

 

 

 

 

 

 

 

 

 

Product quality is the most important factor in the qualification of a scale-down bioreactor and 

should be consistent between scales (Shimoni et al., 2014).  Sensitivity of a scale down-model 

system to changes that could affect product quality should be equivalent or better than the large 

scale system.  The bioreactor qualification programme should provide evidence of equivalent 

in-process and release specifications; therefore ideally equivalent sampling regimes, analytical 

assays and acceptance criteria should be used at both scales, (Shimoni et al., 2014).  This may 

require reduction of assay sample volume and/or modification of the purification procedure to 

Figure E.4. Comparison of product expression of four E. coli clones (A, B, C and D) using the 

prototype miniature bioreactor and a 1L scale STR (a) SPR per gram of WCW and (b) % 

extracellular product.  The grey bars represent the 1L scale process and the shaded bars represent 

the prototype miniature bioreactor process. 
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enable sample analysis to be performed on the small volumes of material generated from 

miniature bioreactor cultures.  Product quality prioritisation should be the same at both scales; 

critical quality attributes (CQAs) e.g. purity and potency,  and critical process parameters 

(CPPs) e.g. cell growth and titre of the large scale process should also be defined as the CQAs 

and CPPs of the scales-down process (Shimoni et al., 2014).  Product quality comparability 

studies are yet to be performed using the prototype miniature bioreactor.  This would be the 

final stage of the qualification of the prototype miniature bioreactor, if it were to be used as a 

tool for validation of process modifications. 

 

E.5. Summary 

The implementation of scale-down models in fermentation process development enables new 

medicines to become available to patients more quickly and at a lower cost, due to increased 

experimental throughput and lower cost of goods.  In this chapter the qualification of a 

prototype miniature stirred bioreactor was described.  The prototype miniature bioreactor was 

characterised in terms of the oxygen mass transfer coefficient, kLa; the kLa values were shown to 

be in a similar range to a 1L-scale laboratory vessel, meaning the cells should experience similar 

process conditions at both scales if suitable scale-up criteria are used e.g. matched P/V.  Parallel 

fermentations showed good reproducibility in terms of cell growth and product expression, 

demonstrating the robustness of the miniature bioreactor as a scale-down model.  Clone 

screening experiments showed that the miniature bioreactor is predictive of an industrially 

relevant 1L-scale fermentation process; however the leader sequence used appeared to impact 

the scalability of the fermentation process.  To complete the qualification of the miniature 

bioreactor, a product quality evaluation should be completed.  The sensitivity of the miniature 

bioreactor to process changes that could impact product quality should be demonstrated to be 

equivalent or better than the 1L-scale process. 
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