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Abstract

The aim of this work was to investigate the effect of oxygen limitation on whole­

cell oxygenases, and to determine how the physiochemical properties of oils 

affect their ability to enhance the oxygen transfer rate. Whole-cell oxygenase 

biocatalysts require oxygen as a substrate for the reaction and for the electron 

transport chain. The productivity of these bioconversions is therefore influenced 

by the maximum oxygen transfer rate of the fermenter. Organic solvents are 

commonly used in oxygenase bioconversions to alleviate substrate or product 

limitation, and they can also increase the oxygen transfer rate to the aqueous 

phase.

The model system was the bioconversion of bicycloheptenone to 

oxabicylooctenone using a recombinant E.coli biocatalyst overexpressing 

cyclohexanone monooxygenase (CHMO). Above a critical biomass 

concentration the oxygen transfer rate determined the maximum activity. When 

oxygen was not limited, the electron transport chain used twice as much 

oxygen as the CHMO. When it was limited, the CHMO and the electron 

transport chain competed for the oxygen - the CHMO used approximately 20% 

whatever the severity of the limitation.

The oxygen transfer rate to the aqueous phase increased up to 2.5 fold 

depending on the physical properties and the volume fraction of the oil phase. 

The oxygen transfer rate only increased if the oil drops were small enough - the 

magnitude was determined by the oxygen solubility of the oil. There was no 

correlation between the spreading coefficient and the oxygen transfer rate. A 

model that predicted the enhancement in the oxygen transfer rate caused by 

the addition of oil was in good agreement with the experimental results. The 

specific activity of an oxygen limited CHMO bioconversion was increased up to 

2.25 fold using perfluorotributylamine.
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1.0 Introduction

1.0 Introduction

1.1 Biocatalysis
Biocatalysts are enzymes or cells that can be used for the production of organic 

compounds. The use of biocatalysts for the synthesis of chemicals offers a 

number of advantages over chemical routes. Enzymes offer excellent chemo-, 

regio- and stereoselectivity, produce little or no by-products, can replace several 

chemical steps, and are more environmentally friendly than chemical methods. 

To date, at least 140 bioconversion processes have been implemented at 

industrial scale in the pharmaceutical, food, agricultural, cosmetics and polymer 

industries (Liese and Fihlo, 1999; Straathof et a/., 2002).

1.2 Oxygenases
1.2.1 Description of the oxygenases
Oxygenases introduce oxygen from molecular oxygen into their substrates. 

Monooxygenases introduce one oxygen atom into their substrate and 

dioxygenases introduce two. Figure 1.1 shows reactions schemes for NAD(P)H 

dependent monooxygenases and dioxygenases. There are oxygenases that do 

not require NAD(P)H (Fetzner, 2002), but they are not the focus of this thesis.

(a) Monooxygenases

Substrate + 0 2 + H+ + NAD(P)H
monooxygenase

Substrate-0 + NAD(P)+ + H20W

(b) Dioxygenases 

Substrate + 0 2 + NAD(P)H

dioxygenase

Substrate-02 + NAD(P)+W

Figure 1.1. Generic reaction schemes for cofactor dependent oxygenases.
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1.0 Introduction

1.2.2 Oxygen consumption by whole-cell oxygenases
Whole-cell oxygenases require oxygen as a substrate for the reaction and for 

NAD(P)H regeneration. In this section, the function and regeneration of 

NAD(P)H in E.coli are discussed.

1.2.2.1 NADH production
NADH has two major functions in biological systems. First, it is a source of 

electrons for the production of adenosine triphosphate (ATP) during oxidative 

phosphorylation. ATP stores free energy that is required by organisms for 

growth and maintenance. Secondly, it is a source of reducing power for 

reactions.

NADH is generated by catabolic pathways, which oxidize organic molecules to 

produce ATP. Electrons from organic molecules are transferred in the form of 

hydrogen atoms to NAD+ to produce NADH. Two catabolic pathways generate 

NADH: glycolysis and the tricarboxylic acid (TCA) cycle. During glycolysis 

glucose is oxidized to pyruvate, and two NADH are produced. During the TCA 

cycle the pyruvate is then completely oxidised to carbon dioxide, and six NADH 

are produced. Glucose is generally used as an energy source for E.coli 

fermentations, but sometimes glycerol is used.

The NADH produced during glycolysis and the TCA cycle is used as an electron 

donor during oxidative phosphorylation. Electrons are transferred from NADH to 

oxygen by a series of electron carriers called the electron transport chain. 

Oxygen is reduced to water in the final step of the electron transport chain by 

cytochrome oxidase.

1.2.2.2 NADPH production

NADPH is used as reducing power for biosynthesis. In E.coli, NADPH can be 

produced via several routes (Csonka and Fraenkel, 1977): the pentose 

phosphate pathway, isocitrate dehydrogenase in the TCA cycle, and the action 

of various dehydrogenases. One of the major functions of the pentose 

phosphate pathway is to supply NADPH for biosynthesis: it is produced in the
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1.0 Introduction

first two steps of the pathway via glucose -  6- phosphate dehydrogenase and 

gluconate-6-phosphate deydrogenase. The pentose phosphate pathway is 

cyclic and can be fed back into the glycolytic pathway to produce pyruvate. 

Although NADPH regeneration is not directly linked to oxygen consumption, if 

the flux through the electron transport chain is decreased the flux through other 

metabolic pathways can also decrease.

Pentose phosphate 
pathway

Glycolysis

Glucose

2 NAD+2 NADP+

2 NADPH 2 NADH

2 Pyruvate

2 NAD*

2 NADH

TCA
cycle 6 NAD*

6 NADH

1 0 NADH6 02
12 H z O *^ ^  10 NAD*

Oxidative phosphorylation

Figure 1.2. NAD(P)H regeneration in glycolysis, TCA cycle, oxidative 

phosphorylation and the pentose phosphate pathway.
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1.0 Introduction

1.2.2.3 Oxygen limitation in E.coli
E.coli controls the synthesis of the respiratory enzymes in response to the 

oxygen concentration. If the oxygen concentration is very low, E.coli can 

recycle NADH, and produce ATP by anaerobic respiration or by mixed-acid 

fermentation (Gunsalus, 1992; Unden, 1994).

During anaerobic respiration alternative electron acceptors such as nitrate, 

fumarate, or dimethylsufoxide are used. Mixed-acid fermentation, where 

pyruvate acts as the final electron acceptor, is used if no alternative electron 

acceptors are available. Mixed-acid fermentation results in the production of 

compounds such as acetate, formate and succinate. Figure 1.3 shows three 

possible routes for glucose catabolism.

Glucose

2 Pyruvate

2 Acetate 

2 C 02
1 Acetate

1 Succinate

2 Formate
24 H + 6 02

1. Aerobic respiration 2. Anaerobic respiration 3. Mixed acid fermentation

Figure 1.3. Routes for glucose catabolism by E.coli under different oxygen 

concentrations (From Unden, 1994).
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1.0 Introduction

1.2.2.4 Cofactor recycling in oxygenase processes
The activity of oxygenases with high kcat values could be limited by the NAD(P)H 

regeneration rate of the host (Duetz et ai, 2001; van Beilen et a!., 2003). 

Several authors have found that the activity of whole-cell oxygenases gradually 

decreases as the cells reach stationary phase (Wubbolts et ai, 1996; Walton 

and Steward, 2002; Buhler et al., 2002,2003). This might be because the 

NAD(P)H regeneration rate decreases with the metabolic rate of the cells. 

Growing cells might have higher NAD(P)H regeneration rates because they 

have high metabolic activities, but on the other hand the NAD(P)H demand of 

the oxygenase could have a detrimental effect on the growth rate and viability of 

the host.

1.2.3 Industrial potential of oxygenases
Oxygenases play a key role in the aerobic degradation of both natural and 

xenobiotic compounds in bacteria. Hence, bacteria contain a diverse range of 

oxygenases with high regio- and steroselectivity. Oxygenases offer higher 

regio-, stereo-, and chemo- selectivity, many can catalyse reactions that have 

no chemical alternative, and they are often more environmentally friendly than 

chemical oxidative processes that often use non-specific, toxic and expensive 

reagents (Duetz et ai, 2001; Li et ai, 2002; Cirino and Arnold, 2002). Among 

the reaction types catalysed by oxygenases are hydroxylations, epoxidations, 

sulfoxidations, and dealkylations (May, 1999).

1.2.4 Process development of oxygenase processes

The aim of process design is to use processing and biological techniques to 

minimise any detrimental effect the biological or chemical properties of a 

bioconversion have on the cost or safety of a process (Burton et ai, 2002; Lye 

et ai, 2002). Parameters that influence the costs of a process include the 

volumetric productivity, product concentration, yield on substrate, turnover 

number, half-life and biocatalyst consumption.

Lilly and Woodley (1996) developed a systematic approach to process design 

whereby the properties that constrain the bioconversion can be split into four

21



1.0 Introduction

categories. These categories are shown in Table 1.1 along with constraints that 

have been identified as typical for oxygenase processes (Buhler and Schmid, 

2004). One of the key constraints for oxygenase processes is the requirement 

for NAD(P)H: it is expensive and difficult to recycle, and consequently these 

bioconversions are generally carried out using whole-cells.

1.2.4.1 Biological techniques
Biological techniques are generally used to alleviate constraints that are 

associated with biocatalyst and reaction properties. Biological techniques 

include host selection, media optimisation (Reddy et ai, 1999; Buhler et ai, 

2003), and various genetic engineering techniques.

The over-expression of oxygenase genes in non-native hosts has been the 

most useful genetic engineering technique. It has been used to increase the 

specific activity (Buhler et ai, 2002) to avoid product degradation by the native 

host (Wubbolts et ai, 1996), to avoid using a pathogenic host (Doig et a i, 

2001), and to avoid a difficult fermentation process (Panke et ai, 2002). The 

over-expression of other genes has been used to alter hosts so that they have 

improved substrate uptake (Schneider et a i, 1998) and increased organic 

solvent tolerance (Aono, 1998).

Metabolic engineering has been used to prevent product degradation (Hack et 

ai, 1994), and to prevent the synthesis of unwanted metabolites or increase the 

precursor supply (Berry et ai, 2002). Enzyme engineering has been used to 

improve the enzyme activity, specificity and the stability by either site directed 

mutagenesis (Nickerson eta i, 1997; Graham -  Lorence eta i, 1997) or directed 

evolution (Meyer et a i ,2002).

1.2.4.2 Processing techniques

Processing techniques are generally used to alleviate constraints associated 

with substrate and product properties, and in particular substrate and product 

toxicity and inhibition. Techniques include fed-batch addition of substrates 

(Gbewonyo e ta i, 1991; Held e ta i, 1999; Hack eta i, 2000; Doig e ta i, 2002a),
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1.0 Introduction

feed-back control systems to monitor the substrate and product concentration 

(Carragher et ai, 2001; Hack et ai, 2000; Bird et ai, 2002), and in-situ product 

removal (ISPR).

ISPR methods selectively remove the product from the aqueous phase and can 

also act as a reservoir for the substrate (Woodley and Lilly, 1990; Lye and 

Woodley, 1999; Stark and von Stockar, 2003). The two most common ISPR 

methods are the use of a second liquid phase (separation based on solubility) 

and the use of solid resins (separation based on charge and hydrophobicity). 

The use of a second liquid phase will be discussed in more detail in the next 

section.

Biocatalyst properties Reaction properties
Oxygenases
Unstable
Require NAD(P)H 
Uncoupling

Host
Product degradation 
Pathogenicity 
Heterologous expression

Low kcat
Oxygen consumption

Substrate/product properties Biocatalyst-substrate-product
Low water solubility 
Explosion hazard

Substrate / product toxicity 
Substrate uptake 
Overoxidation

Table 1.1. Typical characteristics of oxygenases that limit their industrial 

application.

1.2.3.3 Two liquid-phase bioconversions

Organic solvents have been used successfully for many whole-cell oxygenase 

bioconversions to overcome substrate and product inhibition and low water
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1.0 Introduction

solubility (Schmid et al., 1998a; Held et ai, 1999; Mathys et ai, 1999; Husken 

et ai, 2001; Buhler et a i, 2002; Panke et a i, 2002; Buhler et ai, 2003a; Buhler 

et ai, 2003b). The organic solvent acts as a reservoir for the substrate and 

product, whilst the reaction takes place in the aqueous phase. The choice of 

organic solvent depends on the properties of the solvent and its interaction with 

the biocatalyst, substrate and product (Lye and Woodley, 1999). Two important 

factors that need to be considered when selecting a suitable organic solvent are 

the distribution coefficient and the biocompatibility.

Organic solvents separate compounds from the aqueous phase based on 

solubility. The distribution coefficient is the ratio of the solute concentration in 

the aqueous and organic phase at equilibrium. It is a measure of the affinity of 

the organic solvent for the substrate and product.

Organic solvents can be toxic to cells. A parameter called log P is used to 

indicate the toxicity of an organic solvent. It is defined as the logarithm of the 

partition coefficient of a solvent in a water-octanol two-phase system (Laane et 

ai, 1987). The more hydrophobic a solvent is the higher the log P value, and 

the less likely it is to damage the biocatalyst.

The design of a two-liquid phase reactor requires consideration of the reaction 

kinetics, the rate of mass transfer, and downstream processing (Woodley and 

Lilly, 1992). A key design factor is the phase ratio, which is the fraction of the 

total reaction volume occupied by the organic solvent. It influences the rate of 

mass transfer of reactants and products between the two phases, and the 

ease of down stream processing (Woodley and Lilly, 1990).

1.2.5. Process examples from industry

There are relatively few industrial oxygenase processes because of the 

constraints described in the previous sections. Table 1.2 shows some examples 

of industrial oxygenase processes, and lists the techniques used during process 

development.
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Product and biocatalyst Process development References
6-P-hydroxymethyl-simvastatin

Suspended whole-cells of a 
Nocardia species.

Fed -  batch addition of substrate Gbewonyo et at., 
1991

(R)-(4-
hydroxy)phenoxypropionic acid

Resting whole-cells of 
Beauveria bassiana

Extensive screening of microorganisms

Strain improvement via random 
mutagensis for increased reaction 
specificity and substrate tolerance

Dingier et al.,1996

5 -  methyl-2- 
pyrazinecarboxylic acid

Growing P.putida mt 2.

Used strain unable to further degrade 
heteroaromatic carboxylic acids.

Fed-batch addition of carbon source p- 
xylene and substrate.

Kiener, 1995

trans -  4-hydroxy-L-proline

Recombinant engineered 
growing E.coli

Overexpression of two genes involved in 
L-proline synthesis and introduced 
mutation so the strain could not degrade 
L-proline.

Shibasaki et al.,
2000a
2000b

Indigo

Recombinant and engineered 
growing E.coli

Overexpression of naphthalene 
dioxygenase

Modifications of metabolic pathways

Berry et al., 2002

2-quinoxalinecarboxylic acid 

P.putida

Substrate feed
Screened inducers for low flammability

Wong et al., 2002

Table 1.2. Examples of industrial oxygenase bioconversions and the 

techniques used during their process development.
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1.3 Baeyer -  Villiger monooxygenases (BVMOs)
1.3.1 Baeyer -  Villiger reaction
A diverse range of microorganisms have been found to produce enzymes, 

known as BVMOs, that are capable of performing Baeyer-Villiger reactions with 

a high regio- and stereoselectivity on a broad range of substrates 

(Willets,1997). In addition to carrying out the Baeyer -  Villiger reaction, BVMOs 

are also capable of carrying out the electrophilic oxygenation of various 

heteroatoms. BVMOs use a flavin coenzyme as an organic cofactor and either 

NADH or NADPH as the reductant (Willetts, 1997). The Baeyer-Villiger reaction 

involves the insertion of an oxygen atom into a cyclic or non-cyclic ketone to 

generate an ester or a lactone as illustrated in Figure 1.4 (Baeyer and Villiger, 

1899). The chiral Baeyer -  Villiger oxidation of cyclic ketones produces 

asymmetric lactones, which are valuable precursors in enantioselective 

synthesis.

R2
R2

ketone ester

cyclic ketone lactone

Figure 1.4. Baeyer-Villiger reactions of aliphatic and cyclic ketone substrates.

1.3.1.1. Advantages of BMVOs

Peracid or peroxide catalysts such as m-chloroperoxybenzoic acid or hydrogen 

peroxide can be used for Baeyer-Villiger reactions. However, they also oxidize 

other functional groups and so it might be necessary to use protection- 

deprotection steps to obtain the desired compound (Renz and Meunier, 1999). 

Organometallic oxidants have been used to obtain enantioselectivity (Bolm et 

al., 1997); however, the ee values achieved were low compared with Baeyer-
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Villiger monooxygenases, and the catalysts are expensive and environmentally 

unfriendly.

1.3.2 Cyclohexanone monooxygenase (CHMO)
CHMO from Acinetobacter calcoaceticus is the best characterised BVMO. It 

allows microorganisms to grow on cyclohexanol or cyclohexanone (Donoghue 

and Trudgill, 1975). CHMO catalyses a key step in the metabolism of these 

compounds by converting cyclohexanone to s-caprolactone, which can be 

catabolised further because A. calcoacecticus contains a lactonase that 

subsequently opens up the lactone ring. The resulting compound can be 

metabolised to adipate, from which acetyl-coA can be generated (Donoghue 

and Trudgill, 1975). The CHMO isolated from A. calcoaceticus was found to be 

an NADPH dependent, flavin adenine dinucleotide (FAD) binding, single chain 

BVMO (Donoghue et al., 1976). It has been show to oxidise more than 80 

different ketones (Mihovilovic et al., 2002; Stewart, 1998).

1.3.2.1 Development of a CHMO catalyst
Several constraints that influence the design of a process using CHMO from 

Acinetobacter calcoaceticus have been identified (Alphand et al., 2003), and are 

listed in Table.1.3. The biological and processing techniques that have been 

used to overcome some of these limitations are discussed in the following 

sections.

Constraint Reference

NADPH cofactor 

Stability

Lactonase activity (Acinetobacter)

Pathogenicity (Acinetobacter) 

Substrate uptake (E.coli)

Substrate / product toxicity (E.coli)

Oxygen consumption

Donoghue et al., 1976 

Zambianchi et al., 2002

Donoghue and Trudgill, 1975; Alphand et al., 

1990

Doig et al., 2002a

Doig et al., 2003; Simpson et al., 2001; Lander, 

2001.

Hilker et al., 2004; Baldwin and Woodley, 2005; 

Doig etal., 2002b; Zambianchi etal., 2004

Table 1.3. Constraints that influence the design of CHMO processes.
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1.3.2.1.1 Biocatalyst type
The use of isolated CHMO avoids many problems associated with using a 

whole-cell biocatalyst: e.g. substrate and product toxicity, limited substrate 

uptake rates and complicated downstream processing. Isolated CHMO has 

been used with cofactor recycle systems (Abril, 1989; Rissom, 1997; Hogan 

and Woodley, 2000). However, the costs of NADPH, the recycling system, and 

purifying the enzyme make the use of isolated CHMO at large-scale unviable. 

Another disadvantage associated with isolated CHMO is it’s stability: 

Zambianchi et al. (2002), found that half life of isolated CHMO from 

Acinetobacter calcoaceticus was 1 day, or 2.5 days when it was immobilised.

There are several disadvantages associated with using Acinetobacter 

calcoaceticus for industrial bioconversions. It has to be grown on a toxic carbon 

source such as cyclohexanol to induce the expression of CHMO (Donoghue 

and Trudgill, 1975), it is a class 2 pathogen, which is undesirable for industrial 

production, and it contains a lactone hydrolase that can cause product 

degradation (Donoghue and Trudgill, 1975; Alphand et al., 1990).

These problems have been overcome by overexpressing CHMO in non-native 

hosts such as S.cerevisiae (Stewart et al., 1996; Kayser et al., 1998) and E.coli 

(Chen, 1988; Chen et al., 1999; Doig et al., 2001). The activity of the E.coli 

biocatalysts was limited by the rate of substrate uptake (Doig et al., 2003; 

Walton and Stewart, 2004).

1.3.2.1.2 Substrate and product inhibition
The substrates and products of CHMO bioconversions have been shown to 

inhibit the whole-cell activity (Lander, 2001; Simpson et al., 2001; Doig et al, 

2003; Zambianchi et al., 2004). Most of the work regarding substrate and 

product inhibition has been carried out using bicycloheptenone and its lactone 
products.

Substrate inhibition has been avoided by using feeding strategies to keep the 

substrate concentration below inhibitory levels. Doig et al. (2002a) added
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bicycloheptenone in a fed-batch mode at 1.5 and 55 I scales. Bird et al. (2002) 

refined the fed-batch process by developing a feed back control system which 

used near infrared spectroscopy (NIR) to monitor the ketone and lactone 

concentration. Hilker et al (2004a;2004b) controlled the bicycloheptenone 

concentration by pre-saturating a resin with the substrate so that it would be 

slowly released during the course of the bioconversion. Zambianchi et al., 

(2004) pre-saturated a resin with the substrate 1,3 diathiane because it had a 

very low water solubility.

Solid resins have also been used to alleviate lactone inhibition. Lander (2001) 

used a resin in a column external to the fermenter, and obtained an 85% 

increase in the final product concentration. Hilker et al. (2004a, 2004b) used the 

resin as a reservoir for the substrate and the product, and increased the final 

lactone concentration five fold. Zambianchi et al. (2004) used a similar 

methodology with 1,3 diathiane and its products.

1.3.2.1.3 Oxygen limitation

Results from shake-flask and microwell bioconversions indicate that above a 

critical biomass concentration the specific activity begins to decrease - this is 

probably due to oxygen limitation (Simpson et al., 2001; Doig et al., 2002b; 

Zambianchi et al., 2004; Baldwin and Woodley, 2005). Hilker et al. (2004a) 

found that the whole-cell activity in a bubble column was higher than in a stirred 

tank reactor because it had a higher oxygen transfer rate.
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1.4 Oxygen Supply
1.4.1 Oxygen transfer in stirred tank reactors
Stirred tank reactors are the most commonly used vessel for aerobic culture. 

Oxygen is supplied to the microorganism by sparging air bubbles underneath 

the impellers. The impellers then disperse the gas throughout the vessel. 

Oxygen molecules must overcome a series of transport resistances as they 

move from inside the air bubbles to the inside of the microorganism (Doran, 

1999). These mass transfer steps are outlined in Figure 1.5.

gas-liquid interface

The oxygen must pass through the following mass transfer resistances:

1. Inside of the air bubble to the gas-liquid interface.

2. Gas-liquid interface

3. Liquid boundary layer surrounding the bubble

4. Bulk of the liquid

5. Liquid boundary layer surrounding the individual cell

6. Liquid - cell interface

7. Cytoplasm to the site of the reaction.

Figure 1.5. Oxygen transfer from inside an air bubble to inside a cell

individual cell
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1.4.2 Mass transfer and diffusion theory
Oxygen transfer in fermenters is driven by an oxygen concentration gradient 

that exists between the air bubbles and the fermentation broth. Fick’s law of 

diffusion states that the rate of mass transfer is proportional to the concentration 

gradient (the driving force for mass transfer) and the area available for transfer 

to take place:

N = k a AC (1.1)

where, N is the rate of mass transfer of the component, a is the area available 

for mass transfer, AC is the concentration gradient, and k is the mass transfer 

coefficient. The mass transfer coefficient is determined by physical properties 

such as shear forces and also fluid properties such as diffusivity and viscosity.

1.4.2.1 Two-film theory
The two-film theory is used as a model for mass transfer between two phases. It 

assumes that local fluid velocities approach zero at the interface and 

consequently a film of stagnant fluid called a boundary layer forms on either 

side of the phase interface (Coulson and Richardson, 1990). Mass transfer 

through the boundary layer is thought to be by diffusion, and it is the main 

resistance to mass transfer. Figure 1.6 depicts the path of oxygen from the bulk 

gas phase to the boundary layer on the gas side, across the interface, across 

the boundary layer on the liquid side and then to the bulk liquid.

interface

gas phase liquid phase

Figure. 1.6 Schematic of two-film theory.
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1.4.2.2 Gas -  liquid mass transfer
The rate of oxygen transfer through each fluid can be expressed as follows 

(Doran, 1999):

Ng = kGa (CG -  CGi) (1.2)

or

Nl = kLa (CLi - CL) (1.3)

where, NG and NL are the rate of oxygen transfer through the gas boundary 

layer and liquid boundary layer respectively, kGa and kLa are the gas phase and 

liquid phase mass transfer coefficient respectively, CG and Cl are the oxygen 

concentration in the bulk gas and liquid phase respectively, and CGj and CLj are 

the oxygen concentration in the gas and liquid interface respectively.

For process design calculations, these equations are impractical because it is 

not possible to measure the oxygen concentration at the interface. However, 

these parameters can be eliminated from the equations if it is assumed that CGi 

and CLj are in equilibrium and that there is negligible resistance to transport at 

the interface. The boundary layer concentrations can be related by a distribution 

factor (m), which represents the ratio between the oxygen solubility in the two 

phases.

CGi = m C u (1.4)

By using this relationship and rearranging the following equation is obtained:

Nl = kLa (C* - CL) (1.5)

Because oxygen is poorly soluble in an aqueous solution the liquid phase mass 

transfer dominates therefore the resistance to mass transfer is dominated by 

the ^a. The value C* is the liquid phase concentration in equilibrium with the 

gas phases. In practical terms this means the saturation concentration of 

oxygen in the aqueous phase.
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1.4.3 Methods to increase the oxygen transfer rate
The rate of oxygen transfer in fermentation broths is influenced by several 

physical and chemical properties that affect either the mass transfer coefficient 

(kL), the interfacial area (a), or the saturation concentration (C*). Table 1.4 lists 

these properties. Changing these properties can either increase or decrease the 

oxygen transfer rate; however, some of these properties cannot be altered 

systematically to increase the oxygen transfer rate e.g. the media composition 

and the interfacial tension. The properties in bold print can be systematically 

changed in order to increase the oxygen transfer rate, and are discussed in the 

following sections.

Parameter Properties

Mass transfer coefficient (kL) Viscosity 

Power input
Media composition 

Temperature

Interfacial area (a) Interfacial tension 

Gas hold-up 

Power input

Driving force (C*) Temperature

Media composition

Partial pressure of oxygen

Table 1.4 Properties that influence the oxygen transfer rate 

1.4.3.1 Impeller speed

The impeller speed determines the power input, which in turn influences the 

mass transfer coefficient (kL) and the interfacial area (a). At higher power inputs 

the turbulence in the boundary layer surrounding the air bubbles is greater and 

therefore there is less resistance to mass transfer -  thus the mass transfer 

coefficient increases. The interfacial area is increased because small bubbles 

have a higher surface area and also a slower rise velocity, which means they 

stay in the liquid longer allowing more time for the oxygen to transfer to the
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aqueous phase. However, if the impeller speed is increased too much, the 

shear forces will cause the microorganism to disintegrate, and the higher power 

input required can make the process economically unfeasible (Nienow, 1998).

1.4.3.2 Airflow rate
The air flow rate determines the volume of gas in the reactor (gas hold-up), 

which influences the interfacial area. The airflow rate has a minor effect on the 

oxygen transfer rate compared to the impeller speed, and if it is increased too 

much the air will not be dispersed by the impellers but instead will flow up the 

impeller shaft.

1.4.3.3 Partial pressure
There is a linear relationship between the oxygen partial pressure and the 

aqueous phase oxygen concentration. The equilibrium relationship obeys 

Henry’s Law:

P02 = Pt yo2 = H C* (1.6)

where, P02 is the partial pressure of oxygen, pT is the gas pressure, yo2 is the 

mole fraction of oxygen in the gas, H is the Henry’s Law constant, and C* is the 

saturation concentration of oxygen in the aqueous phase.

If the total pressure of the gas is increased the driving force will be greater 

(Matsui et al., 1989). However, for bioconversions that use flammable organic 

solvents and substrates, an increase in the pressure can increase the risk of an 

explosion.

If the volume fraction of oxygen in the air entering the reactor is increased the 

driving force for mass transfer will increase. The use of pure oxygen and 

oxygen-enriched air will increase the oxygen transfer rate (Castan et al., 2002). 

However, it can be an explosion hazard, particularly if the reactor contents are 

flammable as they often are in oxygenase bioconversions (Schmid et al., 1999).
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A technology exists that allows the direct injection of pure oxygen bubbles with 

diameters as small as 0.1 mm into the reactor in addition to air that is provided 

in the normal way (Cheng, 1998; 1999). A much smaller volume of oxygen is 

required to achieve the same oxygen transfer rate than the air. Oxygen bubbles 

are injected separately from the air to prevent the two coalescing. If 

coalescence were to occur the effect of the additional oxygen would not be as 

great. The system was used industrially in antibiotic production, and the oxygen 

transfer rate was doubled (Noorman, 2004). The system produces oxygen 

relatively inexpensively using an adsorption process.

1.4.3.4 Water-immiscible liquids
The use of water immiscible liquids that have an oxygen solubility higher than 

water will be discussed in the next section.

1.5 Water- immiscible liquids
1.5.1 Background
The addition of water immiscible liquids to an aqueous -  gaseous system is 

known to enhance the rate of gas mass transfer to the aqueous phase. Table

1.5 lists studies that have used water immiscible liquids in biological systems. In 

this thesis water immiscible liquids will be called oils. The following reviews the 

literature regarding the enhancement in gas mass transfer obtained in both 

chemical and biological processes. These studies have either investigated the 

effect of the oils on the volumetric mass transfer kLa or on the enhancement of 

the oxygen transfer rate into the aqueous phase.

1.5.2 Mechanism of gas mass transfer enhancement

The main resistance to gas transfer from a gas bubble to an aqueous phase is 

in the liquid boundary layer at the gas -  liquid interface. Oils might increase the 

gas transfer rate to the aqueous phase by three mechanisms: by increasing the 

mass transfer coefficient (kL); increasing the gas-liquid interfacial area (a); or 

increasing the driving force (C*) by absorbing gas at or near the interface and 

transferring it to the bulk aqueous phase.
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Ref Oil and volume 

fraction
Comments

Ates et al., 

2002

silicone oil 

0 .0 2 -0 .1 5

Increase in citric acid production by Aspergillus 

niger.

Damiano and 

Wang, 1985

perfluoromethyldecalin 

0.1 -0 .2

Increased biomass concentration during 

Escherichia coli fermentation.

Elibol and 

Mavituna, 1996

perfluorodecalin 

0.1 -0 .5

Increased acitinorhodin (antibiotic) production 

by Streptomyces coelicolor

Elibol, 2001 perfluorodecalin

0.1

Increased acitinorhodin (antibiotic) production 

by Streptomyces coelicolor 

1.4 fold increase in oxygen uptake rate

Leonhardt et 

al., 1985

silicone oil 

0 .0 5 -0 .2 5

Increase in L-amino acid oxidase activity by 

Providencia sp.

Jia etal., 1999 soybean oil 

0 .0 2 -0 .1

Increase in DOT

Increase in tetracycline production by 

Streptomyces aureofacience

Elibol and 

Ozer, 2000

perfluorodecalin

0.1

Increased lipase production by Rhizopus 

arrhizus

Menge et al., 

2001

perfluorodecalin 

0 . 1 - 0 . 4

Increased alkaloid production by Claviceps 

purpurea

Rols and 

Goma, 1991

soybean oil 

0 .0 1 -0 .3

Increase in oxygen uptake rate by Aerobacter 

aerogenes

Table 1.5. Examples of oils used in biological systems to enhance the oxygen 

transfer rate.
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1.5.2.1 Effect of oil on the mass transfer coefficient (k|_)
There have been studies that have shown that the addition of oils has no effect 

on the ^  (Linek and Benes, 1976; Cents et al., 2001; Lekhal et al., 1997). 

However, other studies have indicated that the kL can increase or decrease. 

Most have found that the kL decreases at very low concentrations and then 

increases at higher concentrations (Eckenfelder and Barnhart, 1961; Yoshida et 

al., 1970; Linek and Benes, 1976; Liu et al., 1994; Morao etal., 1999).

Oil drops could increase the mass transfer coefficient (^ )  by increasing 

turbulence or mixing within the gas-aqueous boundary layer. However, no 

conclusive experimental evidence has been produced to support this theory 

(Dumont and Delmas, 2003). The oils can also decrease the kL by causing 

interfacial blockage and decreasing the surface mobility of the bubbles (Kawase 

and Moo-Young, 1990; Prins and van’t Riet, 1987).

1.5.2.2 Effect of oil on the gas-liquid interfacial area (a)
Oils can increase the gas -  liquid interfacial area (a) by decreasing the surface 

tension and therefore decreasing either the bubble size or the rate of bubble 

coalescence. Das et al. (1985) found that as the organic phase fraction 

increases the interfacial area first increases, reaches a maximum and then 

decreases. Rols et al. (1990) used a photographic method to measure bubble 

size and found that the bubble Sauter mean diameter was reduced by 

approximately 15%, but MacMillan and Wang (1990) and Junker et al. (1990a) 

also used a photographic method and found no change in bubble size or gas 

hold-up.

1.5.2.3 Effect of the oils on the driving force
If an oil has a higher gas solubility than the aqueous phase, the average 

saturation concentration C* for the dispersion will be higher, which means more 

oxygen can be removed from the gas phase. Two mechanisms have been 

proposed to describe how the oil absorbs oxygen from the gas phase: the 

bubble covering mechanism and the shuttle mechanism. Both require the 

oxygen solubility in the oil to be higher than the aqueous phase, and some
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authors have suggested that the diffusivity of the gas is also important 

(McMillan and Wang, 1987; Junker et al., 1990b).

1.5.2.3.1 Bubble mechanism
The bubble mechanism proposes that when a gas bubble and an oil droplet 

come into contact, the oil spreads around the bubble to form a gas -  oil 

complex. The oil droplet then absorbs oxygen directly from the bubble, and then 

transfers the oxygen to the bulk continuous phase when the complex has 

broken up. The mechanism is depicted in Figure 1.7.

Air huhhle

Aqueous phase
Oil

Figure 1.7. Schematic of the bubble covering mechanism.

This mechanism depends on the ability of the oil to spread around the gas 

bubble, which is thought to be determined by the spreading coefficient (Yoshida 

et al., 1970). The spreading coefficient is defined as:

Sow = CTwg “  (aOG + Oow) (1 -7)

Where, Sow is the spreading coefficient of oil on water, ctWg is the surface 

tension of the aqueous phase, oog is the surface tension of the oil, and oow is 

the interfacial tension between the aqueous phase and oil. If the spreading 

coefficient is positive the oil will spread and form a thin film around water, but if 

it is negative the oil will form a drop on the bubble surface. Yoshida et al. (1970) 

found that the addition of oils with negative spreading coefficients (kerosene 

and paraffin) caused the ki_a to decrease as the oil fraction increased, but had 

no effect on gas hold-up. Oils with positive spreading coefficients (toluene and
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oleic acid) caused the kLa to initially decrease and then increase with increasing 

oil fraction, and the gas hold-up also increased with oil fraction. Yoshida et al. 

(1970) concluded that if oil spread around a gas bubble, the surface tension 

would decrease, and therefore the specific interfacial area would also increase. 

Linek and Benes (1976) found that non -  spreading n -  alkanes did not change 

the ^a , because they did not contact the air bubbles. Oleic acid (spreading) did 

contact the air bubbles and the kL increased with the oil fraction.

Photographs taken of spreading and non-spreading oils during gas flotation 

show that oils with a positive spreading coefficient spread around the bubble, 

whilst the oils with negative spreading coefficients formed droplets on the side 

of the bubbles (Grattoni et ai, 2003). Rols and Goma (1989) produced 

photographs of n-dodecane and a perfluorochemical F66E droplets forming gas 

-  oil complexes with a gas bubble. However, in those experiments the bubble 

and oil were forced to come into contact, and the time allowed for the bubble 

and oil to collide and form a complex was much greater than it would be in a 

stirred tank reactor where the oil droplets and bubbles are constantly moving.

Most authors calculate the spreading coefficient based on the surface and 

interfacial tensions of oil and water that have not been pre-saturated with each 

other. Brilman (1998) found that oils that had a positive spreading coefficient 

when the oil and the aqueous phase were not pre-saturated had negative 

spreading coefficients when the two phases were pre-saturated. This suggests 

that in a well mixed stirred tank fermenter the initial spreading coefficient is 

irrelevant and that the actual spreading coefficient appears to be negative for all 

systems. In dynamic experiments, Brilman (1998) found that complexes were 

formed irrespective of spreading coefficient. Oleic acid, which had a higher 

viscosity than the other oils, did not form a complex but instead formed a drop 

on the surface. Brilman (1998) and Moosai and Dawe (2003), suggest that the 

formation of a gas-oil complex is dependent not only on the spreading 

coefficient, but also the bubble and droplet size.
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Castor oil drops have been shown to entrap air bubbles during simulated 

mycelial broths (Galindo et al., 2000; Larralde-Corona et al., 2002; Lucatero et 

al, 2003; Pulido-Mayoral and Galindo, 2004). Depending on the volume fraction 

and the biomass concentration, between 20 -  60% of the air bubbles were 

trapped in the oil (Larralde-Corona et al., 2002). However, the hydrodynamic 

conditions in these experiments were different from typical bacterial 

fermentations. Low power inputs were used, and the castor oil was very viscous 

(500 mPas); the result of which was that the Sauter mean diameters of the oil 

drops and the air bubbles were of a similar magnitude. The ki_a increased as the 

volume of air bubbles in the oil increase; however, further work is required to 

determine if this was due to an increase in the saturation concentration or the 

volumetric mass transfer coefficient (Pulido-Mayoral and Galindo, 2004).

1.5.2.3.2 Shuttle mechanism

The shuttle mechanism proposes that oil droplets absorb oxygen in the gas- 

aqueous boundary layer, and then transfer the oxygen to the aqueous phase 

when they have returned to the bulk liquid (Figure 1.8). There is no direct 

evidence to prove the shuttle mechanism: the theory is based on experimental 

evidence that shows that the gas transfer rate is dependent on oil droplet size.

Air bubble

Aqueous phase

boundary layer

Figure 1.8. Schematic of the shuttle mechanism

Bruining et al. (1986) used emulsified cyclohexane and decane in a reactor with 

a flat gas -  liquid interface, and found that the oxygen transfer rate only 

increased when the droplet diameters were the same size or smaller than the
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film thickness, van der Meer et al. (1992) measured the kLa during the growth of 

Pseudomonas oleovorans in the presence of neat and emulsified n-octane. The 

addition of 0-11%v/v n-octane had no effect on the ki_a, but the emulsified 

drops, which had smaller diameters, increased the oxygen transfer rate. Both 

Bruining et al. (1986) and van der Meer et al. (1992), concluded that the 

greatest increase in the oxygen transfer rate would occur when the drop size 

was small, and the oil volume fraction large. Nagy and Hadik (2003) used 

encapsulated silicone oils with different droplet diameters, and found that the 

oxygen transfer rate increased with decreasing particle size. However, once the 

oil droplets reached a small enough size there was no further increase in the 

oxygen transfer rate.

Solid particles that have a diameter smaller than the boundary layer thickness 

have also been shown to increase the oxygen transfer rate in stirred tank 

reactors and bubble columns (Beenackers and Swaaij, 1993).

1.5.3 Models

Many models have been developed to predict the enhancement factors 

obtained with oils (Brilman et al., 2000). These models can be broadly 

categorised as either homogenous or heterogenous. Homogenous models are 

simpler than heterogenous models because they make the following 

assumptions:

- the fraction of oil is equally uniform in the gas -  liquid phase film and the 

liquid bulk.

- ignore mass transfer in the dispersed droplets

- ignore geometrical effects such as the position of the oil droplets with 

respect to the interface and with respect to each other.

- assume gas diffuses perpendicular to the gas -  liquid interface.

Bruining et al. (1986) developed a simple homogenous model based on the 

shuttle mechanism, which only requires the oxygen solubility of the oil to be 

known in order to predict the enhancement factor. Dumont and Delmas (2003) 

assessed the model using four different data sets from the literature and found
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that it tended to underestimate the enhancement factor by 1 5 - 2 0  %. There 

may have been a discrepancy between the predicted and experimental results 

because the model does not take into account the effect of the oils on the kLa, 

and it also assumes that mass transfer only occurs perpendicular to the 

interface.

Littel et al. (1994) altered the model by assuming that a thin layer of oil 

surrounds the gas bubble. Nagy and Moser (1995) also altered the model to 

take into account the effects of liquid -  liquid mass transfer and mass transfer 

within the drops. However, both of these altered models required parameters 

that could not be determined experimentally.

van Ede et al., (1995) developed a homogenous model based on the bubble 

covering mechanism. It requires knowledge of the oxygen solubility and 

diffusivity in the oil, and it assumes that the fraction of oil in contact with the gas 

phase is the same as the volume fraction in the bulk. This model tended to 

overestimate the enhancement factor by 40 -  70% (Dumont and Delmas, 

2003). van Ede et al. (1995) obtained a much better agreement between their 

experimental and predicted data when the model was altered to take into 

account the hold-up, drop diameter, and permeability of the oil. Although this 

model was in better agreement with the experimental data compared to the first, 

it did not give better agreement for the experimental data of other authors 

(Dumont and Delmas, 2003). The poor agreement between the experimental 

and predicted enhancement factor indicates that mass transfer enhancement 

does not occur via the bubble -  covering mechanism.

Heterogeneous models take into account factors such as the location and the 

interaction between droplets in the boundary layer in the boundary layer the 

local geometry at the gas -  liquid interface (Brilman et al., 2000). 

Heterogeneous models have been developed to gain understanding about the 

mechanism of mass transfer enhancement. However, they are difficult to use 

because they require hydrodynamic and physical data that is difficult or
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impossible to obtain experimentally. Therefore, for process design purposes 

homogenous models are of more practical use.

1.5.3.1 Description of homogenous model for the shuttle mechanism

The shuttle model of Bruining et al. (1986) assumes that the oil drops enter the 

boundary layer where they absorb oxygen, and are then returned to the bulk 

where oxygen is transferred from the oil to the bulk liquid phase.

The model makes the following assumptions:

solubility ratio between the oil and the aqueous phase is greater than 10

- no contact between the gas and the oil phase

- oil droplets are smaller than the boundary layer

- oil is homogenously distributed throughout the aqueous phase

- mass transfer resistance within the oil can be resisted.

The model is based on the penetration theory of mass transfer. The theory 

assumes that the gas -  water interface is covered with small stagnant fluid 

elements. The elements of fluid are bought to the interface where they are 

exposed to the gas phase for a defined interval of time. After a contact time of t 

the fluid elements return to the bulk phase, while new elements originating from 

the bulk take their place at the interface. Mass transfer is assumed to occur by 

unsteady state molecular diffusion.

Figure 1.9 shows a schematic of the model. The percentage saturation of the 

liquid against the distance from the gas - water interface is shown for two 

different exposure times. Initially only the surface layer contains solute and the 

concentration changes abruptly from 100 % to 0% at the interface. The graphs 

show the oxygen concentration at a depth of x for two different exposure times. 

If the exposure time is infinite and there is no reaction, the whole of the liquid 

will become saturated. It is assumed that the depth of the liquid element is 

infinite, which is reasonable if the time of exposure is sufficiently short for 

penetration to be confined to the surface layers.
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ti < t2 < T

•  •

0
0

distance from interface

Figure 1.9. Schematic of concentration gradient at the gas -  liquid interface 

with time according to the shuttle model of Bruining et al. (1986).

A mass balance over a slice dx of a liquid element in contact with the gas- water 

interface gives:

6c / \5c 5 (me)
J= - D —— (x + dx,t) + (1 - Oj —  dx + O — dx (1.8)

ox ot ot

where, J = is the mass flux of oxygen (mol m'2 s'1), and D is the diffusivity of 

oxygen (m2 s'1), m is the solubility ratio, and c is the oxygen concentration ( mol 

I'1. This reduces to the following differential equation, which represents the 

diffusion of oxygen away from the interface in the x direction.

5 2c  5 c  S(mc)
+ * V  ( 1 9 )
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which in turn reduces to:

D = (l + <t> (m - "0)^7 (1.10)
6x 5t

The following boundary conditions apply:

t = 0 x > 0 o II o

t > 0 x = 0 c = c*
t > 0 X  =  oo c = 0

The average flux of oxygen through the interface during the contact time t of a 

fluid element follows from:

1 T 
N = -  D

T 0

The solution for this equation is:

N = 2 C*

The enhancement factor is described as follows:

_ flux in the presence of droplets 0  0 
shuttle flux in the absence of droplets 0  = 0

Therefore the OUR enhancement factor by the shuttle mechanism can be 

described by:

^shuttle = %/ ( 1 + *t> ( m -1)) (1.14)

dt
t,x =0

D (l + 0  (m -1)
(1.12)
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1.6 Project Aims
There are three main aims of the project:

1. Investigate the effect of oxygen limitation on a whole-cell oxygenase 

bioconversion.
The specific activity of whole-cell oxygenases decreases when oxygen is 

limited. An understanding of the oxygen requirements of the electron transport 

chain and the oxygenase under aerobic conditions, and how the oxygen is split 

between the two when oxygen is limited will give an indication of which methods 

are most suitable for either preventing or alleviating oxygen limitation.

2. Investigate how the physiochemical properties of oils influence the 

oxygen transfer rate to the aqueous phase.
If organic solvents can be used to increase the oxygen transfer rate to the 

aqueous phase during whole-cell oxygenase bioconversions, it is of interest to 

know if this increase can be predicted from their physiochemical properties. 

This knowledge would assist in the selection of the optimum biocatalyst 

concentration and organic solvent volume fraction.

Oils with different oxygen solubilities, viscosities, and spreading coefficients will 

be used to determine the influence of these properties on the oxygen transfer 

rate to the aqueous phase at different volume fractions. The effect will be 

quantified by measuring the change in the OUR of an E.coli biocatalyst.

Oils are thought to increase the oxygen transfer rate by increasing the average 

saturation oxygen concentration i.e. increasing the driving force for mass 

transfer. If this is the case, the oxygen solubility of the oil should determine the 

increase in the oxygen transfer rate. However, the spreading coefficient and the 

viscosity of the oil can also influence the saturation concentration and the 

volumetric mass transfer coefficient. According to the bubble mechanism, oils 

can only increase the oxygen transfer rate if they can spread around the air 

bubbles, but there is no conclusive proof that this is correct. The viscosity of oils 

can affect the kLa, the diffusivity of oxygen in the oil and the oil drop size. The
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suitability of a homogenous model to predict the increase in the oxygen transfer 

rate will also be assessed.

3. To show that oils can be used to alleviate oxygen limitation during 

whole-cell oxygenase bioconversions.
The biocatalyst used throughout this work was a recombinant E.coli biocatalyst 

over-expressing cyclohexanone monooxygenase. An E.coli biocatalyst was 

selected because it is commonly used as a host for heterologous expression: it 

is easy to grow and the regulatory requirements are well understood.

The experimental work was split into four results chapters:

• The first chapter concerns the development of a standard fermentation for 

the production of the E.coli biocatalyst. The kinetics of the bioconversion 

was determined so that a standard bioconversion could be established.

• The second chapter investigated the oxygen consumption of the 

biocatalyst, and the effect of oxygen limitation on it.

• The third chapter investigated how the physical properties of the oils 

affect the oxygen transfer rate to the aqueous phase, and the suitability of 

a homogenous model to predict that.

• The fourth chapter demonstrated that the addition of an oil can increase 

the activity of an oxygen limited bioconversion.
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2.0 Materials and Methods

2.1 Materials
2.1.1 Chemicals
All materials were obtained from Sigma-Aldrich (Poole, Dorset, UK) except for: 

tryptone and (1S, 5R)-2-oxabicyclo[3.3.0]oct-6-en-3-one (Fluka, Poole, Dorset, 

UK); yeast extract and nutrient agar (Oxoid, Basingstoke, Hampshire, UK); 

Dow Corning 200 fluid 5cS and 50cS silicone oil (VWR, Poole, Dorset, UK). 

Bicyclo[3.2.0]hept-2-en-6-one and a 50:50 mixture of (1S, 5R)-2-

oxabicyclo[3.3.0]oct-6-en-3-one and 1 (R),5(S)3-oxabicyclo[3.3.0]oct-6-en-2-one 

was a gift from Roland Wolgemuth (Fluka, Poole, Dorset, UK)

2.1.2 Microorgansim

E.coli JM107 pQR210 was a gift from Dr John Ward (Department of 

Biochemistry and Molecular Biology, University College London).

2.2 Analytical techniques
2.2.1 Substrate and product quantification by gas chromatography (GC)
2.2.1.1 Preparation of samples
The samples were prepared by adding 400 pi of the aqueous sample to an 

equal volume of ethyl acetate in a 1.5 ml Eppendorf tube. The liquids were 

vortex mixed for 30 seconds, and then centrifuged at 13000 rpm for 2 minutes 

(Biofuge 13, Heraeus Sepatech, Brentwood, Essex, UK). The ethyl acetate 

layer was then transferred to a vial and analysed.

2.2.1.2 Quantification by gas chromatography (GC)

The substrates and products were analysed using a Perkin-Elmer autosystem 

XL-2 gas chromatograph (Perkin-Elmer, Connecticut, USA). 1 pi samples were 

injected onto the column using an integrated autosampler. A flame ionisation 

detector (FID) detected compounds that exited the column. Data capture and 

analysis was achieved using Perkin-Elmer Nelson Turbochrom™ software.
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2.2.1.2.1 Cyclohexanone and caprolactone
Cyclohexanone and £-caprolactone were analysed using an AT-1701 column 

(reverse phase silica, 30 m x 0.54 mm) (Alltech, Carnforth, Yorks, UK). The 

oven temperature was 100°C throughout.

2.2.1.2.2 Bicycloheptenone and oxabicyloctenone
Bicycloheptenone and its oxabicyclooctenone products were analysed using an 

AT-1701 column (reverse phase silica, 30 m x 0.54 mm) (Alltech, Carnforth, 

Yorks, UK). The oven temperature programme included an initial holding step 

at 100 °C for 5 minutes and then the temperature was ramped at 10 °C per 

minute until it reached 240°C.

2.2.1.3 Quantification of the GC response
External calibration curves were used to quantify the response of the FID for the 

substrates and products. Pure (1S,5R)-2-oxabicyclo[3.3.0]oct-6-en-3-one was 

used for the lactone standard. Typical calibration curves of concentration 

against peak area are shown in Appendix 1.

2.2.2 Biomass concentration
2.2.2.1 Dry cell weight (dew) measurement
Dry cell weights were measured by centrifuging (Biofuge 13, Heraeus 

Sepatech, Brentwood, Essex, UK) 1ml samples of culture at 13000rpm in pre­

dried and pre- weighed Eppendorf tubes. The resulting cell pellet was 

resuspended in pH 7.0 50mM phosphate buffer, and then centrifuged for 4 

minutes. The supernatant was removed and the Eppendorfs were placed in an 

oven at 100 °C until their weights were constant.

2.2.2.2 Optical density (OD) measurement

OD measurements were carried out at 600 nm (OD6oo) using a Uvikon 922 

variable wavelength spectrophotometer (Kontron, Watford, UK). The cultures 

were diluted with RO water so that the OD was between 0.1-1 absorbance 

units. A calibration curve showing the correlation between the optical density
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and the dry cell weight was prepared using samples from a growing shake flask 

culture and is shown in Appendix 1.

2.2.3 Intracelullar CHMO activity
Intracellular CHMO enzyme activity was measured using the method of Doig et 

al. (2001). Samples of fermentation broth were centrifuged for 2 minutes at 

13000 rpm (Biofuge 13, Heraeus Sepatech, Brentwood, Essex, UK) and the 

resulting cell pellet suspended in the reaction buffer (Tris-HCL buffer 50mM pH 

9, bovine serum albumin 7.14 g I -1). The resuspended cells were sonicated on 

ice at an amplitude of 8 pm of 5 cycles at 10 seconds on/ 10 seconds off 

(Soniprep 150 MSE, Sanyo,Crawley, Sussex, UK). The sample was then re­

centrifuged for 2 minutes at 13000rpm to remove insoluble cell debris. The 

CHMO activity was calculated from the rate of NADPH utilisation upon the 

addition of cyclohexanone and NADPH to the CHMO sample. NADPH absorbs 

strongly at 340 nm (s = 6.22ml pmol'1cm'1) and its consumption is 

stoichiometrically linked to product formation. In a final volume of 1ml the 

following reagents -  expressed as final concentrations -  were added to a 1.5 ml 

reaction cuvette: (Tris-HCL buffer 50mM pH 9, bovine serum albumin 7.14 g I-1, 

0.161mM NADPH, 2mM cyclohexanone). The rate of NADPH consumption was 

measured at 340 nm and 37°C with a Kontron Uvikon 922 (Kontron, Watford, 

Herts, UK) variable wavelength spectrophotometer fitted with a thermostated 

cell.

2.2.4 Glycerol assay

The glycerol concentration was determined using glycerol enzymatic test kit of 

Boehringer-Mannheim Roche (R-Biopharm GmbH, Darmstadt, Germany). The 

assay linked the glycerol concentration to NADH oxidation via three enzyme 

catalysed reactions. First, glycerokinase catalysed the phosphorylation of 

glycerol by adenosine-5-triphosphate (ATP) to L-glycerol-3-phosphate. Second, 

pyruvate kinase converted phosphoenolpyruvate to pyruvate and ATP. Third, 

L-lactate dehydrogenase reduced pyruvate to L-lactate with the concomitant 

conversion of NADH to NAD. NADH oxidation was followed 

spectrophotometrically by measuring the total difference in absorbance at 340 

nm on completion of the above reactions using a Uvikon 922 variable
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wavelength spectrophotometer (Kontron, Watford, Herts, UK). Samples were 

prepared by centrifuging cultures at 13000 rpm for 2 minutes (Biofuge 13, 

Heraeus Sepatech, Brentwood, Essex, UK) to remove the biomass. The 

supernatant was then used in the assay.

2.2.5 Exit -  gas measurement
The exit gas was analysed by a mass spectrometer (Prima 600, VG Gas 

Analysis, Cheshire, UK).

2.3 Routine cultivation and storage of E.coli
Master stocks of E.coli were prepared by spreading 50pl of a cell suspension, 

which had been grown from an individual colony, on agar plates made from 

nutrient agar and containing 100 mg I "1 ampicillin. The cells were grown in an 

incubator overnight at 37°C overnight, and then resuspended aseptically in 1 ml 

of a sterilised 20 % (v/v) glycerol solution. The resuspended cells were pooled 

and then added to sterilised Eppendorf tubes and stored at -70°C.

2.4 Fermentations
2.4.1 Growth media
The E.coli was grown on the media components listed in Table 2.1. All of the 

media components, except for ampicillin, were sterilized together at 121°C for 

20 minutes. The ampicillin was sterilized with 0.2 pm syringe filters and added 

to the media just before inoculation.

Component Concentration

gi’1
yeast extract 24

tryptone 12

glycerol 10

potassium phosphate monobasic 2.3

potassium phosphate dibasic 12.5

ampicillin 0.1

Table 2.1. Composition of growth media used in all fermentations.
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2.4.2 Inoculum preparation
The inoculum for the fermentations was grown in 11 shake flasks that contained 

150 ml of the growth media listed in Table 2.1. The pH was adjusted to 7.0 

before sterilization. The flasks were inoculated with frozen stocks that were 

prepared as described in Section 2.3. The flasks were then placed overnight in 

an orbital shaker at 37°C and 200rpm (New Brunswick Scientific, Edison, NJ, 

USA).

2.4.3 Shake flask fermentations
Shake flask fermentations were carried out in 11 shake flasks with four 

diametrically opposed baffles. The shake flasks each contained 45 ml of growth 

media listed in Table 2.1. The pH was adjusted prior to sterilization with 3M 

H3PO4 . The flasks were inoculated aseptically with 5ml of culture that was 

grown as described in Section 2.4.2. The cultures were grown in an orbital 

shaker at 37°C and 200rpm (New Brunswick Scientific, Edison, USA). In some 

experiments isopropyl-p-D-thiogalactopyranoside (IPTG) was added to the 

culture 210 minutes after inoculation. The ITPG was sterilized using a 0.2pm 

filter, and the final concentration in the shake flasks was 1mM.

2.4.4 71 fermentations
2.4.4.1 Fermentation equipment

Fermentations were carried out in a Inceltech 7 I stirred tank fermenter with a 5 

I working volume (Inceltech, Pangbourne, Berks., UK). The vessel was 40 cm 

high and 15 cm in diameter with an H:T ratio of 2.63. The pH was measured by 

a steam sterilisable Ingold pH probe (Ingold Messtechnik, Urdorf, Switzerland) 

and maintained by the metered addition of 3M NaOH and 3M H3PO4. The 

dissolved oxygen tension (DOT) was measured by a steam sterilizable 

polarographic oxygen electrode (Ingold Messtechnik, Urdorf, Switzerland). The 

fermenter was fitted with two six bladed rushton turbines and four diametrically 

opposed baffles. The temperature was controlled using a temperature probe 

and heating element (Bioprocess Engineering Services Ltd, Kent, UK). The 

vessel was aerated via a submerged sparger. The inlet and exit gases were
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filtered through 0.2 pm filters (Gelman Sciences, Ann Arbor, Ml, USA). The 

impeller speed, aeration rate, pH, and DOT were logged and recorded using 

Bioview software (Adaptive Biosystems, Watford, Herts., UK).

2.4.4.2 Fermentation operation
The fermenter was filled with 4.55 I of the media listed in Table 2.1 and 1mL 

polypropylene glycol 2000 (PPG), and then sterilized in place. After the media 

had cooled down the pH was adjusted to 7.0. Ampicillin was added to the 

fermenter through a 0.2 pm filter immediately before inoculation. The fermenter 

was inoculated with 450 ml of culture grown as described in Section 2.4.2. The 

growth of the E.coli was followed by periodically measuring the O D 6oo as 

described in Section 22.2.2. The operating conditions of the fermenter were as 

follows: agitation speed 900 rpm; temperature 37°C; aeration rate 1 W M; pH 

7.0.

2.5 Shake flask bioconversions
2.5.1 Whole-cell activity assay

The whole-cell activity of the E.coli biocatalyst was determined in 11 shake 

flasks using a 20 ml working volume. The biocatalyst was grown as described in 

Section 2.4.3. The biocatalyst was suspended in 50 mM phosphate buffer at pH 

7.0 so that the final biocatalyst concentration was Igdcwl '1. Glycerol was added 

so that the final concentration was 5 gl'1. The shake flask was then placed in an 

orbital shaker at 37°C and 200rpm for five minutes to pre-warm the biocatalyst 

suspension to 37°C. Concentrated stock solutions of the substrates were made 

and added to the flasks so that the final substrate concentration was 1 gl"1. Each 

bioconversion lasted 20 minutes; samples were taken every four minutes and 

were analysed as described in Section 2.2.1. In subsequent shake flask 

conversions the biomass, glycerol, substrate and product concentrations were 
altered.

2.5.1.1 Effect of substrate and product concentration on the activity
2.5.1.1.1 Cyclohexanone and e-caprolactone
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The whole-cell assay described in Section 2.5.1 was used, but the initial 

cyclohexanone and £ -  caprolactone concentration was varied. The 

cyclohexanone concentration was varied between 0.25 and 8 gl"1. The £ -  

caprolactone concentration was varied between 0 and 10 gl'1. Both the 

cyclohexanone and the £ -  caprolactone were dissolved in 50mM phosphate 

buffer (pH 7.0) to make a concentrated stock solution. The £ -  caprolactone was 

added to the shake flask just before the cyclohexanone was added to start the 

reaction.

2.5.1.1.2 Bicycloheptenone and oxabicyclooctenone

The whole-cell assay described in Section 2.5.1 was used, but the initial 

bicycloheptenone and oxabicyclooctenone concentration was varied. The 

bicycloheptenone concentration was varied between 0.25 and 4 gl"1. The 

oxabicyclooctenone concentration was varied between 0 and 8 gl'1. For the 

product inhibition experiments the bicycloheptenone concentration was 1 gl'1. 

The bioconversion produces the two stereoisomers in approximately equal 

proportions. To reflect this, a stock solution that contained a 50:50 mixture of 

the two stereoisomers was used. Both the substrates and the products were 

dissolved in 50mM phosphate buffer (pH 7.0) to make concentrated stock 

solutions. The combined lactones were added to the shake flask just before the 

bicycloheptenone was added to start the reaction.

2.6 21 Fermenter bioconversions
2.6.1 Description of the 21 fermenter

Bioconversions were carried out in a 21 fermenter with a 1.41 working volume. 

The vessel was 20.4 cm high and 12.2 cm in diameter. The pH was measured 

by a steam sterilisable pH probe (Mettler Toldeo, Leicester, UK), and was 

maintained by the metered addition of 3M NaOH and 3M H3PO4. The 

dissolved oxygen tension (DOT) was measured by a steam sterilisable 

polarographic oxygen electrode (Ingold Messtechnik, Urdorf, Switzerland). The 

fermenter was fitted with two six bladed rushton turbines and four diametrically 

opposed baffles. The temperature was controlled using a temperature probe 

and heating element (Bioprocess Engineering Services Ltd, Kent, UK). The
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vessel was aerated via a submerged sparger. The inlet and exit gases were 

filtered through 0.2 pm filters (Gelman Sciences, Ann Arbor, Ml, USA). The 

impeller speed, aeration rate, pH, and DOT were logged and recorded using 

Bioview software (Adaptive Biosystems, Watford, Herts, UK).

2.6.2 Bioconversion procedure
Bioconversions were carried out in the 21 fermenter with a 1.41 working volume 

described in Section 2.6.1. The E.coli biocatalyst was produced in a 71 

fermenter as described in Section 2.4.4. Bioconversions were carried out at 

biomass concentrations ranging from 0.5 -  5 gdcJ'1. The harvested E.coli was 

diluted to the appropriate concentration using spent media. The spent media 

was obtained by centrifuging a culture produced in a 71 fermenter as described 

in Section 2.5.3 at 4000 rpm for 30 minutes (Heraeus Megafuge, Heraeus 

Instruments Ltd, Brentwood, Essex, UK). The supernatant was then used to 

resuspend the biomass. Glycerol was added so that the final concentration was

5gr1.

The resuspended biomass was placed in the fermenter and heated to 37°C. 

The bioconversions were started by the addition of 1.4 g of bicycloheptenone 

so that the initial concentration in the fermenter was 1gf1. The bioconversions 

were carried out for 30 minutes. 2ml samples were taken every five minutes. 

The concentration of the substrate and product were determined as described 

in Section 2.2.1. The optical density was also measured so that any change in 

the biomass concentration could be accounted for when determining the 

specific OUR. The experiments were carried out using an impeller speed of 

either 700 or 900rpm and using an aeration rate of 1wm. The pH was 

maintained at pH 7.0.

2.7 Determination of the critical oxygen concentration
The effect of the dissolved oxygen concentration on the specific OUR of the 

biomass was determined in the 21 fermenter described in Section 2.6.1. The 

biomass was grown in multiple 11 shake flasks with a 50ml working volume as 

described in Section 2.4.3. A final biomass concentration of Igdcwl"1 was
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obtained by suspending the biomass in spent media. Glycerol was added so 

that the concentration was approximately 5 g l_1. The experiments were carried 

out at 37°C. The DOT was set by the impeller speed, and the aeration rate was 

1wm. Fresh cells were used for each DOT. To ensure that the glycerol 

concentration did not effect the OUR of the biocatalyst, the OUR of Igdcwl’1 of 

the biocatalyst was measured at different glycerol concentrations. The DOT was 

maintained above zero so that oxygen was not limited, and the OUR was 

recorded for twenty minutes. Figure A.4 in Appendix 2 shows that the OUR was 

not effected by the initial glycerol concentration.

2.8 Effect of the oils on the OUR
To determine the effect of the oils on the oxygen uptake rate, the oils were 

added to a suspension of the biocatalyst. After the oils were added, the DOT 

could not increase above zero because the driving force would change - any 

increase in the oxygen uptake rate would be underestimated.

The maximum OUR using an impeller speed of 700 rpm and an aeration rate of 

1wm was 47 mmol l'1h'1. The maximum specific OUR of the E.coli biocatalyst 

was 20 mmol gdcJ’1h '1. If it is assumed that the highest enhancement factor will 

not exceed 3, the maximum OUR of the cells must be 141 mmol l'1h'1 or higher. 

If 7gdcwr1 E.coli JM107, which has a maximum OUR of 20 mmol gdCW’1 l"1h'1, is 

used, the maximum OUR will be 140 mmol f 1h'1.

The experiments were done in a 21 fermenter with a 1.41 working volume, which 

was described in Section 2.6.1. The E.coli biocatalyst was grown as described 

in Section 2.4.4.2 and harvested at a biomass concentration of 7g<jcJ‘1. 1.4 I of 

the biomass was placed in the 21 fermenter. Glycerol was added so that the final 

concentration was approximately 5gl"1. The biomass was pre-warmed to 37°C. 

The pH was controlled at pH 7.0 with 3M NaOH and 3M H3P04.

Before the addition of oil, the OUR was recorded for fifteen minutes to ensure 

that it had reached a steady state. The appropriate volume of biomass was then 

removed from the fermenter and replaced with an equal volume of oil that had
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been pre-saturated with air for half an hour before the experiment began. The 

OUR was recorded for 30 minutes after the addition of the oil to ensure that the 

oil droplets and air bubble diameters had reached equilibrium. The oil was 

added at four volume fractions: 0.01, 0.05, 0.1 and 0.2. The volume of oil 

required for each volume fraction is shown in Table 2. 2

Volume fraction 

(O)

Volume of biomass removed 

(ml)

0.01 14

0.05 70

0.10 140

0.20 280

Table 2.2. Volume of oil added at each volume fraction.

2.9 Physical properties of oils
2.9.1 Density

Liquid density was determined by weighing 1 ml liquids volumes on a Mettler- 

Toledo AB54 mass balance (Leicester, UK). All measurements were 
performed in triplicate.

2.9.2 Surface and interfacial tensions

Surface and interfacial tensions were determined using a Kruss 10 tensiometer 

(Kruss, Palaiseau, France). The surface tension was measured using a 

Wilhelmy plate. Approximately 30ml of liquid was placed in a jacketed glass 

vessel. The liquid was pre-warmed to 37°C and maintained at that temperature 

by circulating warm water through the jacket of the glass vessel. The Wilhelmy 

plate was suspended vertically above the liquid by being attached to the 

tensiometer balance. The plate was then lowered onto the surface of the liquid 

so that about 1mm of the plate was immersed.
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The interfacial tension was measured using the dynamic Wilhelmy method. 

The plate was lowered onto the surface of the heavy liquid that had been pre­

warmed to 37°C and maintained at that temperature by circulating warm water 

through the jacket of the glass vessel. The light liquid, which had been pre­

warmed to 37°C, was then poured over the heavy liquid until the whole plate 

was immersed in the light phase. The plate was then slowly lifted out of the 

interface between the two liquids by the balance. All measurements were 

performed in triplicate.

2.9.3 Spreading coefficient
The spreading coefficients were calculated from the following equation:

Sow = cjwg -  (a0G + crow) (2.1)

Where, S0w is the spreading coefficient of oil on water, oWg is the surface 

tension of the aqueous phase, oog is the surface tension of the oil, and oow is 

the interfacial tension between the aqueous phase and oil. Spreading 

coefficients were calculated for each of the oils on complex media and on 

complex media with 7gl '1 E.coli.

2.9.4 Viscosity
2.9.4.1 Viscosity measurements

The liquid viscosity was measured using a Contraves Rheomat 115 rheometer 

(Contraves AG, Zurich, Switzerland). The rheometer used the cup and bob to 

measure the viscosity. The liquids were pre-warmed to 37°C and then poured 

into the cup. The outer cylinder (cup) was stationary whilst the inner cylinder 

(bob) was rotated. The rheometer measured the braking torque exerted on the 

inner cylinder rotated in the dispersion. The braking torque is a function of the 

shear stress and the shear rate exerted on the inner cylinder, which are related 

to the apparent fluid viscosity by:

H S  (2.2)
Y
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where // is the apparent viscosity, r  is the shear stress per unit torque, q is the 

torque read out from the rheometer control panel, and y is the shear rate. To 

simplify calculations the manufacturers of the rheometer have put together a 

series of values, rj (Equation 2.3) where:

h —  (2-3)
y

So the calculations reduce to Equation 2.4:

H = n? (2.4)

The shear stress at each rheometer setting is determined by multiplying the 

manufacturers value of shear stress per unit torque by the torque reading at 

each setting. The final values recorded were the average of three 

measurements. All measurements were performed in triplicate.

2.9.4.2 Average viscosity

The relative viscosity of the dispersion at each volume fraction was estimated 

using the following equation:

Mm =
Me

1- *
1 + 1 .5 + n /

Me +Md
(2.5)

where, pm is the relative viscosity, pc is the viscosity of the continuous phase, 

and pd is the viscosity of the dispersed phase. In principle this equation is 

only valid for dilute dispersions where the volume fraction is less than 0.15 

(Guilinger et al, 1988; Marcelis et a!., 2003). However, it was also used for a 

volume fraction of (t> = 0.2 because a more accurate calculation is not 
available.
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2.9.5 Oxygen solubility
2.9.5.1 Average oxygen concentration
Oxygen solubility data was taken from the literature. The average oxygen 

solubility of the dispersions at each volume fraction was calculated using the 

following equation (MacMillan and Wang, 1990):

where Cave is the bulk average oxygen concentration, d> is the volume fraction, 

C* is the saturation concentration of the aqueous phase, and C*Dii is the 

saturation concentration of the oil.

2.9.5.2 Oxygen diffusivity
The oxygen diffusivity of the aqueous phase was determined using the 

correlation of Wilke -  Chang (Green, 1997):

where, D a b  is the diffusion coefficient of solute A in solvent B, cp is the 

association factor for B (2.6 for water), Mb is the molecular weight of B, T is the 

temperature (K), p B is the viscosity of B, Va molar volume of solute A at its 

normal boiling temperature.

The Wilke-Chang correlation is not accurate for the determination of diffusivity 

in organic compounds. Therefore for the oils the Scheibel correlation was used 
(Green, 1997):

care= ( i - f )c -  + *c;, (2 .6)

DAb= 7 .4 x 10 •
8 (<pMB ) 0 5 T (2.7)

(2.8)

where,
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(2.9)

where VB is the molar volume of solute B at its normal boiling temperature.

2.9.5.3 Oxygen permeability
The oxygen permeability is the product of the oxygen solubility and diffusivity:

where, P02 is the permeability, C* is the saturation oxygen concentration of the 

oil, and D a b  is the diffusivity of oxygen in the liquid.

2.10 Power input
The power input of the 21 fermenter was measured by placing the vessel on a 

turntable supported on an air layer (air bearing technique). When the impeller 

was switched on, the force, F, required to stop the rotation of the vessel on the 

air-bearing, was recorded with a load cell and the power input into the vessel 

was calculated according to:

where, P is the power consumption, N is the impeller rotational speed, R is the 

distance between the load cell and the centre of the tank and F is the force.

2.11 Sauter mean drop diameter
The Sauter mean droplet sizes were estimated using two different correlations. 

The correlation of Godfrey and Crilic (1977) is applicable for oils with a 

viscosity below 10cS:

PQ2 = C Dab (2.10)

P=2ttNRF (2 .11)

= 0.058 (1 + 3.6 <p)(Wer ) ° 6 (2.12)
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where, d32 is Sauter mean drop diameter, D is the impeller diameter, N is the 

rotational speed of the impeller, O is the volume fraction, and Wej is the 

Weber number in a mixing tank (= p N2 D3 / a ).

The Nishikawa et al. (1987) correlation can be used for oils with higher 

viscosities:

= 0.095 • A/ 04 • (WeT) 0 6 • (1 + 2 . 5 f 3)(
0.2

\ VcJ

0.125 (2.13)

pd is the viscosity of the dispersed phase, pc is the viscosity of the continuous 

phase, p is the density of the continuous phase, and o is interfacial tension.

2.12 Volumetric mass transfer coefficient (kLa)
2.12.1 measurement

The volumetric mass transfer coefficient was determined using the dynamic 

method (Dunn and Einsele, 1975). The kLa was determined using the media 

listed in Table 2.1. The media was placed in the 21 fermenter and the contents 

pre-warmed to 37°C. The DOT was measured using a polarographic oxygen 

electrode (Ingold Messtechnik, Urdorf, Switzerland). The DOT was recorded 

using a Squirrel 2000 datalogger (Grant, Cambridge, UK). The media was 

sparged with nitrogen to deoxygenate the media. When the DOT reached zero, 

air was reintroduced and the DOT returned to 100%. The experiments were 

carried out using the oil volume fractions listed in Table 2.2.

2.12.2 Data analysis

The data was analysed using the method of Lamping et al. (2003). The rate of 

change of the oxygen concentration during the re-oxygenation step is:
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where C is the oxygen concentration, C* is the saturation oxygen concentration, 

and M  is the volumetric mass transfer coefficient. Assuming that the kLa is 

constant with time equation can be integrated to give:

k , a = - \ n  
L t C *- C

=--ln
t CL

(2.15)

where CL is a normalised oxygen concentration defined by

c* -  c (2.16)

The DOT probe did not respond instantaneously to the change in the dissolved 

oxygen tension in the fermenter. Therefore, the delay in the probe response had 

to be accounted for. The probe response time ( r p ) is defined as the time it

takes the probe to reach 62.5% of its response reading when the probe has 

been moved from an environment with a DOT of 0% to 100%. The probe signal 

(Ce) can be related to the real dissolved oxygen tension by a first order 

equation:

( c _ c . )
Of

(2.17)

The electrode response time was determined by quickly switching the electrode 

from a beaker of water with 0% DOT to a fermenter that had a DOT of 100%. 

The fermenter was operating at an impeller speed of 700 rpm and an aeration 

rate of 1vvm to match the hydrodynamic conditions of the fermenter that were 

used to determine the kLa. The probe response time was 14 seconds.

Substituting for Cl in equation 2.15 and integrating gives:

Cp = - r  -exp
\ Tp j

(2.18)
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The was estimated using the Lineweaver -  Marquart procedure, which 

utilizes the least squares non-linear regression.

2.13 21 Fermenter bioconversions with FC-40
2.13.1 Experimental design
The purpose of the bioconversions was to investigate the effect of FC-40 on the 

oxygen uptake rate at different volume fractions. So that the effects of FC-40 

were not underestimated, the biocatalyst had to be oxygen limited enough so 

that the DOT did not increase above zero. At a volume fraction of 0.2, FC-40 

increased the oxygen transfer rate to the aqueous phase 2.1 fold. The 

maximum oxygen transfer rate that can be achieved at 700 rpm and 1 wm  is:

47 mmol I '1 h‘1 x 2.1 =99 mmol I"1 h'1

The maximum potential OUR of a 1.12 I suspension with a biocatalyst 

concentration of4gdcwl’1 is:

30 mmol gdcw h'1 x 4gdcwr1 x 1.12 I = 134 mmol I'1 h'1

Therefore, the biocatalyst concentration in the aqueous phase was 4 gdcw I"1 for 

all the experiments. Bioconversions were carried out using the volume fractions 

listed in Table 2.2.

2.13.2 Bioconversion procedure
Bioconversions were carried out in the 21 fermenter with a 1.41 working volume, 

described in Section 2.6.1. The biocatalyst was grown in a 71 fermenter as 

described in Section 2.4.4.2. Bioconversions were carried out at five different 

volume fractions: the volume of the aqueous phase and the FC-40 are listed in 

Table 2.3. The biocatalyst was harvested and diluted to the appropriate volume 

with spent media to the appropriate concentration, and then the appropriate 

volume of FC-40 was added. The fermenter was pre-warmed to 37°C.
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Volume Fraction Aqueous volume 

1

Oil volume 

I

0 1.400 0

0.01 1.386 0.014

0.05 1.330 0.070

0.10 1.260 0.140

0.20 1.120 0.280

Table 2.3 Composition of the fermenter during bioconversions with FC-40.

To minimise any toxic effects of the substrate or product on the E.coli 

biocatalyst the initial concentration of the substrate in the aqueous phase was 

1 gl"1. The appropriate mass of substrate was weighed and then added to the 

fermenter using a Pasteur pipette. The bioconversions were carried out for 30 

minutes. Samples were taken every five minutes. 2ml of the dispersion was 

removed through the sampling port and placed into an Eppendorf tube. The FC- 

40 and the aqueous phase were separated by centrifuging the Eppendorf for 

one minute at 13000 rpm. The aqueous phase was then analysed as described 

in Section 2.2.1.

2.14 Solubility and partition coefficients
2.14.1 Solubility in FC-40

The solubility of bicycloheptenone and oxabicyclooctenone in FC-40 were 

determined by adding excess quantities to 10ml FC-40. The bottles were sealed 

and agitated overnight at 37°C. FC-40 was partly soluble in ethyl acetate, so to 

determine the concentration in FC-40 a sample was taken and mixed with an 

equal volume of phosphate buffer. The aqueous phase was then analysed as 

described in Section 2.21.

2.14.2 Partition coefficients between phosphate buffer and ethyl acetate
Solutions of either bicycloheptenone or oxabicyclooctenone at a concentration 

of 1gl'1 in phosphate buffer were prepared. An equal volume of FC-40 was
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added, and the mixtures were then agitated overnight at 37°C. The aqueous 

phase concentration was then analysed as described in Section 2.2.1.
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3.0 Production of the E.coli biocatalyst and 

characterisation of the bioconversion

kinetics

3.1 Introduction
The first aim of this chapter was to develop a fermentation process to produce 

the E.coli biocatalyst. This was necessary because sufficient biocatalyst was 

needed for subsequent experiments that were carried out in a 21 fermenter. 

Therefore, a reliable fermentation process, which produced a consistent growth 

profile, biomass concentration, and CHMO activity, was required.

A fermentation process was first developed for a 11 shake flask with a 50ml 

working volume, and then for a 71 fermenter with a 51 working volume. They 

were developed by adapting the approach of Doig et al. (2001; 2002a), who 

demonstrated that a recombinant E.coii over-expressing CHMO could be 

produced at 1.51 and 3001 scales, using a batch fermentation with complex 

media, and glycerol as a carbon source.

The second aim was to characterise the kinetics of the bioconversion of two 

ketone substrates to their respective products. The two reaction schemes that 

were used are shown in Figure 3.1. The first was the bioconversion of 

cyclohexanone and e-caprolactone. The second was the bioconversion of 

bicyclo[3.2.0]hept-2-en-6-one to (1S, 5R)-2-oxabicyclo[3.3.0]oct-6-en-3-one and 

1(R),5(S)3-oxabicyclo[3.3.0]oct-6-en-2-one.

The aim was first to determine the maximum specific activity that could be 

obtained, and second to determine which of the bioconversions causes the 

least inhibition of activity. In subsequent experiments, batch bioconversions 

were carried out to characterize the oxygen consumption, and it was therefore 

desirable to avoid both substrate and product inhibition as much as possible.
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CHMO

NADPH

Cyclohexanone £ - caprolactone

CHMO

NADPH

Bicyclo[3.2.0]
hept-2-en-6-one

1 (S),5(R)2-oxabicyclo 
[3.3.0]oct-6-en-3-one

1 (R),5(S)3-oxabicyclo 
[3.3.0]oct-6-en-2-one

Figure 3.1. Reaction schemes for the two substrates. A. -  cyclohexanone. 

B - bicyclo[3.2.0]hept-2-en-6-one.

3.2 Results and Discussion
3.2.1. Production of the E.coli biocatalyst in shake flasks
The E.coli was grown in 11 shake flasks as described in Section 2.4.3. The aim 

of the shake flasks experiments was to determine an appropriate time to add 

ITPG to induce the expression of CHMO. Figure 3.2 shows the biomass 

concentrations and the specific intracellular CHMO activities of growing E.coli 

cultures that did and did not have 1mM ITPG added at 210 minutes. The data 

points are the average of three repeats - error bars are omitted for clarity.
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Induced and non-induced cultures both had specific growth rates of 0.56 h'1 and 

final biomass concentrations of 9.8 ± 0.2 gdcwl’1 and 9.2 ± 0.5 gdcwl’1 

respectively. The final specific intracellular CHMO activities were 272 U gdcw’1 

for induced cultures, and 254 U gdcw’1 for non-induced cultures. The addition of 

ITPG at 210 minutes did not cause a significant increase in intracellular activity 

in induced cultures compared to non-induced cultures. The CHMO activity 

increased with the biomass concentration, and seemed to be expressed 

constitutively. Because there was no significant difference in the activity 

obtained when ITPG was or was not added, it was not used in subsequent 

experiments.

3.2.2 Production of E.coli biocataiyst in a 71 fermenter

A 71 fermenter process was developed so that the biocatalyst could be 

produced in sufficient amounts for experiments in subsequent chapters. Figure

3.3 shows the biomass concentration, the glycerol concentration, and the 

specific intracellular CHMO activity during the growth of the E.coli biocatalyst in 

a 71 fermenter. The experiment is described in Section 2.4.4. The final biomass 

concentration for this fermentation was 9.5 gdcwl’1; the maximum specific growth 

rate was 0.7h'1; the apparent yield on glycerol was 0.9 ggdcw"1; and the final 

intracellular CHMO activity was 300 U gdcw’1-

Figure 3.4 shows the DOT, OUR, CER and RQ values that correspond to the 

data in Figure 3.3. The DOT decreased from 90% at the start of the 

fermentation to a minimum of 1% at 150 minutes - at this time the OUR and 

CER reached their maximum values of 105 and 90 mmol l'1h'1 respectively. The 

growth rate and the glycerol consumption rate began to slow down at 150 

minutes, which suggests that the growth of the E.coli was limited by the oxygen 

concentration.

3.2.3 Bioconversions
3.2.3.1 Whole-cell activity

The whole-cell activity was determined as described in Section 2.5.1. Figure

3.5 shows typical reaction profiles for the bioconversion of cyclohexanone to £ -
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caprolactone and of bicycloheptenone to oxabicyclooctenone using initial 

substrate concentrations of 1gl '1 and biomass concentrations of 1 gdcwl ‘1. The 

initial specific activity for the bioconversion of cyclohexanone was 190 U gdcw*1 

and for bicycloheptenone it was 105 U gdcw’1. The cyclohexanone bioconversion 

may have had a higher specific activity than the bicycloheptenone because it is 

the natural substrate.

The activity of the whole-cell bioconversion of cyclohexanone was 

approximately half of that of the isolated assay. Doig et al. (2003) found that the 

intracellular activity of a recombinant CHMO was higher than the whole-cell 

activity. The difference could not be entirely accounted for by differences in pH 

optima; therefore, the rate of substrate uptake may have limited the activity. 

Walton and Stewart (2002) also suggested that the transport of cyclohexanone 

across the cell membrane limited the whole-cell activity of a recombinant E.coli 

over-expressing CHMO. The difference in the specific activities obtained with 

cyclohexanone and bicycloheptenone might also be due in part to differences in 

their rate of uptake by the biocatalyst.

The glycerol concentration had no effect on the specific activity at 

concentrations between 5 - 2 5  gl'1 (Appendix 2), which is consistent with the 

results of Doig et al. (2003) and Simpson et al. (2001).

3.2.3.2 Stability of the biocatalyst

Figure 3.6 shows that there was no decrease in the whole -  cell activity over the 

first 29.5 hours of harvest, but after 75 hours the whole -  cell activity had 

dropped to 62 % of the original value. Therefore, all the bioconversions carried 

out with the biocatalyst had to be finished within 29.5 hours after harvest so that 

there was no decrease in the activity.
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Figure 3.2. The growth kinetics and intracellular CHMO activity of E.coli 

during growth in 11 shake flasks. Biomass concentration: no IPTG (• ) ; 

IPTG (O); specific intracellular CHMO activity: no ITPG (■) ITPG (□ ).
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Figure 3.3. The biomass concentration, glycerol concentration, and 

specific intracellular CHMO activity during the growth of E.coli in a 71 

fermenter. Biomass concentration ( • )  , glycerol concentration (A), 

specific intracellular CHMO concentration (■ ).
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Figure 3.4. Exit-gas and DOT during a 71 fermentation. OUR ( ------- ),

CER (■ ), RQ (------- ), DOT(-------).
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Figure 3.6. Stability of the whole-cell biocatalyst stored at 4 °C after 

harvest.
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3.2.3.3 Substrate and product inhibition
The effect of the substrate and product concentrations on the specific activity 

was determined. Figure 3.7 shows the effect of the initial cyclohexanone and z -  

caprolactone concentration on the specific activity - the experiments are 

described in Section 2.5.1.1.1. The specific activity decreased linearly at initial 

cyclohexanone concentrations of 0.25 and 5 g l-1, and it was zero at 8 g l-1. The 

specific activity decreased most rapidly at initial z -  caprolactone concentrations 

of 0.5 -  1 g l '1. As the concentration increased above 1 gl 1 there was a more

steady decrease up to a concentration of 10 g I '1 when the activity was 29 U g “
1

Figure 3.8 shows the effect of the initial bicycloheptenone and its combined 

lactone concentrations on the specific activity. The experiments are described in 

Section 2.5.1.1.2. Bicycloheptenone inhibited the specific activity at the lowest 

concentrations used (0.25 -  1 gl -1). At concentrations above 1 gl ~1 there was a 

much more rapid decrease in the specific activity -  there was no activity at 

concentrations above 3 g l '1.

The oxabicyclooctenone also inhibited the specific activity when the 

concentration was higher than 1 gl'1. However, the decrease in activity was not 

as rapid as that observed with bicycloheptenone - the specific activity had 

decreased to 20 U g dCw"1 at an oxabicyclooctenone concentration of 8 gl'1. 

These inhibition profiles are similar to those found by Doig et a/. (2003) with a 

different E.coli strain.

The aim of these experiments was to determine which substrate and its 

corresponding product caused the least inhibition, so that subsequent 

bioconversions could be carried out with a minimum decrease in the activity. 

There was little difference in the amount of inhibition caused by the two different 

substrates at the lowest concentrations -  for bicycloheptenone there was a 14 

% decrease in the specific activity at concentrations of 0.25 - 1 gl ~1 compared 

to 12 % for cyclohexanone over the same concentration range. The 

oxabicyclooctenone caused no inhibition at concentrations up to 1 gl'1, whereas
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Figure 3.7. The effect of the initial cyclohexanone and t  -  

caprolactone concentration on the specific activity. Cyclohexanone 

(O); £ -  caprolactone (•).
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Figure 3.8. The effect of the initial bicycloheptenone and 

oxabicyclooctenone concentration on the specific activity. 

Bicycloheptenone (□ ); oxabicyclooctenone (■ ).
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for £ - caprolactone there was a 32 % reduction in the activity at the same initial 

concentration. From this point of view the bicycloheptenone was the most 

appropriate substrate because it caused the smallest decrease in activity.

3.3 Conclusions

• The E.coli biocatalyst can be produced up to 9.5 gdCwl ‘1 in a 71 fermenter 

using complex media and glycerol as a carbon source.

• The specific activity increased in proportion to the biomass concentration 

during the growth of the biocatalyst. The whole-cell specific activity at 

late exponential/early stationary phase was 190 Ugdcw'1 with 

cyclohexanone, and 105 Ugdcw'1 with bicycloheptenone.

• The glycerol concentration did not affect the specific activity between 5 

and 25gl'1.

• There was no loss in biocatalyst activity up to 29.5 hours after harvest if 

the biomass was stored at 4 °C. Therefore all experiments with the 

biocatalyst had to be completed within 29.5 hours after harvest.

• Cyclohexanone decreased the specific activity at concentrations of 0.25 
-  8 g I"1.

• £ -  caprolactone decreased the specific activity at concentrations of 0.5 -  

10 g l'1.

• Bicycloheptenone decreased the specific activity at concentrations of 
0 .25-3  g l'1.

• Oxabicyclooctenone had no effect on the specific activity at 

concentrations of 0 -  1 g I'1, but at concentrations above 1 g I"1 the 

specific activity decreased.
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• The conversion of bicycloheptenone to oxabicyclooctenone was chosen 

as the model system, because it caused less inhibition in the activity 

compared to the cyclohexanone reaction. Cyclohexanone and 

bicycloheptenone caused similar levels of inhibition at concentrations of 

0.25 -  1 gl'1, whereas oxabicyclooctenone caused no inhibition at 

concentrations up to 1 gl'1.
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4.0 Oxygen consumption of the biocatalyst

4.1 Introduction
The aim of this chapter was to characterise the oxygen consumption of the E.coli 

biocatalyst during the bioconversion of bicycloheptenone in order to obtain an 

understanding of the effect of oxygen limitation on the process. Increasing the 

biocatalyst concentration can usually increase the productivity of bioconversions. 

However, this might not be applicable to some whole -  cell oxygenase 

bioconversions, because fermenters have a limited capacity to supply oxygen.

Oxygen is used as a terminal electron acceptor in the electron transport chain and as 

a substrate for the CHMO. Duetz et at. (2001) suggested that the electron transport 

chain and oxygenases will compete for the oxygen when it is limited, and that the 

electron transport chain will obtain a larger fraction because it has a lower km for 

oxygen than most oxygenases. However, when oxygen is limited the respiration rate 

will also decrease, which can lead to a decrease in the NAD(P)H regeneration rate.

There have been reports in the literature that the specific activity of whole-cell 

oxygenases decreases when oxygen is limited (Simpson et at., 2001; Hilker et al.} 

2004a; Zambianchi et at., 2004; Baldwin et at., 2005). However, there has been no 

investigation into how the oxygen is split between the electron transport chain and 

the oxygenase. The experiments will determine how the severity of the oxygen 

limitation affects the volumetric activity, the specific activity, and the relative oxygen 

consumption of the electron transport chain and the CHMO.

The oxygen consumption was investigated by doing bioconversions at different 

biomass concentrations to see when the specific activity was affected by oxygen 

limitation. Bioconversions were also done at two oxygen transfer rates to see how an 

increase in the oxygen transfer rate influenced the amount of oxygen used by the 
CHMO.
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4.2 Results and Discussion
4.2.1 21 fermenter bioconversions
Bioconversions were done using biomass concentrations ranging from 0.5 -  5 gdcwl"1, 

and using impeller speeds of 700 and 900 rpm. The experiments are described in 

Section 2.6. A typical reactant profile is shown in Figure 4.1 and the corresponding 

exit - gas is shown in Figure 4.2. The biomass concentration was 1 gdcwl '1 and the 

initial bicycloheptenone concentration was 1 gl"1.

4.2.1.1 Bioconversions at 700 rpm
Figure 4.3 shows that the activity increased in proportion to the biomass 

concentration from 0.5 to 1.0 gdcwl'1. The maximum volumetric activity was obtained 

with a biomass concentration of 1 gdcwl"1- Above this biomass concentration, there 

was no further increase in activity. At biomass concentrations from 3 - 5  gdcwl '1 the 

activity remained constant at approximately 150 U gdcw'1.

The OUR’s and the specific OUR’s profiles are similar to the volumetric and specific 

activity profiles. The OUR increased in proportion to the biomass concentration 

between 0.5 and 1 gdcwl'1; the DOT during these bioconversions was 60 and 45% 

respectively. At higher biomass concentrations, the DOT was zero and there was no 

further increase in the OUR. The maximum OUR was approximately 780 Uf1 (47 

mmol I '1h‘1). The oxygen limitation caused the specific activity to decrease five fold at 

0 gdcwl ■

4.2.1.2 Bioconversions at 900 rpm
When the impeller speed was increased to 900rpm the maximum oxygen transfer 

rate increased 1.8 fold and the maximum volumetric activity increased approximately 

2 fold. The volumetric activity and OUR profiles followed similar trends to those 

obtained at 700 rpm (Figure 4.4). During the bioconversions using 1 and 2 gdcwl'1, the 

DOT was 82 and 40 % respectively. The maximum specific activity was reached at 1 

gdcwl ”1 -  at biomass concentration above this it began to decrease. Although there 

was a 16 % reduction in the specific activity when the biomass concentration 

increased from 1 to 2 gdcwl’1, this was better than the 62 % reduction observed at 700 
rpm.
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Figure 4.1. Reaction profile during the bioconversion of bicycloheptenone to 

oxabicyclooctenone in a 2 I fermenter. Bicycloheptenone (•) ; oxabicyclooctenone 

(O); mass balance (■).
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Figure 4.2. OUR and CER profiles corresponding to the bioconversion 

in Figure 4.1. OUR (a) and CER (A).
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4.2.2 Oxygen consumption during the bioconversions
Under aerobic conditions, the maximum specific OUR during the bioconversions was 

approximately 500 Ugdcw-1 (30 mmol gdcw-1h '1): the electron transport chain used two- 

thirds and the CHMO the other third.

Figures 4.5 and 4.6 compare the oxygen consumption rates of the CHMO (calculated 

from the activity) and the difference in the total OUR before and after the 

bioconversions began. When there was sufficient oxygen for both the electron 

transport chain and the CHMO, the increase in the OUR was approximately equal to 

the amount of oxygen used by the CHMO. However, when there wasn’t, the amount 

of oxygen used by the CHMO was greater than the increase in the OUR.

Below a critical dissolved oxygen concentration, the specific OUR is dependent on 

the DOT (Longmuir, 1954). Therefore, during the bioconversions that were oxygen 

limited, the specific OUR of the biomass would have been sub-maximal. Figure 4.7 

shows the effect of the DOT on the specific OUR of the E.coli -  the experiments are 

described in Section 2.7. The maximum specific OUR was 320 U gdcw-1 (19 mmol g" 

1h'1) - calculated by taking an average of the six values measured at DOT 

concentrations between 7 and 69 % DOT. This is in good agreement with the specific 

OUR of the biocatalyst during aerobic bioconversions, and with the work of Anderson 

and von Meyenburg (1980) who found that the maximum OUR of E.coli grown on 

glycerol was 20 mmol g d c w - 1h ‘ 1 .

When the DOT was below 7%, the specific OUR decreased by about a third; this 

suggests that if the DOT was higher than approximately 7%, the E.coli and the 

CHMO would not compete for the oxygen, but if it was lower, they would. Before 

some of the bioconversions began, the biocatalyst was already oxygen limited. 

Figure 4.7 shows that the specific OURs of the biocatalyst just before these 

bioconversions began were sub-maximal. Therefore, the CHMO did use some of the 

oxygen that had been used by the electron transport chain, which suggests that 

oxygen rather than NADPH was limiting the activity.
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Figures 4.5 and 4.6 also show the percentage of oxygen used by the CHMO during 

each of the bioconversions. When there was no oxygen limitation, the CHMO used 

approximately 37% of the total oxygen. When oxygen was limited approximately 20 

% of the oxygen was used by the CHMO regardless of the severity of the oxygen 

limitation (the specific OURs varied between 150 -  383 U gdcw’1)- During the oxygen 

limited hydroxylation of toluene by toluene dioxygenase in Pseudomonas putida 19 

% of the oxygen was also used for the reaction (Carragher et a/., 2001). This could 

be a coincidence, as there are several differences between the two systems, or it 

could be that despite the differences, the fraction of oxygen used by the oxygenase is 

determined primarily by the ability of the oxygenase to compete for the oxygen.

Duetz et al. (1994; 2001) proposed that the electron transport chain would out 

compete oxygenases for oxygen because it has a lower km for oxygen and would 

therefore have a greater affinity for oxygen at lower concentrations. Duetz et al., 

(1994) had grown several toluene degrading Pseudomonas strains under oxygen 

limitation. Each of the strains used a different oxygenase to degrade toluene, and the 

strains that contained oxygenases with the greatest affinity for oxygen had the 

highest growth rates. Duetz et al. (2001) and Shaler and Klecka (1986), quoted a km 

for the electron transport chain of 1pM (Longmuir, 1954) compared to 10 -  60 pM for 

oxygenases.

However, for E.coli the situation is more complicated because they can express two 

distinct cytochrome oxidases - cytochrome o oxidase and cytochrome d oxidase 

(Gunsalus, 1992). The two cytochrome oxidases have different oxygen affinities: 

cytochrome o oxidase has a km of 1.4 -  2.9 pM, whereas cytochrome d oxidase has 

a higher affinity for oxygen with a km of 0.23 -  0.38 pM. Cytochrome o oxidase is 

predominant under oxygen rich conditions, whilst cytochrome d oxidase expression 

increases under microaerophilic and anaerobic conditions, which suggests that the 

E.coli uses it to scavenge oxygen (Gunsalus, 1992). Ryerson et al. (1982) estimated 

the km for oxygen of cyclohexanone monooxygenase was between 10 -  15 pM.
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4.2.3 NADPH production
Oxygen limitation might have caused the activity of the CHMO to be limited by 

NADPH rather than oxygen. A decrease in the specific OUR could have led to a 

decrease in the NADPH regeneration rate.

The CER increased during the bioconversions that were not oxygen limited (Figures 

4.5 and 4.6). The increase in the OUR was approximately equal to the amount of 

oxygen used by the CHMO, therefore the increase in the CER was not due to an 

increase in the flux through the electron transport chain. There was little or no 

change in the CER during the bioconversions that were oxygen limited. A similar 

pattern was observed during the bioconversion of indene to cis - (1S,2R) indandiol by 

stationary phase Rhodococcus (Amanullah et al., 2002). Before the bioconversions 

began, the NADPH levels might not have been sufficient to meet the requirements of 

the CHMO and the E.coli. The addition of the substrate might have caused NADPH 

production to increase, and with it the production of carbon dioxide, which is often a 

co -  product of the reactions that produce NADPH.

There are a number of routes for NADPH production in E.coli (Csonka and Fraenkel, 

1977): glucose -  6- phosphate dehydrogenase and gluconate-6-phosphate 

dehydrogenase in the pentose phosphate pathway, isocitrate dehydrogenase in the 

TCA cycle, and various dehydrogenases. Walton and Stewart (2002) estimated that 

80% of the NADPH used by a dehydrogenase over-expressed in E.coli, which used 

NADPH at a rate three fold less than the CHMO, was provided by isocitrate 

dehydrogenase. In this work, the specific OUR was at a maximum when the 

biocatalyst was not oxygen limited, and so if more NADPH was required it would 

have to have been supplied by another route e.g. the pentose phosphate pathway.

Leahy and Olsen (1997) found that the rate of toluene degradation by some bacteria 

was limited by NADPH regeneration rates at very low oxygen concentrations. There 

was a critical dissolved oxygen concentration below which toluene degradation was 

limited to a greater extent than predicted by the kinetics at higher oxygen 

concentrations. Below this critical concentration, the flux through the electron 

transport chain was limited by oxygen, and consequently the NADPH regeneration
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rate was reduced. If nitrate was present when the oxygen concentration was below 

the critical value, the rate of toluene degradation in denitrifying strains almost 

doubled, because the NADPH regeneration rate increased in response to the onset 

of anaerobic respiration.

Figure 4.8 shows the effect of the specific OUR of the biocatalyst during the 

bioconversions on the specific activity - it collates the data shown in Figures 4.3 and 

4.4. It does not display the trend described by Leahy and Olsen (1997), which 

showed a sudden steeper decrease in the specific activity below a critical oxygen 

concentration. However, the methods of Leahy and Olsen (1997) could be used to 

investigate NAD(P)H limitation in E.coli, because it can use nitrate as an alternative 

electron acceptor.

4.2.4 Implications for whole-cell oxygenase processes

If the substrates or products of a bioconversion inhibit the activity, oxygen limitation 

will be a secondary constraint on the process. This is because the oxygen transfer 

rate limits the maximum activity, whereas substrate or product inhibition limits the 

final concentration regardless of the activity. However, oxygen limitation should be 

avoided because the specific activity will decrease.

When there was no oxygen limitation approximately 63% of the oxygen was used for 

respiration. If the flux of reducing equivalents through the electron transport chain 

were decreased, the critical biomass concentration at which oxygen limitation occurs 

would be higher, and a higher maximum activity could be obtained. The oxygen 

demand could be decreased by over -  expressing the oxygenase in a microorganism 

with a low specific OUR, or by controlling the carbon and nitrogen concentrations in 

the media so that the flux through the electron transport chain was reduced (Lee, 

1996). However, there may be a corresponding decrease in the NAD(P)H 

regeneration rate.

The solvent tolerance of a microorganism is sometimes an important criterion when 

selecting a suitable host for biphasic bioconversions (Ramos et al., 2002; de Bont 

1998; Wilkinson et al., 1996). For oxygenase processes, the effect of oxygen
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limitation may also have to be considered. For the E.coli used in this chapter, the 

specific activity began to decrease when the DOT was close to zero. For strict 

aerobes the activity might decrease at higher oxygen concentrations.

The E.coli could be engineered so that the flux of reducing equivalents to the electron 

transport chain is decreased. For example, Lim et al. (2002) overexpressed glucose 

-  6-phosphate dehydrogenase and 6-phosphogluconate dehydrogenase, which are 

responsible for NADPH production in the pentose phosphate pathway, in E.coli. The 

NADPH level increased up to sixfold, and the flux through the TCA cycle decreased 

because isocitrate dehydrogenase was inhibited. These conditions would be 

advantageous for whole-cell oxygenase bioconversions because it would lower the 

specific OUR without decreasing the NADPH levels.

Protein engineering, either by rational design or by directed evolution, could be used 

to increase the affinity of the oxygenases for oxygen (Cirino and Arnold, 2002). But 

the oxygenase and the electron transport chain only compete when oxygen is limited, 

and so the maximum specific activity would still be sub-optimal. It would be easier to 

use a lower biomass concentration.

The only suitable biological method that could delay the onset of oxygen limitation is 

one that would reduce the oxygen consumption of the electron transport chain. 

Instead of using a biological method, the maximum oxygen transfer rate of the 

fermenter could be increased. The use of oils to do this will be discussed in the next 

chapter.
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4.3 Conclusions
The aim of this chapter was to investigate the effect of oxygen limitation on the E.coli 

biocatalyst. The main conclusions are:

• 500 U gdcw 1 of oxygen was required to obtain a maximum specific activity of 

188 U gdcw'1: the electron transport chain used approximately two thirds of the 

oxygen and the CHMO the rest.

• Oxygen limitation limited the maximum activity of the CHMO catalyst, and 

decreased its specific activity.

• When oxygen was limited the E.coli and the CHMO competed for the oxygen. 

The CHMO used approximately 20% of the available oxygen whatever the 

severity of the oxygen limitation.

• When the impeller speed was increased from 700 to 900 rpm the maximum 

OUR increased 1.8 fold; the maximum activity increased 2 fold; and oxygen 

limitation caused a smaller percentage decrease in the activity for all the 

biomass concentrations tested.

• The best way to increase the productivity of whole-cell oxygenase processes 

would be to decrease the amount of oxygen used by the electron transport 

chain or to increase the maximum oxygen transfer rate of the fermenter.
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5.0 Enhancement of the oxygen transfer rate 

by oils

5.1 Introduction
Organic solvents are used in bioconversions to limit the toxic or inhibitory 

effects of substrates and products on cells, but could also be used to increase 

the oxygen transfer rate to the aqueous phase. The aim of this chapter was to 

investigate how the physiochemical properties of oils affected their ability to 

increase the oxygen transfer rate. The physiochemical properties that were 

investigated are the oxygen solubility, the viscosity, and the spreading 

coefficient.

Previous studies have shown that oils do increase the oxygen transfer rate 

(Dumont and Delmas, 2003). However, the results have been obtained using 

different oils and different hydrodynamic conditions, which makes comparison 

difficult. For design purposes, it is of interest to know if the increase in the 

oxygen transfer rate can be predicted from the physiochemical properties of the 

liquid. Also, there have been few studies that have investigated the increase in 

the oxygen transfer rate in the presence of biomass.

Oils can increase the oxygen transfer rate by increasing the mass transfer 

coefficient (kL), the gas-liquid interfacial area (a), the saturation concentration 

(C*) or a combination of the three. If the oil has a higher oxygen solubility than 

water it can increase the overall saturation concentration. The oil viscosity can 

influence both the k|_ and a, because it affects the degree of turbulence in the 

broth. It can also influence the extent to which the C* is increased because it 

affects the permeability of oxygen in the oil and the oil drop size. The spreading 

coefficient is thought to influence the interaction between the oil droplets and 

the air bubbles and therefore the mechanism of oxygen transfer. As discussed 

in Section 1.5.2.3.1, many authors have suggested that the spreading 

coefficient of oils determines how they interact with the gas bubbles. Oils with
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positive spreading coefficients will spread around gas bubbles, whereas oils 

with negative spreading coefficient do not. However, Brilman (1998) suggested 

that the spreading coefficients given in the literature do not reflect the conditions 

that occur in a fermenter, because the bubbles and the oil were forced to come 

into contact and the time allowed for them to do this was much greater than it 

would be in a fermenter

Models that predict the increase in the oxygen transfer rate are useful for 

process development. In this work, the E Shuttie model of Bruining et al. (1986) 

was assessed for its suitability to predict the increase in the oxygen transfer 

rate. A heterogeneous model was not used because it would require information 

(e.g. the boundary layer thickness, the distance of the droplets from the gas- 

liquid interface and the distance between the oil drops that are either difficult or 

impossible to obtain.

5.2 Results and Discussion
5.2.1 Selection of oils

Five oils were selected: 5cS silicone oil, 50cS silicone oil, perfluorotributylamine 

(FC-40), soya bean oil, and mineral oil. Organic solvents were not used 

because they are an explosion hazard, and also potentially toxic to the E.coli.

The oils were selected based on their oxygen solubility and their viscosity. 

Table 5.1 shows the oxygen solubility and the viscosity of the oils. The oxygen 

solubility values were taken from the literature and the viscosity was measured 

as described in Section 2.9.4.1.

The influence of the oxygen solubility on the enhancement factor were 

investigated by comparing FC-40 with the 5cS silicone oil, and the 50cS silicone 

oil with the soya bean oil. Each pair has the same viscosity but a different 

oxygen solubility.

The influence of the oil viscosity on the enhancement factor was investigated by 

comparing the 5cS silicone oil and the 50cS silicone oil. They both had the
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same oxygen solubility but the 50cS silicone oil was 10 times more viscous than 

the 5cS silicone oil.

Oil Oxygen solubility 

mmol I'1

Viscosity at 37°C 

mPa.s

50 cS silicone oil 7.75* 45

5 cS Silicone oil 7.75* 4.2

Soya oil 0.36 + 44

Mineral oil 1* 24

FC-40 3T 4.5

Media 0.25 1.0

Table 5.1. The oxygen solubility and viscosity of the oils.
* 25°C Chibata et al 1974

+ 25°C Rolsand Goma, 1991

# 30°C Yoshida et al, 1970

25°C Fluorinert Electronic Liquids, 3M product manual.

5.2.2 Experimental design

The effect of the oils on the oxygen uptake rate was quantified by measuring 

the OUR before and after the oils were added to a suspension of the 

biocatalyst. The biomass had to be oxygen limited to ensure that the OUR 

increased after the oils were added. The DOT could not increase above zero 

because the driving force would not be the same as it was before the addition of 

the oil. If it did, any increase in the oxygen transfer rate would be 

underestimated. It was shown in Section 2.8 that a biomass concentration 

7gdcwr1 of would be sufficient.

The OUR of 7gdcwr1 of the biocatalyst at an agitation speed of 700 rpm and an 

aeration rate of 1 wm was measured for one hour. This was done as a 

reference to check that there was no background change in the OUR during the 

experiments. Figure 5.1 shows that there was no change in the OUR, and for
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subsequent experiments any change in the OUR was assumed to be due to the 

addition of the oils.

Figure 5.1 shows a typical OUR profile before and after the addition of oil. In 

this case it is 5cS silicone oil at a volume fraction of 0  = 0.01. There was an 

increase in the OUR about ten minutes after the addition of the oil. When the 

impeller speed was increased from 700 to 900 rpm the OUR of the biocatalyst 

increased (Figure 5.1). There was an approximately 10 minute delay from the 

time the impeller speed was increased to the time an increase in the OUR could 

be seen on the data logger. This was not because it took ten minutes for the 

kLa to increase in response to the increase in impeller speed, but because of 

the time it took for the exit - gas to reach and to be analysed by the mass 

spectrometer.

The change in the OUR was quantified using an enhancement factor ( E 0 u r ), 

which is the ratio of the OUR with oil to the OUR without -  assuming the same 

hydrodynamic conditions and the same driving force for mass transfer:

OUR 0i|
O U R-OUR (5'1*U U K no oil

5.2.3 Effect of the oils on the oxygen uptake rate

Figure 5.2 shows the OUR enhancement factors obtained with each of the oils 

on a total volume basis. The experiments were carried out as described in 

Section 2.8. The experiments were carried out in triplicate, but the error bars 

are omitted for clarity.

The maximum OUR enhancement factors for 5cS silicone oil, FC-40, 50cS 

silicone oil, soya bean oil, and mineral oil were 2.3, 1.8, 1.2, 1.27, and 1.22 

respectively. The OUR enhancement factors obtained with 5cS silicone oil and 

FC-40 increased by 73 and 64 % between 0.01 and 0.2. There was not a 

significant increase in the OUR enhancement factors obtained with soya bean 

oil and 50cS silicone above 0  = 0.01 -  14 and 7 % respectively between 0  =
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Figure 5.1. The effect of an oil on the OUR of the biocatalyst. OUR 

profile for the addition of 14ml of the 5cS silicone oil to 7gdcwl‘1of 

the E.coli biocatalyst - the arrow indicates when the oil was added 

( • ) ;  OUR of 7gdcwr1 of the E.coli biocatalyst (reference) ( O); OUR 

profile of 7gdcwl'1of the E.coli biocatalyst after the impeller speed 

was increased from 700 to 900 rpm (□ ).
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Figure 5.2. The effect of the oil volume fraction on the OUR enhancement 

factors on a total volume basis. 5cS silicone oil (•); 50cS silicone oil (▼); 

FC-40 (♦); soya bean oil (■); mineral oil (A).
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0.01 and 0.2. The enhancement factors obtained with mineral oil increased by 

45% between 0.01 and 0.2; but, because the enhancement factor was less than 

one at <J> = 0.01, the enhancement factors obtained at higher volume fractions 

were similar to those of 50cS silicone oil and soya bean oil.

The oils could have affected the oxygen transfer rate by influencing the mass 

transfer coefficient (kL), the gas-liquid interfacial area (a), the driving force (C*), 

or a combination of the three. In the following sections the effects of the oils on 

these parameters will be discussed.

5.2.3.1 Effect of the oils on the k|_a

In gas -  liquid systems the dynamic gassing -  out method is commonly used to 

determine the kLa. The method involves de - oxygenating the media with 

nitrogen until the DOT is zero. Air is then reintroduced and the change in the 

DOT from zero to steady state is recorded. The rate of change of the DOT 

during this period is equal to the rate of oxygen transfer from gas to liquid.

This method was used to determine the effect of the oils on the kLa. The 

experiments are described in Section 2.12. The kLa for each of the oils at 

volume fractions O = 0.01 -  0.2 was determined. The enhancement factor for 

the kLa (Eki_a) was then calculated using the following equation:

(Z — oil
k|-a _  k a* L d  no oil

(5.2)

Figure 5.3 shows the enhancement factor (Eki_a) for the volumetric mass transfer 

coefficent (kLa) for the oils at each volume fraction. Except for soya bean oil at a 

volume fraction of O = 0.01, all of the enhancement factors were less than one. 

As the volume fraction increased the enhancement factors for the kLa 

decreased for all of the oils.
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Although the graphs in Figure 5.3 indicate that the oils cause the kLa to 

decrease (i.e. increase the mass transfer resistance (kL) or the bubble diameter 

(a)) -  that conclusion would be incorrect because the presence of the oil makes

the system more complex than a simple gas-liquid system.

As stated above, the dynamic gassing out method measures the kLa by 

measuring the rate of change in the dissolved oxygen concentration after the 

reintroduction of air. It is assumed that the rate of change of the DOT is equal to 

the rate of oxygen transfer from the gas to air. The technique is suitable, and is 

often used, for investigating the effect of factors such as power input because 

they affect the kLa only (i.e. the resistance to mass transfer (kL) or the bubble 

diameter (a)). For example, if the is measured at different power inputs the 

amount of gas that needs to be transferred from the gas to the liquid to reach 

saturation is the same -  but the rate of mass transfer will be higher at higher 

impeller speeds.

However, when oils that had a higher oxygen solubility than water were present, 

the bulk average oxygen concentration of the dispersion was increased, and so 

more oxygen had to be added before the system was saturated. The kLa was 

measured by recording the rate of change of the DOT in the aqueous phase. 

Although the oil did not increase the saturation concentration of oxygen in the 

aqueous phase, the aqueous phase would not become saturated with oxygen 

(i.e. DOT = 100 %) until the oil phase was saturated.

The results for the OUR enhancement factor shown in Figure 5.2 show that the

oils do increase the oxygen transfer rate to the aqueous phase -  so the large 

decrease in the kLa enhancement factors shown in Figure 5.3 may not be due 

to their effects on the kLa (i.e. the resistance to mass transfer of the bubble 

diameter), otherwise the increases in the OUR obtained with 5cS silicone and 

FC-40 would not have been achieved.

Table 5.2 shows the average oxygen concentration of the dispersions at each 

volume fraction. The oxygen solubility of the media was 0.25 mmol I "1. Even at
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a volume fraction of O = 0.01 the silicone oils and the FC -  40 required 1.3 and

1.1 times as much oxygen as the media on its own before the system was 

saturated and the DOT in the aqueous phase reached 100 %.

Oil Average oxygen solubility of dispersions 

mmol I"1

0.01 0.05 0.10 0.20

50 cS Silicone oil 0.325 0.625 1 1.75

5 cS Silicone oil 0.325 0.625 1 1.75

Soya oil 0.252 0.26 0.27 0.29

Mineral oil 0.258 0.289 0.325 0.4

FC-40 0.278 0.388 0.525 0.8

Table 5.2. Average oxygen solubility of the dispersions.

At a volume fraction of (t> = 0.2, the silicone oils required seven times more 

oxygen than media to be added before they were saturated. If the kLa 

enhancement factors obtained were due entirely to the extra time it takes to 

saturate the system then those for the silicone oils at O = 0.02 would be 

approximately 0.14. Figure 5.3 shows that the ki_a enhancement factors at a 

volume fraction of O = 0.2 were in fact 0.27 and 0.42 for 50 cS and 5cS 

respectively.

This suggests that although those systems needed seven times more oxygen to 

be supplied before they were saturated compared to an aqueous system, it 

does not mean that it took seven times longer to supply that extra oxygen. It 

would take seven times longer to saturate an aqueous system that had a 

sevenfold increase in its saturation concentration, but because the oils increase 

the rate of oxygen transfer from the gas phase via the shuttle mechanism the 

additional oxygen could be supplied quicker. The k[_a enhancement factor for 

5cS silicone oil was greater than that of 50cS silicone oil at a volume fraction of
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<J> = 0.2, which might be because the 5 cS silicone oil increased the oxygen 

transfer rate much more than the 50cS silicone oil.

There was good agreement between the OUR and kLa enhancement factors 

obtained for the soya bean oil ( E o u r  = 1.1 ± 0.06 and EkL_a =1.05 ± 0.04) and the 

mineral oil ( E o u r  = 0.83 ± 0.04 and E ki_a = 0.74 ± 0.03.) at a volume fraction of O 

= 0.01. These results suggest that the changes in the oxygen transfer rate -  an 

increase in the case of soyabean oil, and a decrease in the case of mineral oil, 

were due to the affects of the oils on the kLa (the resistance to mass transfer or 

the gas bubble diameter). The soya bean oil and the mineral oil increased the 

average oxygen concentrations of the dispersions by only 1.01 and 1.03 

respectively, and so the extra time required to saturate the system might have 

been insignificant.

The dynamic gassing-out method has been used by many authors to 

investigate the effect of antifoams and surfactants on the ki_a (Morao et al., 

1999; Liu eta!., 1994; Kawase and Moo -  Young, 1990). But those experiments 

were carried out using very low concentrations i.e. less than a volume fraction 

of 0  = 0.01. The results in Figure 5.3 show that if the addition of the oil causes 

a significant increase in the average oxygen concentration of the dispersion, the 

method is not an appropriate technique to determine the effect of the oils on the 

kLa.

If the oils do cause a significant increase in the average oxygen concentration, 

the rate of change of the DOT is not only a result of the effect of the oils on the 

kLa (i.e. on the bubble diameter or resistance to mass transfer), but also on the 

following factors:

- the time it takes to add the extra oxygen required by the dispersion

- the increased rate of oxygen transfer because the overall driving force 

has increased.
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The results suggest that the kLa enhancement factors obtained at a volume 

fraction of O = 0.01 for the soya bean oil and the mineral were largely a result of 

the effect of the oils on the kLa. This is because they did not cause a significant 

increase in the average oxygen solubility of the dispersion. The mineral oil 

caused a decrease in both the kLa (Eki_a) and the OUR ( E o u r ) enhancement 

factors at this volume fraction.

The oils could have changed the k|_a in three ways: the mass transfer coefficient 

(kL) by changing the surface mobility or causing interfacial blockage; the gas- 

liquid interfacial area (a) by changing the rate of coalescence; and increasing 

the gas-liquid interfacial area (a) by decreasing the surface tension. The kLa 

value obtained when oil is added is a result of the relative effect of each of 

these factors.

The kLa often decreases after the addition of very low concentrations of 

surfactants and oils, but then increases as the oil fraction increases (Yoshida et 

al., 1970; Linek and Benes, 1976; Morao eta!., 1999; Liu etal., 1994). Marao et 

al. (1999) found that soya bean oil and silicone oil decreased the k|_a between 

concentrations of 50 -100 ppm, but increased it at concentrations above 

1000ppm.

Many authors have also found that the kL initially decreases at very low 

concentrations and then increases at higher concentrations (Eckenfelder and 

Barnhart, 1961; Yoshida et al., 1970; Linek and Benes, 1976; Liu et al., 1994; 

Morao et al., 1999). Therefore, the decrease in the k|_a and the OUR at a 

mineral oil volume fraction of 0  = 0.01 may have been due to its effects on the 

kL.

At a volume fraction of O = 0.01 the mineral oil decreased the enhancement 

factor for both the kLa and the OUR. However, at the higher volume fractions 

used the OUR enhancement factor did increase, but unfortunately it was not 

possible to see if the mineral oil caused the ki_a to increase at higher volume 

fractions because of the reasons described above.
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Figure 5.3. The effect of the oil volume fraction on the kLa enhancement 

factor (EkLa). 5cS silicone oil (•); 50cS silicone oil (▼); FC-40 (♦); soya 

bean oil (■); mineral oil (A).
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The mineral oil might also have changed the gas -  liquid interfacial area (a) by 

decreasing the surface tension and therefore decreasing the bubble size or by 

increasing or decreasing the rate of bubble coalescence. However, the effects 

of the mineral oil on the interfacial area would be easier to determine than its 

effect on the kL because photographic techniques could be used to determine 

the mean bubble size.

5.2.3.1.1 Effect of the viscosity on the k|_a
The 5cS silicone oil and the FC-40 had larger OUR enhancement factors than 

the other oils at volume fractions between <$> = 0.05 and 0.2, and both had 

viscosities five to 10 fold less than the other oils. Rols et al. (1990), Rols and 

Gomer (1991) and MacMillan and Wang (1987), found that after an initial linear 

increase, the enhancement factor began to decline above a critical oil volume 

fraction. Both authors suggested that this was due to an increase in the overall 

viscosity of the broth, which would cause a reduction in the volumetric mass 

transfer coefficient (kLa).

Oil Average viscosity (37°C) 
m.Pas

0.01 0.05 0.10 0.20

50 cS Silicone oil 1.01 1.12 1.26 1.60

5 cS Silicone oil 1.01 1.11 1.23 1.54

Soya oil 1.01 1.12 1.26 1.60

Mineral oil 1.01 1.12 1.26 1.59

FC-40 1.01 1.11 1.24 1.54

Table 5.3. Average viscosity of the dispersions at each volume fraction.

Table 5.3 shows that the average viscosities of the oil dispersions - calculated 

as described in Section 2.9.4.2 - were similar at each volume fraction. The OUR 

enhancement factors of 5cS and FC-40 increased linearly between volume 

fractions 0.05 and 0.2, and did not seem to be affected by the increase in 

viscosity. Therefore, the low OUR enhancement factors obtained with 50cS

109



Chapter 5.0

silicone oil, mineral oil and soya bean oil, were probably not due to an increase 

in the bulk viscosity.

5.2.3.2 Effect of the oils on the saturation concentration (C*)

5.2.3.2.1 Spreading coefficient
There was no correlation between the enhancement factors obtained for each 

of the oils and their spreading coefficients. The spreading coefficients of the oils 

with complex media and complex media with 7 gl'1 E.coli JM107 are shown in 

Table 5.4 -  the experiments are described in Section 2.9.3. To reflect the 

conditions of the fermenter, the oils and aqueous phases had been pre­

saturated with one another before the interfacial tension measurements were 

made. All of the oils, except FC-40, had negative spreading coefficients with 

both aqueous phases. Brilman (1998) demonstrated that the spreading 

coefficient of the oil is not a good indicator of the ability of oil to spread under 

the hydrodynamic conditions that occur in stirred tank reactors. However, 

without photographic evidence it is not possible to conclude whether or not the 

oils did spread. The results suggest that the C* is not increased via the bubble- 

covering mechanism.

Oil Complex media

(mNm'1)

Complex media 
with 7gl'1 E.coli 

JM107
(mNm*1)

50 cS silicone oil -8 -11.2

5 cS Silicone oil -3.2 -7.6

Soya oil -7.6 -17.5

Mineral oil -12.5 -25.5

FC-40 14.9 14.1

Table 5.4. Spreading coefficients of the oils with different aqueous phases.
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5.2.3.2.2 Oxygen solubility
The 5cS silicone and the FC-40 had the highest oxygen solubility’s and they 

also caused the highest OUR enhancement factors. The 50cS silicone oil and 

the 5cS silicone oil have the same oxygen solubility; therefore, the lower OUR 

enhancement factors obtained with the 50cS silicone must be due to the effect 

of another physical property. Similarly, the lower OUR enhancement factors 

obtained with soya bean oil and mineral oil might not only be due to their lower 

oxygen solubility, but also to another physical property.

5.2.3.2.3 Viscosity
The viscosity of the oils can affect the diffusivity of oxygen in the oil and the oil 

drop size -  both these properties will influence the ability of the oil to increase 

the saturation concentration.

5.2.3.2.4 Diffusivity and permeability
MacMillan and Wang (1987) and Junker et al. (1990b), suggested that the OUR 

enhancement factor could be better estimated from the permeability of oxygen 

in the oil rather than from the oxygen solubility. The effect of high oxygen 

solubility on the enhancement factor might be cancelled out if the diffusivity of 

oxygen in the oil is very low.

Table 5.5 shows the solubility, diffusivity, and permeability of oxygen in each of 

the oils. The diffusivities were calculated as described in Section 2.9.5.2. The 

diffusivity of oxygen in 50cS silicone oil, mineral oil and soya bean oil was less 

than in water. However, the permeability of oxygen in 50cS silicone oil is 

approximately the same as FC-40, and approximately 30 fold greater than in 

soya bean oil and mineral oil. Therefore, the lower enhancement factors 

obtained with 50cS silicone oil could not have been entirely due to low oxygen 

permeability; therefore, the lower enhancement factors obtained with soya bean 

oil and mineral oil might not have been due to their low oxygen diffusivity and 

permeability. Leung et al. (1997) found that microencapsulated silicone oil with 

a viscosity of 10000 mPa caused a 1.7 fold increase in the kLa. The oxygen 

diffusivity would have been lower than the oils used in this study, which
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indicates that the low diffusivity does not necessarily prevent an increase in the 

oxygen transfer rate.

Oil Oxygen 

solubility 

mmol m'3

Oxygen

diffusivity
r « 2  - -1m s

Oxygen 

permeability 

mol m'1 s'1

50 cS silicone 
oil

7.75 9.2 x10‘9 7 x 10"8

5 cS Silicone oil 7.75 2 .2x10'9 1.7 x 10'“

Soya oil 0.36 8.0 x 10'10 2.9 x 10‘1u

Mineral oil 1 5.0 x 10 '1U 5 x 10_1°

FC-40 3 5.4 x 1 0 ' 9 1.6 x 10-8

Table 5.5. The oxygen solubility, diffusivity and permeability of the oils.

5.2.3.2.5 Drop size

The shuttle mechanism assumes that oils can only increase the saturation 

concentration if they are small enough to enter the boundary layer. Bruining et 

al. (1986) found that drops with a diameter of 10 pm increased the oxygen 

transfer rate in a system with an estimated film thickness 23 pm, but 50 pm 

drops did not. van der Meer et al. (1992) found that neat n- octane did not 

increase the oxygen transfer rate, whereas emulsified n-octane, which had 

smaller diameters, did. Nagy and Hadik (2003) found that the enhancement 

factor increased with decreasing particle size, but once the oil droplets reached 

a small enough size there was no further increase in the enhancement factor. 

Solid particles that have a diameter smaller than the boundary layer thickness 

can also increase the oxygen transfer rate to the aqueous phase (Beenackers 

and Swaaij, 1993).

The diameters of the oil drops were estimated using correlations that relate the 

Sauter mean diameter to the oil volume fraction and to the tank Weber number
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(We-r). The Weber number represents the ratio between the disruptive forces 

that cause a drop to break up and the cohesive forces that hold a drop together 

(Zhou and Kresta, 1998; Hinze, 1955). The disruptive forces are due to the 

turbulence in the system, whereas the cohesive forces are due to the interfacial 

tension and to the internal viscous forces. The majority of the correlations in the 

literature assume the viscous forces are negligible. However, in high viscosity 

oils the viscous forces are not negligible, and consequently the drop size 

increases.

There are only a few correlations that account for the viscosity of the oil. The 

drop sizes were estimated using the correlation of Nishikawa et al. (1987), 

which takes into account the effect of viscous forces, and of Godfrey and Grilc 

(1977), which does not -  the correlations are shown in Section 2.11.

Figure 5.4 shows that the Sauter mean diameters of 50cS silicone oil, soya 

bean oil, and mineral oil, as predicted by the Nishikawa correlation, were 

approximately two and ten fold greater than the 5cS silicone oil and the FC-40 

respectively. The 5cS silicone oil and the FC -  40 drops might have been 

sufficiently small to enter the boundary layer, whereas the other oil droplets may 

have been too large. The Sauter mean diameters of the high viscosity oils, as 

predicted by the Godfrey correlation, were similar to that of 5cS silicone oil. The 

Nishikawa and the Godfrey correlations predicted similar drop sizes for the 5cS 

silicone oil and the FC-40.

The predicted size of the boundary layer in a stirred tank reactor has been 

estimated to be approximately 10 pm (van‘t Riet, 1991). Only the FC-40 oil 

droplets had predicted Sauter mean diameters of 10 pm. However, the Sauter 

mean diameter represents a mean -  the smallest droplets may have been 

responsible for the increase in the oxygen transfer rate. Nishikawa et al. (1994) 

found that aeration changes the drop size distribution so that there are smaller 

and larger particles and less in the normal range.
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Figure 5.4. Predicted Sauter mean diameters of the oils at 700 rpm 

and 1wm. A. Nishikawa correlation B. Godfrey correlation. 5cS 

silicone oil ( • ) ,  50cS silicone oil (▼), FC-40 (4),soya bean oil (■), 

mineral oil ( A).
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5.2.3.2.6 Impeller speed
If the impeller speed is changed the oil droplet size should also change. 

Experiments were carried out to determine if the OUR enhancement factors 

obtained with 5cS silicone oil decreased when the impeller speed was 500 rpm, 

and if those obtained with 50cS silicone oil increased when the impeller speed 

was 900 rpm. The experiments were carried out as described in Section 2.8. 

Figure 5.5 shows that there was no change in the enhancement factors of 5cS 

silicone oil or 50cS silicone oil when the impeller speed was changed.

The drop sizes of the oils might not have increased or decreased enough. The 

Godfrey correlation predicted that the Sauter mean diameter of the 5cS silicone 

oil would increase from 50 -  90 pm to 80 -130  pm at volume fractions of 0.01 -  

0.2, but there still might have been enough smaller drops present to increase 

the enhancement factor. The Nishikawa correlation predicted that the Sauter 

mean diameter of the 50cS silicone oil would decrease from 130 -  210 pm to, 

9 0 -  145 pm, but this might not have been enough to produce drops that were 

small enough.

The change in the oil drop size might have been counteracted by a change in 

the boundary layer thickness. According to film theory, the boundary layer 

thickness is inversely proportional to the mass transfer coefficient (kL). The 

mass transfer coefficient will increase and the boundary layer size will decrease 

if the impeller speed is increased -  the opposite will happen if the impeller 

speed is decreased.

Kollmer et al. (1999) found that biosurfactants, which are excreted by cells, 

stabilise the oil drops and thus droplet coalescence and break -  up stops. The 

effect of biosurfactants on the oil drop size might have outweighed the effect of 

the change in the impeller speed.
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Figure 5.5. The effect of the 5cS and 50cS silicone oil volume fraction 

on the O U R  enhancement factors (E 0 u r ) on a total volume basis. 5cS 

silicone oil at 500 rpm ( •  ); 50cS silicone oil at 900 rpm ( ▼ ); 5cS 

silicone oil at 700 rpm ( O ); 50cS silicone oil at 700rpm ( v  )-The 

experiments were carried out in triplicate and the error bars represent
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5.2.4 Assessment of EShuttie model
The Eshuttie model was developed by Bruining et al. (1986) and is based on the 

shuttle mechanism that was described in Section 1.5.2.3.2. The model uses the 

penetration theory as the mass transfer model and makes the following 

assumptions:

- solubility ratio between the oil and the aqueous phase is greater than 10

- no contact between the gas and the oil phase

- oil droplets are smaller than the boundary layer

- oil is homogenously distributed throughout the aqueous phase

- mass transfer resistances within the oil can be neglected

The E shuttle model is defined as:

^shuttle -  V ( 1 + O ( m -1)) (5.3)

The difference between the experimental and predicted data was calculated as 

follows:

% difference = 100
c e  -  E Aexp erimental shuttle

^shuttle

(5.4)

If the difference is negative, the model has overestimated the OUR 

enhancement factor, and if it is positive, it has underestimated the enhancement 

factors. If the experimental and predicted enhancement factors are the same 

the difference will be zero. Figures 5.6 and 5.7 show the percentage differences 

at each volume fraction. The values were calculated using the experimental 

data shown in Figure 5.2. These experiments were done in triplicate - the error 

bars represent the standard deviation of the mean.

Figure 5.6 shows that the experimental and predicted data for FC-40 were in 

good agreement -  the difference between the two was 10% or less. For the 5cS 

silicone oil, the enhancement factor ( E o u r ) was underestimated at a volume
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fraction of 0  = 0.01 -  possibly because it does not take into account the affect 

on kLa. At higher volume fractions, the model overestimated the enhancement 

factor by up to 15 %. For the 50cS silicone oil the enhancement factor ( E 0 u r ) 

was overestimated by up to 53%. This is probably because the oil drop size was 

too large and so the assumption that they are small enough to enter the 

boundary layer was not met.

Figure 5.7 shows that the model appears to be in reasonable agreement with 

the experimental data for the soya bean oil and the mineral oil. However, this 

would be a false conclusion, because any changes in the enhancement factors 

( E o u r ) for these oils were probably due to their effect on the kLa. As with the 

50cS silicone oil, the drop sizes of these oils were probably too large. Also, the 

solubility ratios for these oils were less than ten.

Dumont and Delmas (2003) calculated the percentage difference between the 

experimental and predicted enhancement factors for data from the literature, 

and found that the Eshuttie underestimated the enhancement factor up to 15 -  

20% depending on the oil and the volume fraction. This might be because the 

model does not account for the effect of the oils on the kLa. Most of the data 

used by Dumont and Delmas was from chemical systems. In this work the 

Eshuttie model tended to overestimate the enhancement factor ( E o u r ) for 5cS 

silicone oil.

The results from this work show that the E s h u ttie  model is in reasonable 

agreement with the experimental data as long as the drop size is small enough. 

However, Nagy and Hadik (2003) demonstrated that the E s h u ttie  model only 

predicted the maximum enhancement factor -  there was drop range where the 

oxygen transfer rate increased, but not by the potential maximum.

Mass transfer is more complicated in biological systems compared to chemical 

ones because of the presence of biosurfactants and whole cells, which can 

accumulate at the gas-water and oil-water interfaces.
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Microorganisms produce biosurfactants such as proteins, phospholipids, and 

lipopolysaccharides that adsorb at interfaces. Their effects vary by extent and 

nature and they can increase or decrease the mass transfer rate, but at present 

these effects cannot be predicted. This is of particular significance for systems 

containing organic solvents, because they can cause the disintegration of the 

cell membrane resulting in the release of biosurfactants.

The presence of biosurfactants could reduce the ability of the oil droplets to 

enhance the oxygen transfer rate by decreasing the rate of oxygen from the 

aqueous phase to the oil in the boundary layer and from the oil phase to the 

bulk aqueous phase. Therefore, the OUR enhancement factors ( E o u r ) might not 

be as great as those obtained with a chemical system with the same 

hydrodynamic conditions.

Biosurfactants concentrate at the interface between phases; the existence of a 

biosurfactant monolayer can cause interfacial blockage, which reduces the 

permeability of a solute through the interface. Also, the biosurfactant monolayer 

can add mechanical stability to the droplets, which decreases the transmission 

of shear stress and thus turbulence across the interface (Lye and Stuckey, 

2001).

Schmid et al. (1998b) investigated the maximum volumetric growth rates 

obtained in two-liquid phase Pseudomonas oleovorans cultures grown on n- 

decane as the sole carbon source. Biosurfactants, which had been harvested 

from previous fermentations, were added to the growth media before the 

experiments were begun. They found that although the biosurfactants 

decreased the mean droplet diameter, the volumetric mass transfer coefficient 

was decreased, which they proposed was due to increased resistance to mass 

transfer across the liquid -  liquid interface.

The work of Schmid et al. (1998b) was carried out in a fermenter, and so the 

effects of the biosurfactants on the interfacial area and the mass transfer 

coefficient could not be separated. However, a piece of equipment called a
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Lewis cell can be used to measure the mass transfer coefficient (kL). It provides 

a flat interface between two liquids, and because the area available for mass 

transfer between the two liquids is known the kL can be calculated (Lewis, 

1954).

Purcell et al. (2004) used a Lewis cell to investigate the effect of filtered 

fermentation broth on the mass transfer coefficient for the extraction of 

chloramphenicol into octanol. The biosurfactant concentration was varied by 

using different dilutions of fermentation broth. The overall mass transfer 

coefficient decreased by up to 70 % as the filtered broth concentration 

increased. They also used the Lewis cell to investigate the effect of three 

different proteins on the mass transfer rate of chloramphenicol from water to 

octanol, and found that as their concentration was increased the mass transfer 

coefficient decreased.

The experimental methods of Schmid et al. (1998b) and Purcell et al. (2004) 

could be adapted to investigate the effects of biosurfactants on the OUR 

enhancement factors obtained with the oils. The oxidation of sodium sulphite to 

sulphate could be used as a model system so that the effects of the 

biosurfactants on the oxygen transfer rate in a clean system could be 

investigated.

The Eshuttie model tends to underestimate the enhancement factors obtained in 

chemical systems, but the results from this chapter indicate that the model 

tends to overestimate the enhancement factor for biological systems. Sodium 

sulphite oxidation could be carried out in a fermenter using the same 

hydrodynamic conditions that were used for the experiments in this chapter. 

This could be used to investigate how the biosurfactant concentration affects 

the enhancement factors obtained with each of the oils. Comparison with a 

reference that contained no biosurfactant might indicate to what extent 

biosurfactants cause the Eshuttie model to overestimate the OUR enhancement 

( E o u r ) factor for biological systems.
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Organic solvents can cause the disintegration of the cell membrane resulting in 

the release of biosurfactants into the media. This means that during the course 

of a bioconversion the biosurfactant concentration in the media will increase. 

Carrying out experiments using the sodium sulphite oxidation with increasing 

biosurfactant concentrations might also indicate whether the OUR enhancement 

factors are likely to decrease during the course of a bioconverison.

The results of these experiments would not separate the effects of the 

biosurfactant on the interfacial area and the resistance to mass transfer. Further 

experiments could also be carried out in a Lewis cell to quantify the effect of the 

biosurfactants on the kL. The aqueous phase could be deoxygenated so that a 

driving force for mass transfer was created and the rate of oxygen transfer from 

either the gas or the oil could be recorded using a DOT probe. It could be used 

to compare the effect of the biosurfactants on the rate of mass transfer from the 

gas to the aqueous phase and from the oil to the aqueous phase. It could be 

also be used to see if particular biosurfactants had a greater effect and whether 

this depended on which oil was used.

Whole - cells can cause interfacial blockage at gas -  water interfaces, and thus 

decrease the kLa (Ju and Sundararajan, 1994; Bungay and Masak, 1981). 

However, when cells adsorb at an interface a hydrodynamic drag is created 

which moves the interface and is believed to increase the collision frequency 

between cells and the bubbles and so lead to the attachment of more cells at 

the bubble surface -  a phenomenon known as the snowball effect (Andrews et 

al., 1980a; 1980b). This mechanism is thought to increase the oxygen transfer 

rate, but it is possible that it might prevent oil droplets from getting sufficiently 

close to the interface to enhance the oxygen transfer rate.

Whole -  cells can also adsorb at the oil -  aqueous interface, and therefore 

cause interfacial blockage (Mimura et al., 1973; Yoshida et al., 1977; Purcell et 

al., 2004). The degree to which cell adsorption occurs depends on the type of 

microorganism and the carbon source (microorganisms growing on hydrocarbo-
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Figure 5.6. Percentage difference between experimental and Eshuttie 

model predicted OUR enhancement factors ( E 0 u r ) at different volume 

fractions. 5cS silicone oil (•) ; FC-40 (♦); 50 cS silicone oil (▼).

122



Chapter 5.0

20 -

<1)O
c0L_

-40 -

-60
0.00 0.05 0.10 0.15 0.20 0.25

volume fraction

Figure 5.7. Percentage difference between experimental and E s h u ttie  

model predicted OUR enhancement factors ( E 0u r )  at different volume 

fractions. Soya bean oil (■); mineral oil (A).
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-ns have a higher affinity for oils than those growing on carbohydrate) (Rols and 

Goma, 1999).

5.2.5 Implications for whole-cell oxygenase processes
Figure 5.8 shows the enhancement factors obtained with each of the oils on an 

aqueous phase basis. This represents the increase in the oxygen transfer rate 

to the aqueous phase, and is defined as:

1 OURoi|
E o u r" l V o U R nooi, (5 5)

Organic solvents should increase the oxygen transfer rate to the aqueous 

phase as long as the drop diameters are small enough, and if they do not have 

an adverse affect on the kLa.

Cull et al. (2002) found that scale-up based on constant power input per unit 

volume was the best way to ensure identical drop size distributions at different 

scales. The power input of the experiments carried out at impeller speed of 700 

rpm and 1wm was determined to be 1.3 ± 0.1 kWrrf3. The experiment is 

described in Section 2.10.

Industrial fermenters have power inputs between 1 - 4  KWm'3 (Woodley, 1990; 

Doran 1999), therefore it might be possible to increase the oxygen transfer rate 

in industrial scale fermenters. However, this would only be the case for the 5cS 

silicone oil and the FC-40. The more viscous oils had drop sizes that were too 

large to increase the oxygen transfer rate. Most organic solvents have a 

viscosity less than water: at the power input used in these experiments, the 

drop sizes of most organic solvents should be small enough to increase the 

oxygen transfer rate.
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Figure 5.8. The effect of the oil volume fraction on OUR 

enhancement factors ( E 0 u r ) on an aqueous phase basis. 5cS silicone 
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5.3 Conclusions
The aim of this chapter was to investigate how the physiochemical properties of

oils affect their potential to increase the oxygen transfer rate. The conclusions

are:

• The oxygen transfer rate increased up to 2.5 fold depending on the 

physical properties of the oil and the volume fraction used.

• The oils affected the volumetric transfer coefficient (kLa) and the saturation 

concentration (C*).

• By comparing 5cS and 50cS silicone oil, which have the same oxygen 

solubility, it was shown that the viscosity of the oil influenced the 

enhancement factor ( E o u r )- This was not due to an increase in the 

diffusivity or permeability of oxygen in the oils, but due to the effect of 

viscosity on droplet size.

• There was no correlation between the spreading coefficient and the 

enhancement factors. This suggests that the saturation concentration was 

not increased via the bubble-covering mechanism.

• The Eshuttie model predicted the OUR enhancement factors well as long as 

the assumptions of the model were met.
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6.0 Enhancement of the oxygen transfer rate 

during whole-cell bioconversions

6.1 Introduction
Organic solvents can be used in whole-cell oxygenase bioconversions to 

alleviate the effects of low water solubility and toxicity of the substrates and 

products. The aim of this chapter was to show that they can also increase the 

oxygen transfer rate to the aqueous phase during a bioconversion.

In Chapter 4 it was shown that when oxygen was limited the specific activity of 

the biocatalyst decreased. At an impeller speed of 700 rpm, the process 

became oxygen limited at biomass concentrations above Igdcwl"1- If the biomass 

concentration was increased above a critical point, there was no further 

increase in the activity. The CHMO and the electron transport chain competed 

for the oxygen, and the CHMO used 20 % regardless of the severity of the 

oxygen limitation. When the oxygen transfer rate was increased the specific 

activity increased by the same proportion. In Chapter 5 it was shown that 5cS 

silicone oil and FC-40 could increase the oxygen transfer rate to the aqueous 

phase up to 2.5 fold.

In this chapter the results of Chapters 4 and 5 were linked. Bioconversions were 

carried out under the same conditions as the experiments in the previous 

chapters i.e. in a 2 I fermenter at 700 rpm and 1vvm, so that the results could be 

compared. However, in this chapter, the bioconversions were carried out at a 

biomass concentration high enough to ensure the reactions were oxygen limited 

so that the effect of the oil on the specific activity and the OUR could be 

determined.
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6.2 Results and Discussion
6.2.1 Outline of experiments
The purpose of the experiments in this chapter was to determine how the 

specific activity of the E.coli biocatalyst was affected by the addition of oil. 

Bioconversions were carried out in a 1.4 I working volume fermenter using an 

impeller speed of 700rpm and an aeration rate of 1vvm so that the results could 

be compared with the experiments in the previous chapters.

FC-40 was used in these experiments because it does not dissolve organics - 

the solubility of bicycloheptenone and oxabicyclooctenone in FC-40 was 

determined as described in Section 2.14 and was found to be negligible. It was 

desirable that the substrate and product were not soluble in FC-40 because the 

specific activity might have been affected by the mass transfer rate between the 

two phases. It would then have been difficult to relate the specific activity to the 

increase in the oxygen transfer rate.

In Chapter 4 it was shown that at a biomass concentration of 4gdCwl ~1 the 

specific activity was over four fold less than when there was no oxygen 

limitation. The calculations in Section 2.13.1 show that if the biomass 

concentration in the aqueous phase was 4gdcwr1 the biocatalyst would be 

sufficiently oxygen limited to ensure that the DOT did not increase above zero.

6.2.2 Bioconversions with FC-40

Bioconversions of bicycloheptenone to oxabicyclooctenone using 4 gdcwf 1H.co// 

were carried out using FC -  40 in volume fractions from 0 to 0.2. The 

experiments are described in Section 2.13.2. Figure 6.1 shows the reaction 

profile for the bioconversion using cp = 0.05 FC-40. Figure 6.2 shows that the 

specific activity and the specific OUR increased as the FC-40 volume fraction 

increased from cp = 0 to 0.2. At a volume fraction of 0.2 the specific activity was 

2.25 fold higher than for the bioconversion with no FC-40. The activity also 

increased with volume fraction even though the total biomass decreased.

128



bi
cy

clo
he

pt
en

on
e,

 o
xa

bi
cy

clo
oc

te
no

ne
 

co
nc

en
tra

tio
n 

(g 
I

Chapter 6.0

100

1.4

- 80

- 60

0.8

- 400.6

0.4
-  20

0.2

0.0
50 10 20 3015 25 35

time (minutes)

Figure 6.1. Reaction profile for a bioconversion using FC-40 at a 

volume fraction of 0.05 in a 2 I fermenter. Bicycloheptenone (•); 

oxabicyclooctenone (o) mass balance (■  ).
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The results are consistent with those in Chapter 4, which showed that the 

specific activity increased by the same amount as the oxygen transfer rate. It 

was also shown in Chapter 4 that the CHMO consumed approximately 20% of 

the oxygen when it was limited. For the experiments in this chapter, between 21 

and 22 % of the oxygen was used by the CHMO during the experiments using 

FC-40 volume fractions between 0  = 0 and 0.1. At a volume fraction of O = 0.2, 

24% of the oxygen was consumed by the CHMO.

6.2.3 Comparison of experimental and predicted results
Figure 6.3 shows the OUR enhancement factors ( E o u r )  on an aqueous phase 

basis for: the OUR during the bioconversions, the specific activity, and as 

predicted by the E Shuttie model. The OUR enhancement factors ( E o u r )  were 

calculated using equation 5.5. As discussed in Chapter 5, the E Shuttie model 

predicted the enhancement factors obtained with FC-40 well. The experimental 

enhancement factors ( E o u r )  from this chapter are also in good agreement with 

the Eshuttle model.

The Eshuttle model assumes that the oxygen transfer rate increases because the 

average saturation concentration C* increases. However, the oils can also 

affect the kLa. Although a good fit was obtained with the FC-40, this might not 

be the case with other oils. Mineral oil caused the overall enhancement factor 

( E o u r )  to decrease at volume fractions u p  to  ct> = 0.05, and other oils might have 

a similar effect. As discussed in Section 5.2.3.1, the gassing out method is not a 

suitable technique to determine the effect of the oils on the kLa. Other 

techniques, such as the Lewis cell, which can be used to measure the ki_, could 

be used determine if the oils have a significant effects on the kLa.

The Eshuttie model tends to underestimate the enhancement factors obtained in 

chemical systems, but the results from Chapter 5 indicated that the model tends 

to overestimate the enhancement factor for biological systems. This might be 

due to the effects of biosurfactants on the rate of mass transfer, and a better 

understanding of these effects might allow a better prediction of the 

enhancement factors.
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Figure 6.3. Comparison of experimental and predicted OUR 

enhancement factors ( E o u r ) for 21 bioconversions on an aqueous 

phase basis. Eshuttie model ( • ) ;  OUR during bioconversions ( ■ ); 

specific activity (▲).
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6.2.4 Application to whole -  cell bioconversions
The results show that the addition of FC-40 to the whole-cell CHMO 

bioconversion increased the oxygen transfer rate and consequently the specific 

activity.

Many whole -  cell oxygenase bioconversions use organic solvents to act as a 

reservoir for the substrates or products. If this is the case, the selection of the 

organic solvent will be based on the interaction of the organic solvent with the 

substrate and product rather than its capacity to enhance the oxygen transfer 

rate. Not every organic solvent is suitable for a given set of substrates and 

products. Three key factors that influence solvent selection are the distribution 

coefficients of the substrate and product, the volume fraction, and the 

biocompatibility. The distribution coefficient and the volume fraction of the 

organic solvent influence the rate of mass transfer of the substrate and product 

between the two phases.

If the organic solvent acts as a reservoir for the substrate, either the oxygen or 

the substrate transfer rate could limit the activity. The design of a two -  liquid 

phase bioconversions tries to optimise the productivity by taking into 

consideration the biocatalyst activity, the substrate mass transfer rate, and the 

initial concentration of the substrate in the organic phase (Woodley and Lilly, 

1992; Cull et a/., 2001).

The Eshuttie model could assist process design because it enables the oxygen 

transfer rate to the aqueous phase to be predicted. Figure 6.4 shows the 

maximum oxygen uptake rate to the aqueous phase at each volume fraction of 

FC-40 (oxygen solubility ratio = 12). The oxygen uptake rate varied between 46 

-  95 mmol I ' 1 h "1. Figure 6.4 also shows the predicted oxygen transfer rates 

for toluene and n-dodecane, which have oxygen solubility ratios of 18 and 8 

respectively (Dumont and Delmas, 2003). Oxygen transfer rates of 46 -  120 

mmol I '1 h _1 could be obtained depending on the volume fraction and oxygen 

solubility.
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6.3 Conclusions

• FC-40 increased the oxygen transfer rate to the aqueous phase and the 

specific activity of the E.coli biocatalyst during the bioconversions.

• The specific activity of the E.coli biocatalyst increased by the same factor 

as the oxygen uptake rate. At the highest volume fraction used (0 = 0.2), 

the specific activity increased 2.25 fold.

• The OUR enhancement factor predicted by the Eshuttie model was in good 

agreement with the experimental enhancement factors ( E o u r ) -  As long as 

the assumptions of the model are met, the model could be used in the 

design process to estimate the maximum oxygen transfer rate of the 
fermenter.
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7.0 Discussion and Conclusions

7.1 Discussion
The results in this thesis have shown how oxygen limitation affects the activity 

of a whole-cell CHMO biocatalyst, and how oils can be used to increase the 

oxygen transfer rate to the aqueous phase.

If the concentration or the specific activity of a biocatalyst is increased the 

volumetric activity should also increase; however, this is not the case for whole­

cell oxygenase processes because fermenters have a limited capacity to supply 

oxygen. The electron transport chain and the CHMO competed for oxygen 

when it was limited: the CHMO used 20 % of the oxygen whatever the severity 

of the limitation. Therefore, methods that increase the affinity of the oxygenase 

for oxygen are unnecessary, because the specific activity would be sub- 

maximal even if the fraction of oxygen used increased. Instead, methods that 

delay the onset of oxygen limitation are required.

Biological techniques can be used to reduce the amount of oxygen used by the 

electron transport chain. The simplest method would be to use nutrient feeding 

strategies to control the flux through the electron transport chain, but the 

NAD(P)H recycle rate might then limit the activity. Metabolic engineering 

methods could be used to decrease the flux through the electron transport chain 

without decreasing the cofactor recycle rate. However, it would require time and 

money that may not be available, and the increase in productivity might not be 

significant. If the specific OUR of the electron transport chain for the biocatalyst 

used in this work had been halved, the biocatalyst concentration would only 

have increased 1.5 fold. This is because the overall oxygen demand of the 

biocatalyst would have decreased by a third rather than a half.

Processing techniques increase the oxygen transfer rate of the fermenter, and 

are generally easier to implement than biological techniques. Most methods that 

increase the oxygen transfer rate - e.g. power input, aeration rate, pressure - 

will already be maximised; the use of an organic solvent provides a method of
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further increasing the oxygen transfer rate. If the oxygen transfer rate is 

increased the biocatalyst concentration will increase by the same factor.

The E S h u t t ie  model can be used to predict the increase in the oxygen transfer rate 

if the oxygen solubility of the organic solvent is known. This is useful for process 

design because it can help select an appropriate biocatalyst concentration.

There will be an upper limit to how much the oxygen transfer rate of the 

fermenter can be increased or the respiration rate decreased. Once this upper 

limit is reached the maximum activity -  if it is limited by oxygen -  will be set. 

The rate of substrate transfer, through the cell wall or from the organic solvent, 

or the NAD(P)H recycle rate may then become rate limiting. In the long -  term, 

the best way to improve the productivity may be to make isolated oxygenases 

economically feasible by improving their stability and developing viable 

NAD(P)H recycle systems.

The results also raise some questions related to process design. First, some 

microorganisms are more tolerant to organic solvents than others. The selection 

of a host for whole-cell bioconversions where the substrate, product or organic 

solvent are toxic could therefore depend on the tolerance of the microorganism. 

For whole-cell oxygenases, the effect of oxygen concentration on the host 

should also be considered. For the system used in this work, the electron 

transport chain and the CHMO did not compete for oxygen until the DOT was 

almost zero. For strict aerobes such as the Pseudomonas species, the 

competition may begin at much higher DOTs, in which case higher oxygen 

transfer rates might be needed.

Secondly, sometimes processes developed in the pilot -  plant do not give the 

same results when scaled -  up to industrial scale (Sweere et a/., 1987). For 

example, the maximum cell density dropped 20 % for an E.coli based 

recombinant protein process when it was scaled -  up from 3 I to 9 m3 (Bylund et 

al., 1998).
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Industrial scale fermenters can have long mixing and circulation times. If the 

time for liquid mixing is higher than the time constant for oxygen consumption, 

oxygen concentrations will be created: the DOT will be highest in the impeller 

regions and then gradually decrease in the outer regions. Regions of oxygen 

limitation have been shown to exist in fermenters with volumes of 12 -  30 m3; 

E.coli was in the oxygen limited regions long enough for mixed -  acid 

fermentation to occur (Oosterhuis and Kossen, 1983; O’Beirne and Hamer, 

2000; Enfors et a!., 2001). Oxygen limitation can also exist in the feed zone of 

the fermenter; if mixing is poor, high concentrations of the carbon source can 

accumulate and increase the oxygen consumption rate (Bylund etal., 1998).

If there were regions of the fermenter where the DOT is zero, the average 

oxygen transfer rate would be lower than expected. The implications for whole­

cell oxygenase bioconversions are that the biocatalyst production and the 

volumetric activity could decrease. If the substrate for the bioconversion was fed 

to the aqueous phase, it could begin to accumulate to toxic concentrations if the 

activity was lower than predicted. If a second-liquid phase was present, the 

predicted increase in the oxygen transfer could decrease, as could the rate of 

substrate mass transfer to the aqueous phase.

7.2 Conclusions
The aim of this thesis was to investigate the effect of oxygen limitation on a 

whole-cell CHMO bioconversion, and to investigate how the physiochemical 

properties of the oils affect the oxygen transfer rate. The main conclusions are:

• The maximum activity of the whole-cell CHMO bioconversion was 

determined by the maximum oxygen transfer rate - above a critical 

biomass concentration the specific activity decreased.

• When oxygen was limited the CHMO used 20% of the oxygen - whatever 

the severity of the limitation. Therefore, if the oxygen transfer rate 

increased the specific activity of the biocatalyst would increase by the 

same factor.
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• To prevent oxygen limitation either the oxygen transfer rate has to be 

increased or the amount of oxygen used by the electron transport chain 

decreased.

• Oils increased the oxygen transfer rate to the aqueous phase up to 2.5 

fold depending on the oxygen solubility of the oil and the volume fraction, 

and as long as the oil drop diameters were small enough.

• The Eshuttie model can be used to predict an increase in the oxygen 

transfer rate that is caused by an increase in the saturation concentration, 

as long as the drop size is small enough. However, the effect of the oils on 

the kLa should also be considered.

7.3 Future Work
• Further work could be carried out to determine whether oxygen or NADPH 

initially limited the specific activity of the CHMO. Also, one method to delay 

the onset of oxygen limitation is to decrease the flux through the electron 

transport chain, but this will decrease the NAD(P)H regeneration rate. 

Therefore, further work could determine when NAD(P)H is limited by the 

respiration rate, and what biocatalyst activities can be supported at 

different respiration rates.

• Investigate whether the onset of oxygen limitation differs between 

microorganisms. Repeat the oxygen consumption experiments with 

different oxygenases overexpressed in E.coli to see if the percentage of 

oxygen consumed by the oxygenases when it is limited varies.

• Confirm that it was the drop diameter that prevented the 50cS silicone oil 

from causing the same enhancement factors as the 5cS silicone oil. A 

high-speed camera could be used to size the oil droplets, and the pictures 

might show how the bubbles and oil drops interact. The effect of the drop
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diameter on the enhancement factor could be further investigated by 

micro-encapsulating the oils. At a fixed power-input, the range of drop 

diameters that cause enhancement could then be determined.

• Organic solvents have been used at volume fractions of up to 0.5 v/v for 

bioconversions. In this work the highest volume fraction used was 0.2. 

More experiments, at higher volume fractions, could be done to check that 

the enhancement factor continues to increase, and that the data is in good 

agreement with the E Shuttie model.

• Scale-up the bioconversions to check that the same enhancement factors 

that were obtained at small scale.
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Appendix

Appendix 1: Calibration curves
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Figure A.1. Calibration curves for substrates and products. A -  

cyclohexanone ( •  ); caprolactone ( O ); B. Bicycloheptenone ( A ); 

oxabicyclooctenone ( A ).
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Figure A.2. Calibration curve correlating the optical density with the dry 

cell weight.
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Appendix

Appendix 2: Glycerol concentration

250

200 -

5o
*oO)

13 150 -

>
o
to

100 -o

o
<D
Q_
CO

50 -

3010 255 15 200

glycerol concentration (gl'1)

Figure A.3. The effect of glycerol concentration on the specific 

activity of 1gdCW I"1 of the biocatalyst in a 1 I shake flask.
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Figure A.4. The effect of the glycerol concentration on the OUR 

of 1gdcw I'1 of the biocatalyst in a 21 fermenter. Experiments were 

carried out in triplicate -  error bars represent the standard 

deviation of the mean.
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Appendix 3. Eng.D. requirements: business

The purpose of process design is to minimise any constraints that limit the 

productivity and hence the cost of a process. Mathys et al. (1999) did an 

economic evaluation of a fed-batch two-liquid phase fermentation process for 

the oxidation n-octane to 1-octanol by Pseudomonas. The key factors that 

influenced the cost of the product were the activity of the biocatalyst and the 

final product concentration.

The activity of the biocatalyst influenced the variable production costs: 52 % of 

the total production costs were for raw materials such as nutrients, process 

water, and packaging. These costs, per kilogram of product, and in particular 

the media costs, decreased if the specific activity increased.

The final product concentration influenced both the utility and the capital costs. 

For most biotechnology processes downstream processing (DSP) costs are 

higher than the upstream processing costs. For the two-liquid phase process 

the utility and capital costs of the USP were higher than those of the 

downstream processing DSP, because of the costs associated with using the 

second liquid phase. Waste -  water treatment made up 68 % of the DSP utility 

costs. All these costs can be reduced if the final product concentration is 

increased.

The volumetric activity of a whole-cell oxygenase bioconversion is determined 

by the biomass concentration and the specific activity. The results in this thesis 

have shown that the oxygen transfer rate can determine the maximum 

volumetric activity. Therefore, if the maximum oxygen transfer rate is increased 

a biocatalyst with a higher specific activity can be used and therefore the media 

costs per kg of product will decrease.
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Appendix 4 Eng.D elements: validation

The purpose of validation is to expose non-conformance to design and 

deficiencies in operation of a process. Manufacturers must provide documented 

evidence that all critical and product impacting processes function reliably and 

comply with applicable regulations and guidelines.

The validation master plan deals with quality assurance, manufacturing, 

engineering, facility expansion and process scale-up during the life of the 

process. It should include a comprehensive description of the entire project 

including: a description of the layout of the facilities, utilities and equipment and 

their function.

A prerequisite of validation planning is that the process is well defined and will 

be operated without major modifications: the objectives of the process must be 

preset and the limits must be predefined. However, the validation master plan 

should be written during the point in process design that it is often incomplete or 

ill-defined. Process validation may be done at small scale and but has to be 

repeated at large scale after all support and process equipment and facilities 

have been installed and validated.

To facilitate the validation of whole -  cell oxygenase processes the effect of 

scale-up on hydrodynamic and transport processes should be considered. The 

design of these processes requires an understanding of the kinetics, the 

biocatalyst concentration, the oxygen transfer rate, and if a second liquid phase 

is used, the substrate and product transfer rates. The results obtained at 

production scale might differ from those obtained at laboratory scale if the 

hydrodynamics and transport processes are different. This could mean that the 

pre-defined limits specified in the validation master plan are not met.

Problem that could arise upon scale-up because of the existence of oxygen 

concentration gradients include:
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If the DOT was below zero in some parts of the fermenter the volumetric 

and specific activity could be lower than expected.

If the activity was reduced, and the substrate was fed to the aqueous 

phase it could begin to accumulate to toxic concentrations.

The stability of the biocatalyst could decrease if metabolites produced 

during mixed-acid fermentation accumulated.

A significant change in the final product concentration or the accumulation 

of the substrate could impact on downstream processing.


